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This paper i s  concerned wi th  r ecen t  developments i n  g e n e r a t i n g  c o n t r o l l e d  atmospheres 
from gaseous hydrocarbon f u e l s  by r a a c t i o n  wi th  a i r .  
and c o n t r o l  have become a very  impor tan t  c o n s i d e r a t i o n  i n  many p rocesses ;  such a s  o r e  
bene f i ca t ion ,  m e t a l b e a t i n g  and food and chemical a p p l i c a t i o n s .  
gene ra t ing  of hydrogen a r e  excluded, s i n c e  t h e s e  have been covered i n  d e t a i l  i n  o t h e r  
papers  p re sen ted  a t  t h i s  symposium. 

Atmospheres, t h e i r  gene ra t ion  

Developments i n  t h e  

I .  ADIABATIC (HIGH CCMBUSTIBLES) .GENERATOR 

The inc reas ing  use  of newly 'developed o r  improved o r e  r educ t ion  processes  is c r e a t i n g  
requirements f o r  l a r g e  q u a n t i t i e s  of gaseous atmospheres f o r  t h e  r educ t ion  o f  metal 
ox ides . ,  I n  many cases ,  such as f o r  copper and i ron ,  a s i n g l e  pure  r educ tan t  is n o t  
r equ i r ed  and mixtures  of GO and H are s u i t a b l e ,  p rovid ing  t h e  r a t i o s  of CO/C02 and 
H /H20  a r e  c o n t r o l l e d .  
it l a r g e  q u a n t i t i e s  (100 M - 1 MM c f h )  is by means of a f i x e d  bed a d i a b a t i c  c a t a l y t i c  
r e a c t o r  a# rhovn i n  f low diagram i n  F igure  1. 

The atmosphere produced c o n s i s t s  of CO , CO, H2, H 0, N and unreac ted  CH , and t h e  
process  m y  be c a r r i e d  o u t  i n  s e v e r a l  k y s  dependizg on t h e  relative concbn t ra t ions  
o f  t h e  ox id iz ing  and reducing a g e n t s  needed. 

F igu re  1 incorpora t e s  two b a s i c  f low schemes, one wi th  a gas  p r e h e a t e r  and t h e  o t h e r  
wi thout  a p rehea te r .  
(CO+H ) of  t h e  product  g a s  is not  r equ i r ed  t o  exceed approximate ly  459.. I f  t he  pro-  
duc t  $as must c o n t a i n  45 t o  60% CO+H2, some e x t e r n a l  energy  is necessa ry  t o  s u s t a i n  
t h e  r eac t ion .  
of t h e  r e a c t o r .  The product gas  l eav ing  t h e  r e a c t o r  may be  d i scha rged& r e a c t o r  
temperature,  o r  superhea ted  t o  a h ighe r  temperature,  o r  i t  may be  coo led ,  The s e v e r a l  
o p t i o n s  a r e  shown on t h e  f low diagram. 

The s imples t  p rocess  is t h e  product ion  of t h e  45% combust ib les  atmosphere f o r  use a t  
r e a c t o r  d i scha rge  temporature.  

T o  produce 45% combust ib les  atmosphere, t h e  c a t a l y t i c  r e a c t o r  is f i r s t  brought t o  
approximate ly  1200'F by pass ing  ho t  a i r  through t h e  g e n e r a t o r .  
a t  a h igh  enough tempera ture  t o  start  t h e  r e a c t i o n  when t h e  r e a c t a n t s  a r e  in t roduced .  
Heating is accomplished by means of a s imple  excess  a i r  burner  and no i n d i r e c t  p re-  
h e a t e r  is r equ i r ed .  

A f t e r  t h e  r e a c t o r  is hot ,  r e a c t i o n  a i r  and desulphur ized  f u e l  g a s  are d e l i v e r e d  t o  
t h e  gene ra to r  a t  s u i t a b l e  pressure ,  very  a c c u r a t e l y  p ropor t ioned  and i n t i m a t e l y  
mixed. m e n  t h i s  mixture  is in t roduced  i n t o  t h e  c a t a l y t i c  r e a c t o r ,  t y p i c a l  re- 
forming r e a c t i o n s  occur .  The exothermic format ion  of C 0 2  occurs  n e a r  t h e  r e a c t o r  
i n l e t  and t h e  endothermic r e a c t i o n s  occur l a te r  so t h a t  a c h a r a c t e r i s t i c  tempera ture  
g r a d i e n t  p e r s i s t s  throughout t h e  c a t a l y s t  bed. The r e a c t o r  tempera tures  r a p i d l y  
a t t a i n  equi l ibr ium,  and canpos i t i on  of t h e  product  atmosphere becomes s t a b i l i z e d  
qu ick ly  so t h a t  a cons t an t  a n a l y s i s  of product  g a s  is a t t a i n e d  wi th in  minutes  a f t e r  
t h e  r e a c t i o n  is s t a r t e d .  I n  the  same manner, t h e  r e a c t o r  responds r a p i d l y  t o  changes 
i n  a i r - g a s  r a t i o s  t o  produce t h e  atmosphere d e s i r e d .  

2 I n  t h e s e  cases ,  one economical way t o  p repa re  such atmospheres 

2 

No p rehea t  is r equ i r ed  i f  t h e  meximum combust ib les  con ten t  

This energy  i s  convenient ly  provided by p rehea t ing  t h e  gases  ahead 

The c a t a l y s t  is then  
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The r e a c t o r  i s  shut  down by s imply c l o s i n g  t h e  gas  and a i r  v a l v e s  and a l lowing  t h e  
r e a c t o r  t o  c o o l .  S i n c e  it i s  h e a v i l y  i n s u l a t e d ,  i t  w i l l  lose t empera ture  s lowly  a r d  
may bc  r e s t a r t e t '  wi thout  p r e h e a t i n g  f o r  a number of  hours  a f t e r  shutdown. The length  
OK t i m e  w i l l  depenc! on the  s i z e  of t h e  u n i t  and i t s  o p e r a t i n g  c o n d i t i o n s .  This  i s  a 
very  d e s i r a b l e  f e a t u r e  f o r  a F p l i c a t i o n s d c r e  g a s  demands a r e  i n t e r m i t t e n t .  

The product ion  of a tmospheres  c o n t a i n i n g  z r e a t e r  than  45% combust ibles  r e q u i r e s  the  
u s e  of a p r e h e a t e r .  This  i s  an  i n d i r e c t  h e a t e r  used t o  h e a t  t h e  r e a c t a n t s  dur ing  
normal o p e r a t i o n  and t o  h e a t  t h e  a i r  t o  b r i n g  t h e  r e a c t o r  t o  i t s  s t a r t i n g  temperature .  
Other  components of t h e  system are i d e n t i c a l  t o  t h e  45% combust ib les  g e n e r a t o r .  

The tempera ture  of t h e  product  g a s  l e a v i n g  t h e  r e a c t o r  is  dependent upon t h e  type  of 
f u e l  g a s  used, a i r - g a s  r a t i o  and t h e  degree  of p r e h e a t  en2loyed.  It has  been found 
t h a t  t h e  water gas s h i f t  r e a c t i o n  ( C O + H 2 0 ~ C 0 2 + H  0 )  s t a y s  i n  e q u i l i b r i u m  wi th  the  
d i s c h a r g e  g a s  temperature  over  a w i d e  range of spa& v e l o c i t i e s .  
determined t h a t  the  unreac ted  Methane c o n t e n t  of t h e  product  g a s  v a r i e s  i n  a p r e -  
d i c t a b l e  manner with t h e  d i s c h a r g e  g a s  tempera ture  and t h e  space  v e l o c i t y .  Since 
system h e a t  l o s s e s  a r e  c a l c u a b l e  and small, i t  i s  f e a s i b l e  t o  c a l c u l a t e  a c c u r a t e l y  
t h e  a i r - g a s  r a t i o ,  space v e l o c i t y ,  and p r e h e a t  r e q u i r e d  t o  produce a s p e c i f i c  a n a l y s i s  
of  product  g a s .  This  i n  t u r n  permi ts  t h e  r a p i d  a t t a i n m e n t  of  e q u i l i b r i u m  c o n d i t i o n s  
a f t e r  s t a r t - u p .  F igure  2 shows t y p i c a l  r e a c t o r  o p e r a t i n g  da ta ,  u s i n g  n a t u r a l  g a s  o r  
commercial propane f u e l s  wi th  t h e  g e n e r a t o r  o p e r a t i n g  a t  r a t e d  c a p a c i t y .  Adjustments 
can be  made t o  o p e r a t e  anywhere w i t h i n  t h e  l i m i t s  of Tests 1 and 2 and a l s o  under  
somewhat l e a n e r  c o n d i t i o n s  than  shown i n  T e s t  1. The r e l a t i o n s h i p  between Methane 
and r c a c t o r  d i scharge  tempera ture  and space  v e l o c i t y  i s  shown i n  F i g u r e  3 .  

Major development c o n s i d e r a t i o n s  c e n t e r  around t h e  proper  des ign  o f  t h e  reactor 
c a t a l y s t  bed, means f o r  i n t r o d u c i n g  t h e  r e a c t a n t s  i n t o  t h e  bed, and t h e  s e l e c t i o n  
of  s u i t a b l e  c a t a l y s t  t o  make t h e  process  o p e r a t e  wi thout  exceeding t h e  tempera ture  
i t  l i m i t s  and withouf carbon d e p o s i t i o n .  
s u c c e s s f u l l y  meets t h e  a p p l i c a t i o n  requi rements .  

Approximate equipment and u t i l i t i e s  c o s t s  f o r  t y p i c a l  a d i a b a t i c  r e a c t o r s  are shown 
on F i g u r e  4 .  Equipment c o s t s  i n c l u d e  a i r  compressor and adequate  i n s t r u m e n t a t i o n .  
U t i l i t i e s  are  based on n a t u r a l  g a s  a t  5 0 C / M  s c f ,  and e l ec t r i c  power a t  3/4$/KWH. 
Product  gas  i s  a t  one atmosphere p r e s s u r e  and reactor temperature .  A photograph of 
a h i g h  combust ibles  a d i a b a t i c  reactor i s  shown i n  F i g u r e  5. 

It has  a l s o  been 

The equipment which has  been developed 

11. NITROGEN GENERATOR 

Ni t rogen  g e n e r a t o r s  a r e  widely used throughout  i n d u s t r y  f o r  purging,  b lanket ing ,  
h e a t  t r e a t i n g ,  and many o t h e r  o p e r a t i o n s  r e q u i r i n g  so c a l l e d  i n e r t  a tmospheres  t o  
i n s u r e  s a f e  o p e r a t i o n  a n d / o r  improved p r o c e s s i n g .  
can be  provided by many methods. S m a l l  demands are s a t i s f i e d  by u s i n g  c y l i n d e r  g a s ;  
l a r g e r  requirements  by o n - s i t e  product ion  v i a  a v a r i e t y  of methods. One inexpensive 
means i s  by removing C02and H 0 from the products  o f  combustion o f  hydrocarbon fue ls .  
The n i t r o g e n  produced c o n t a i n s  small  c o n c e n t r a t i o n s  of  CO and H2 which are g e n e r a l l y  
c o n t r o l l e d  between 0.5% and 4.077, making t h e  n i t r o g e n  s u f f i c i e n t l y  pure  f o r  t h e  
m a j o r i t y  o f  a p p l i c a t i o n s .  

The n i t r o g e n  f o r  such a p p l i c a t i o n s  
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A t  t h e  p r e s e n t  t i m e  numerous p u r i f i c a t i o n  systems and  g e n e r a t o r s  have been developed 
and are be ing  used f o r  t h i s  purpose.  
s o r p t i o n  system t o  remove 
hydra t ion .  
s o l u t i o n  which absorbs  C02 from the  p r o c e s s  g a s  and i n  t u r n  i s  r e g e n e r a t e d  hy u t i l i -  
z ing  t h e  exothermic h e a t  of  combustion r e l e a s e d  i n  the  p r e p a r a t i o n  of  t h e  process  g a s  
The a d s o r p t i o n  d r y e r s  a r e  normal ly  of t h e  t h e r m a l l y  r e a c t i v a t e d  alumina type.  These 
g e n e r a t o r s  are h i g h l y  developed, r e l i a b l e  and e f f i c i e n t  machines, b u t  a r e  s u b j e c t  t o  
c o r r o s i o n  problems. Over t h e  years ,  c o n s i d e r a b l e  work has  been done t o  circumvent 
t h i s  problem by many means, e s p e c i a l l y  u s i n g  dry  adsorbent  s y s t e m  t o  reriove both 

This  developmental  a c t i v i t y  has  i n c r e a s e d  w i t h  the  advent  of h i p h e r  

The m a j o r i t y  of such g e n e r a t o r s  u s e  a n  ad-  
and r e f r i g e r a t i o n  and/or  a d s o r p t i o n  systems f o r  de-  

T y p i c a l l y  t h e  C 0 2  a b s o r p t i o n  system i s  a c l o s e d  blonoethauolamine (ME%) 
CO 2 

CO2 and H 2 0 .  

1 

c 
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capacity adsorbents such as the Molecular Sieves. 

Many systems have been devised to apply these new adsorbents to the manufacture of 
simple, reliable, and economical nitrogen gas generators. One method is shown dia- 
grammatically in Figure 6 .  Operation is generally as follows: 

Air and fuel gas are proportioned by suitable flow rationing means and burned in an 
exothermic gas generator wherein the products of combustion are cooled either direct- 
ly or indirectly with cooling water. The cooled gas contains nitrogen, generally 
with approximately 11% Cog and 1.0 to 4.0% combustibles. It is saturated with water 
at approximately cooling water temperature. The cooled gas enters the right hand 
adsorbing bed at a pressure slightly above one atmosphere. Both CO and H20 are 
adsorbed from the gas stream by the adsorbent in the tower, and thus dry nitrogen 
containing essentially 1/2% to 2% CO and 1/2% to 2% H2 is produced. 

%ile the right hand bed is purifying the process gas stream, the left hand bed is 
being reactivated. 
bed under a vacuum during the desorption cycle and utilizing some of the product nitro- 
gen as a purge gas to sweep the desorbed CO 
activation is accomplished without additionil heat and at essentially ambient tempera- 
ture. After reactivation the left tower is repressurized. The towers are cycled 
alternately so that one is adsorbing e0 and H 0 at all times, and the other desorbing 
or reactivating. 

Cycle times are less than 10 minutes to maintain essentially adiabatic conditions 
in the towers and to minimize the quantity of dessicant required. Cycle time is 
determined by the economics of nitrogen loss  for purging and repressurizing, and 
pump down desorption times. 

2 

This is accomplished without heat by maintaining the desorbing 

and H 0 from the reactivating bed. Re- 2 

A continuous flow of h.troge4 is maintained from the system. 

The pressure swing system is automatic, simple, and has few components. Equipment 
costs &re comparable to MEA systems and utility costs are approximately 13c per MCF 

. nitrogen. 

Figure 7 is a photograph of a nitrogen generator of the type described. 

111. EXOTHERMIC GAS GENERATORS 

Because of their simplicity and economy, exothermic generators continue to be used 
for processes and in applications in which nitrogen containing C02 and H 0 in 
relatively high concentrations and CO, CH 
mental. 
exothermic generator atmospheres. For example, the annealing of sheet steel, 
aluminum sheet, coils and foil, copper alloy and also the calcining of charcoal, all 
represent uses of such atmospheres for high temperature processes. At lower tempera- 
tures exothermic generator atmospheres are used in grain storage and for safety appli- 
cations. Figure 8 shows the compositions of several typical atmospheres which may 

, be produced from exothermic generators. In many cases the generators are expected to 
operate over the entire range of air-gas ratios shown and they must be designed 
accordingly. 

The simplicity of exothermic gas generating equipment may be seen in Figure 9. 
air-gas proportioning system is identical to that used for the nitrogen generator. 

Since the main attribute of this type of atmosphere is its low equipment cost and 
operating economy, emphasis has been and is on producing more gas in a single generator 
and at the same time decreasing the physical dimensions of generators. 

in small concentrations are nat detri- 
Many heat treating processes in ferrous and non-ferrous metallurgy utilize 

The 

The air-gas mixing and burner system is probably the major consideration in the de- 
signing of exothermic generators. Poor mixing will result in stratification of the 
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g a s e s  and non-uniform and incomple te  combustion. S l i g h t l y  r i c h  o r  l e a n  zones w i l l  
develop a t  t h e  mixer and burner  and w i l l  p e r s i s t  throughout  t h e  combustion chamber. 
This  w i l l  r esu l t  i n  t h e  p r o d u c t i o n  of exothermic pas  c o n t a i n i n g  some f r e e  oxygen i n  
a r i c h  g a s  atmosphere o r  some combust ib les  i n  a l e a n  g a s  a tmosphere.  This  problem 
becomes more d i f f i c u l t  a s  g e n e r a t o r  c a p a c i t i e s  i n c r e a s e .  

An i d e a l  mixer and burner  system w i l l  i n t i m a t e l y  mix and a l l o w  t h e  a i r  and f u e l  gas  
s t reams t o  r e a c t  i n  a s  s h o r t  a t i m e  a s  p o s s i b l e  i n  o r d e r  t o  keep premix and combustion 
volumes a t  a minimum. From a s a f e t y  s t a n d p o i n t  a nozz le  mixing system i s  d e s i r a b l e  
s i n c e  i t  e l i m i n a t e s  hazardous premix volumes a l t o g e t h e r  and does n o t  r e q u i r e  f i r e  
checks.  For  l a r g e  c a p a c i t y  g e n e r a t o r s  t h i s  i s  e s p e c i a l l y  d e s i r a b l e ,  s i n c e  o t h e r w i s e  
m u l t i p l e  f i r e  check and burners  a r e  requi red ,  bo th  of which i n c r e a s e  t h e  c o s t  and 
o p e r a t i n g  complexi ty  of  t h e  equipment. 

The problem of developing a s i m p l e  n o z z l e  mixing burner  system f o r  l a r g e  g e n e r a t o r s  
i s  d i f f i c u l t  and becomes more so as  g e n e r a t o r s  i n c r e a s e  i n  c a p a c i t y .  This  i s  because 
of  t h e  l o n g e r  mixing p a t h s  a s s o c i a t e d  wi th  l a r g e r  equipment. 

Many approaches  t o  the  problem have been used and much &velopment work h a s  been done. 
Hydraul ic  s t u d i e s ,  co ld  gaseous models us ing  v a r i o u s  tracer techniques  and s p e c i a l  
h o t  probe s t u d i e s  have been employed t o  e v a l u a t e  t h e  c h a r a c t e r i s t i c s  of v a r i o u s  
mixing and  burner  systems. A s  a r e s u l t  of  such work, l a r g e  nozz le  mixing b u r n e r s  
have been developed which mix w e l l  wi th  a minimum expendi ture  of energy and promote 
complete combustion i n  a small volume. F igure  1 shows one such g e n e r a t o r ,  120,000 
s c f h  c a p a c i t y ,  u s i n g  a s i n g l e  n o z z l e  mixing burner .  Development is  cont inuing  t o  
i n s u r e  improved performance as the demand f o r  g e n e r a t o r s  of  i n c r e a s i n g  c a p a c i t i e s  
c o n t i n u e s .  

The g e n e r a t o r  shown i n  F i g u r e  10 a l s o  i n c o r p o r a t e s  a g a s  c o o l i n g  system which i s  an 
i n t e g r a l  p a r t  o f  t h e  u n i t .  The purpose  is ,  aga in ,  s i m p l i c i t y  and sav ing  o f  f l o o r  
space .  The c o o l e r  c o n s i s t s  of  an a n n u l a r  shaped packed tower surrounding t h e  com-  
b u s t i o n  chamber. 
i n g  downward. Where i t  i s  n e c e s s a r y  t o  employ i n d i r e c t  cool ing ,  condensate  from t h e  
products  of  combustion i s  cooled  and  r e c i r c u l a t e d  through t h e  c o o l e r .  This  i s  one of  
s e v e r a l  compact cool ing  systems which are being used s u c c e s s f u l l y  on exothermic 
g e n e r a t o r s  a t  t h e  p r e s e n t  t i m e .  

The g e n e r a l  t r e n d  of  v i r t u a l l y  a l l  classes of  g e n e r a t o r s  i s  towards more a c c u r a t e  
c o n t r o l  o f  product  gas  composi t ion,  i n c r e a s i n g  emphasis on au tomat ic  and s i m p l i f i e d  
o p e r a t i o n ,  and t h e  product ion  of i n c r e a s i n g  q u a n t i t i e s  o f  g a s e s  i n  smaller f l o o r  
spaces  a t  a lower cap i ta l  e x p e n d i t u r e .  C o n t i n u a l l y  improving i n s t r u m e n t a t i o n  f o r  
a n a l y s i s  and c o n t r o l  and t h e  development of  a n a l y t i c a l  t echniques  a i d e d  by computers 
i s  p e r m i t t i n g  a b e t t e r  u n d e r s t a n d i n g  of  t h e  impor tan t  mechanisms of g a s  g e n e r a t o r  
systems and t h e  development of  improved equipment t o  meet i n d u s t r i a l  demands. The 
development of t h e  t h r e e  g e n e r a t o r s  d e s c r i b e d  i n  t h i s  paper are a d i r e c t  r e s u l t  of 
t h e  modern t e c h n o l o g i c a l  advances o f  t h e  l a s t  few years .  

Gas i s  passed  upward through t h e  c o o l e r  and  i s  cooled  by water flow- 



i 
ADIABATIC CATALYTIC REACTOR FLOW SCHEME 
==I_=- 

REACTOR 
PRODUCT PRODUCT 

GAS GbS REACTION 
FUEL GAS 

I OR COOLER I 
L _ _ _ _ _ _ _ _  1 

- - ?- --' 
FUEL 

FIGURE 1 

ADIABATIC REACTOR OPERATING DATA 
PPP- 

AIR/GAS RATIO 
REACTANT PREHEAT 
MAXIMUM BED TEMPERATURE *F. 
PROOUCT TEMPERATURE .F. 

' PRODUCT ANALYSIS - X 

co, 

H2 

C H I  

N2 
H Z 0  

co 

-- TEST-I TEST.2 

3.43 2.49 
NO YES 

1970 1700 

I500 I550 

2.7 0.25 
16.0 20.1 

28.9 m.3 
0.9 0.5 

51.5 40.3 
- 0.55 

TEST-J 
7.04 
YES 

2 0 0 0  
1720 

0.3 

23.7 

30.6 
0.3 

44.6 

0.3  

FUEL' TESTS I AN0 2 - TOLE00 NATURAL GAS 
TEST 3 - COMMERCIAL PROPANE 

OPERATING PRESSURE - I ATMOSPHERE 

FIGURE '2 



EFFECT OF SPACE VELOCITY 8, TEMPERATURE -=-- 
ON RESIDUAL METHANE =-- 

T 

\e FULL FLOW -- 4 FLOW 

1300 - 
0 1.0 2.0 3.0 

% METHANE 

FIGURE 3 

ADIABATIC REACTOR 

EQUIPMENT AND UTILITY COSTS 

~- _____ 
---= 

i 

E 

EOUIPMENT COST UTILITY COST 

$ PER MSCF c o t  n2 1 PER MSCF CO +CH2 

FIGURL 6 



NITROG;; GE~ERATOR FLOW SCHEME 

. 
EXHAUST 

ADSORBER ADSORBER 
REACTIVATING ADSORBING 

cop. HpO 

REACTION 

5 

t 

FIGI!RE 6 

I 



8 

NITROGEN GENERATOR 
FIGURE 7 

EXOTHERMIC GAS GENERATOR 

TYPICAL GAS COMPOSITIONS 
- 
- - 

AIR/GAS RATIO 6.2 9.0 10.0 

DRY ANALYSIS - MOL O/o 
COP 5.3 11.0 11.0 

co 9.8 1.3 0.0 
H2 10.4 0.7 0.0 
CH4 0. I 0.0 0.0 
02 0.0 0.0 1.3 

NO 0.0 0.0 0. I 

BASIS: TOLEDO NATURAL GAS, PRODUCTS AT ONE ATM. 

FIGURE 8 
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Low Tempera ture  Carbon Monoxide- 
Conversion Catalysts 

Robert  Habermehl 
Kenton Atwood 

Catalysts and Chemicals 
Louisville, Kentucky 

Inc . 

The purpose of this paper is to repor t  on the initial commercial operation of a low- 
temperature  carbon monoxide conversion catalyst and to show some of the eccnomic 
advantages of using such a catalyst  in the production of hydrogen and ammonia 
synthesis gas.  

HISTORICAL: The production of hydrogen for making ammonia synthesis gas has 
reached major  proportions. The quantity of hydrogen used in ammonia synthesis 
in the U. S. las t  year exceeded 540 billion cubic feet ,  more  than 1. 5 billion cubic 
f e e t  per  day. 
now exceeds 1500 billion cubic feet  pe r  year and is growing at  the rate of somewhere 
between seven and ten p e r  cent p e r  year.  In addition, the production of hydrogen 
for chemical  hydrogenations and for hydrotreating and hydrocracking is becoming 
an increasingly important factor in  the consumption of hydrogen. Hydrocracking 
along with increased ammonia production portends a continued increase in the r e -  
quirements  for more  hydrogen production. 

The consumption of hydrogen for ammonia synthesis world-wide 

Most of the hydrogen being consumed is produced by the reaction of s team with a 
hydrocarbon 

2 

and i s  commonly r e fe r r ed  to a s  "reforming. 
produced by the partial oxidation of hydrocarbons by the reaction 

Smaller  quantities of hydrogen a r e  

In order  to maximize the quantity of hydrogen produced in these processes ,  i t  i s  
essential  to convert the carbon monoxide to carbon dioxide and additional hydrogen 
by reacting i t  with s team 

GO + H z O  = COZ + Hz 

This reaction is in equilibrium and tends to go to completion towards the right a s  
the tempera ture  is decreased .  
therefore ,  becomes desirable to promote this reaction a t  the lowest possible 
temperature .  

P r e s s u r e  has no effect on the equilibrium. 

In order  to increase  the reaction ra te  a t  which equilibrium 

It, 

.' I 
' I  
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conditions a r e  approached, it has  been necessary to c a r r y  out the reaction in the 
presence of a catalyst. 
for the last  40, to 50- years  has. been an i ron  oxide-chrome,oxide, promoted catalyst. 
This catalyst caus,ed the r,eactjon to proceed,at  commercial lp  feasible ra tes  a t .  
temperatures  ,a-s,low a s  6.5.0°F, and i t  had a useful life of three ' to 'over  ten yea r s ,  
depending on the,.cons'ervatism of the design.: A'lthough 0the.r catalysts have been 
investigated and reported (1) ( 2 )  for promoting the reaction between carbon' 
monoxide and steam' a t  temperati ires 1owe.r. than 650"F, none have .found com- 
merc i a l  acceptance, due principally to a n  impractically short  life when used a t  
near atmospheric. pressure.  
found limited commercial  acceptance when used at  'relatively high p res su res .  

It 'was not untii 1953.that a commercial  plant was constructed for the production 
of hydrogen for'the manufacture of ammonia synthesis gas by steam-,hydrocarbon 
reforming a t  p re s su res  appreciably higher than atmospheric ,  approximately 90 
peig. 
f rom 75 to 300 psig. 
p re s su re  a r e  now being replaced o r  converted into plants operating a t  the higher 
p r e s  su re  s .  

In 1931 Larson (3) was granted a patent on a catalyst for promoting the reaction 
between carbon monoxide and s team a t  temperatures  a s  low a s  540'F. A com- 
merc ia l  plant was constructed ea r ly  in the period of 1940-1950 for the production 
of hydrogen from water-gas for  the manufacture of ammonia synthesis pa&. The 
conversion of carbon monoxide t o  carbon dioxide and hydrogen was ca r r i ed  out 
over a catalyst apparently based on the Larson patent a t  appr0ximateJ.y 450 psig. 
Although exact operating temperatures  and r a t e s  have never been published, they 

. a r e  .known to be in the range of 350' to 650"F, 
1000 SCF per  cubic foot of catalyst. 
short  life, i t  continued to be used even to the present time. 
found commercial  acceptance for  .low p res su re  operation, presumably because cf 
an impractically short  l ife.  

The ca'talyst used almost exclusively.for this reaction 

One low-temperature conversion catalyst ,  hnwexrer, 

Sinc.e that t ime ,mos t  of the plants constructed operate a t  p r e s s u r e s  ranging 
The plants formerly constructed to operate a t  near atmospheric 

and space velocities of 400 to 
Even though the catalyst had a relatively 

This  catalyst never 

Catalysts and Chemicals Inc. , soon after i ts  formation in 1957, s tar ted successful 
development work on the adaptation of a catalyst ,  in general  s imilar  to the Larson 
cataly-st, for  promoting the conversion of carbon monoxide in the temperature 
range f 350°.to 650°F. 
a s  a r e  in operation or  soon to g i  in operation a t  p r e s s u r e s  ranging f r o m  
near  atmospheric to 350 psig; however, most  of these plants will operate a t  over 
100 psig. Pilot  plant and commercial  experience show that the catalyst  w i l l  operate 
at ra tes  appreciably in excess of those for  the conventional iron oxide-chrome 
oxide type catalyst. 
experience,  a practical  life of a t  least  one and one-half .to three years. 'can be 
expected. 

Over eight commercial  charges  of this catalyst ,  designated 

With reasonable extrapolation of the available commercial  

, PRINCIPAL ADVANTAGES O F  C18 TYPE LOW-TEMPERA TURE CONVERSION 
CATALYST: 
cztalyst in hydrogen production a r e  obvious 'from a study of the equilibrium ' 

reaction 

The advantages of a low-temperature carbon monoxide conversion 

CO t H z C *  = COZ t Hz 
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The equilibrium constant for  the reaction has a value of 22 a t  650"F,  which is the 
generally accepted minimum effective temperature  for  the use  of the iron oxide- 
chrome oxide catalyst. 
reasonable temperature  for  the C18 type low-temperature conversion catalyst. 
The practical  significance of th i s  is that at  the same s team concentration, the 
use of the C18 catalyst will resu l t  in over  99 pe r  cent conversion of the carbon 
monoxide, whereas  the i ron  oxide-chrome oxide catalyst  will give only 90 to 95 
pe r  cent conversion a t  i t s  lowest  effective temperature.  

If i t  is  ass7imed that the processing scheme fo r  hydrogen production for the manu- 
facture of ammonia synthesis gas  is the conventional steam-hydrocarbon reforming-- 
consisting of a pr imary  and secondary re former  followed by carbon monoxide con- 
version, carbon dioxide removal  and then methanation of the residual carbon 
monoxide--and that the acceptable level of residual carbon monoxide to be  methanated 
i s  not more  than 0. 3 mol p e r  cent,  the s team requirement fo r  achieving this degree 
of conversion in a single stage of carbon monoxide conversion with the usual inter-  
stage cooling is 3. 5 mols  of s team p e r  mol of dky feed gas when an iron oxide- 
chrome oxide catalyst is used. When the C18 low-temperature conversion catalyst 
i s  used, the steam requirement  i s  0.7 mol p e r  mol of dry feed gas,  a reduction 
of 80 pe r  cent. The g rea t e r  quantity of s team required with the i ron  oxide-chrome 
oxide catalyst, however, is considered impractical  and either a lower quantity of 
s team is used with a single stage of conversion, followed by carbon dioxide removal 
and methanation, o r  two stages of carbon monoxide conversion a r e  used with c a r -  
bon aioxide removal a f te r  each stage, followed by methanation. In the f i r s t  ca se ,  
the carbon monoxide to be  methanated ranges from 0 . 6  to 1.0 mol  p e r  cent. This 
grea te r  quantity of carbon monoxide not only increases  the quantity of iner t s  in the 
synthesis gas ,  thus making the synthesis of ammonia l e s s  efficient, but for  each 
mol of carbon monoxide methanated, 3 mols of hydrogen a r e  consumed, requiring 
a l a r g e r  plant to produce the expected quantity of ammonia. 
where two stages of conversion a r e  used, the carbon monoxide to be methanated 
does not exceed 0 . 3  mol pe r  cent; however, considerably m o r e  equipment is re- 
quired,  consisting of a stage o€  carbon dioxide removal, hea te rs ,  sa tura tors ,  
exchangers, coolers,  etc. , which not only increase  the capital cost of the plant, 
but a l so  the operating cost. 

The additional steam that mus t  be  added to the gas for the second stage conversion 
reaction brings the over-all s t eam requirements to 1.4 mols  of s team p e r  mol of 
dry gas exit the secondary re former .  
required fo r  achieving the s a m e  degree of conversion in a single stage conversion 
system using the low-temperature  shift catalyst. 

The equilibrium constant is 207 a t  400"F, which i s  a 

In the second case 

This i s  still twice the quantity of s team 

These s team requirements for  the th ree  basic carbon monoxide conversion systems 
a r e  summarized in F igure  1. 
the low-temperature  shift catalyst  can be  seen by observing on the graph that the 
s team level in the gas required to achieve a methane leakage of 0. 2 mol p e r  cent 
f rom a secondary r e fo rmer  is 0. 5 mol p e r  m o l  of d ry  gas a t  150 psig and 0 .7  mol 
per  mol of d r y  gas a t  300 psig. 
dry gas ratio is the required s team level to reach the 0. 3 p e r  cent carbon monoxide 
level in the feed to the methanator. Fu r the r ,  the practical  s team levels required 
in the  gas to supply the energy requirements of regenerating the carbon dioxide re -  
moval solution a r e  shown fo r  a n  amine system and for one of the newer carbon dioxide 
removal systems. 

Additional significance to the potential advantage of 

It has  already been indicated that the 0. 7 s team to 

These s t eam to gas ratios a r e  1.40 and 0 .70 ,  respectively. 
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Once again,  the 0 .70  value appears  a3d shows that the C18-i development i s  a n  
important contributor to the advancing technology in ammonia synthesis gas  
production. 

Figure l ' a l s o  shows the relative physical size of the shift conver te rs  f o y  the three 
basic conversion systems. If the size requirement ,of the s ing le s t age  system 
using the C18- 1 catalyst  in conjunction with pre-conversion over a c'cmv.entinrial 
catalyst i s  considered as  1 ,  the size of the two-stage conventional catal.ys;.t system 
is 1.4 and for  the single-stage conventional catalyst system is 6. 0. 

The potentia.1 advantages of t.he low-temper2,tm-e shift catalyst  in  ammonia synthesis 
gas  production a r e  further shown in Table I, wherein a comparison .is made in  scme 
of the c r i t i ca l  conditions and requirements for a hypothetical 300 ton p e r  day 
ammonia plant for the following three  alternate processing schemes. The reformer 
p re s su re , l eve l  in a l l  ca ses  is 300 psig exit the reformer tubes. 

Case 1 A single-stage conversion system employing conventional 
catalyst  in s e r i e s  with low-temperature shift catslyst  
and using one cf the newer "lower energy" csrbon dioxide 
removal processes.  

Case 2 The same  as Case 1 except employing comentional cata- 
lys t  throughout the single- stage converter and operating 
with higher iner t s  in the synthesis gas loop. 

The same  as  Case 2 except using amine a s  the  carbdn 
dioxide removal system and obtaining a g rea t e r  con- 
version of the carbon monoxide due to the higher s team 
requirements of the amine system. 

Case 3 

Comparison of the hydrocarbon requirements in  the above systems in  TabIe X in- 
dicates that the use  of low-temperature shift catalyst  permi ts  the s y n t h e e s  gas 
section of the plant to be reduced in size by approximately 12 per  cent. 
c r eased  cost  of the catalyst  required to give this advantage i s  approximately 
$50,000, including the use of a primary reforming catalyst with the bes t  known 
activity and heat t ransfer  charac te r i s t ics  scch that full advantage can  be  taken in 
reducing the physical s ize  of the plant. 

The in- 

F igu re  2 shows the relative hydrocarbon requirements for  the process ,  including 
fuel and s team production, for these three  systems of synthesis gas  production. 

The production of l a rge  quantities of relatively high-purity hydrogen, such a s  a r e  
necessa ry  for  the new hydrocracking of hydrocarbons p rocesses ,  is gaining rapidly 
in industrial  importance. The typical plant involves high p r e s s u r e  reforming, 
single-stage conversion, carbon dioxide removal,  and methanation of residual 
carbon oxides. The degree of conversion of the carbon monoxide exit the reformer 
influences the ultimate cost  of these plants since unconverted carbon monoxide ends 
up a s  a methane impurity in the product and affects the degree of reforming to 
reach a given product purity. The greater conversion of carbon monoxide is made 
possible through the use of low-temperature shift catalyst and, therefore ,  permits  
a substantial reduction in the physical size of the reformer with attendant lower 
s team and fuel requirements,  o r  alternatively, pe rmi t s  reforming a t  a higher 
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p r e s s u r e  level with a subsequent reduction in compression costs. 

F igu re  3 shows a comparison of a r e fo rmer  design when using conventional cata- 
!yst 
and the best  reforming catalyst  available. The s ize  of the r e fo rmer  in t e r m s  of 
catalyst  volume required and the maximum tube wall temperature  in the reform- 
ing furnace a r e  plotted against  hydrogen purit ies of 95 to  98 per cent for a 
production capacity of 50 MMSGFD of net hydrogen delivered a t  150 psig. 
shown that the use of the low-temperature canversion catalyst permits  a 25 to 
30 per  cent reduction in the s i ze  of the reformer.  

F o r  example, in the case  of 95 per  cent hydrogen purity, it is observed that 
approximately 740 cubic feet  of catalyst  a r e  required in the r e fo rmer  when using 
the conventional catalyst, whereas approximately 550 cubic feet  a r e  required 
when using the low-temperature shift catalyst  and the best  reforming catalyst  
available. 
the s a m e  physical s i ze  of the tubes in t e r m s  of inside diameter and length in the 
fired zone of the reformer.  
ventional catalyst ,  the r e fo rmer  must  contain about 785 cubic feet  of catalyst  and 
the maximum tube wall temperature  required is 1720°F. 
the shift converter,  the r e f o r m e r  s ize  may be reduced t o  contain 665 cubic feet of 
catalyst  and the tube wall temperature  required is now 1700°F. 

LABORATORY DEVELOPMENT AND COMMERCIAL DEMONSTRATION OF THE 

CATALYST: 
of Catalysts and Chemicals Inc. to  establish the p re fe r r ed  catalyst composition, the 
best  method of preparation of the catalyst ,  the method of reduction giving a catalyst 
of the highest activity, the optimum operating conditions, the effect of poisons, and 
the decline of activity with t ime on s t r e a m  ve r sus  operating te'mperature. Specific 
studies were made on the effect of total p r e s s u r e ,  the par t ia l  p re s su re  of carbon 
dioxide, and the partial  p r e s s u r e  of s team on the kinetics of the resction. 

It i s  not to be implied that the laboratory studies have resulted in complete answers 
to the quantitative effect  of a l l  the variables involved; however, i t  is believed that 

ve r sus  the use of low-temperature carbon monoxide conversion catalyst 

It i s  

The maximum tube wall temperature  in both cases  is 1670°F assuming 

F o r  97 per  cent hydrogen purity,  when using the con- 

With C18 catalyst  in 

EFFECTIVENESS OF C18 L O W -  TEMPERATURE CARBON MONOXIDE CONVERSION 
Bench scale  and pilot plant work have been conducted in  the laboratories 

sufficient information i s  known upon which to base workable designs a t  the usual 
processing conditions. 

Life t e s t s  in excess of 13 months 'duration were conducted a t  typical operating con- 
ditions. 

The f i r s t  commercial  charge of C18 w a s  placed on s t r e a m  on January 1. 1963 in 
a 210 ton per  day ammonia plant a t  about 120 psig. 
reduction of the catalyst  and adverse conditions during the initial stages of opera- 
tion resulted in below-normal init ial  activity of the catalyst. 
however,  the catalyst had sufficient activity t o  show a distinct advantage over the 
previous conventional ca$alyst ,  and operation has  continued to the date of this 
writing with no more than the anticipated decline in activity. 
and the rate of decline in activity are  shown in Figure 4. 
has been on s t r eam fo r  12-1/2 months a s  of thls date. 

An operating mishap during 

Despite these factors,  

The initial activity 
This  charge of catalyst 

I 
i 

1 
i 
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TCs second commercial  charge of C1S catalyst was placed on s t r eam on May 11, 
! Q 6 3  in a 260 ton pe r  day ammonix plant on the West Coast. 
f . r s t  charge of catalyst ,  the conditions of reduction and initial operation were in 
?c,crdance with the recommended procedures,  and this charge of catalyst  is con- 
tinuing to operate a t  an inlet temperature of 400"F, which was the initial inlet 
temperature.  The relative activity level and decline in activity of this charge of 
( ztalyst  a r e  shown in Figure 4, and specific data a r e  presented in  Table 11. The 
performance of this charge of catalyst has  thus far exceeded the anticipated per- 
f s rmance  based on the pilot plznt 'life tests.  

A rhird charge of C l 8  catalyst  w a s  placed in operation on July 24,  1963, operating 
on a sl ip s t r eam of a r e fo rmer  effluent a t  2 psig. It continues to pe r fo rm satis-  
factorily,  and the relative activity and decline in  activity a r e  shown in Figure 4. 
The design level of this operation, however, which was deduced f rom experiments 
3t  low p res su re ,  may prove t o  be uneconomical in many applications. 
operating experience is required before the use of the catalyst can be encouraged 
A t  low p res su res .  

A s  stated,  Figure 4 shows the performance of the C18 catalyst  in these three com- 
merc i a l  units. 
the performance of the catalyst throughout the 13-month life tes t  in CCI's pilot 
plant. 

In contrast  to the 

Further  

The relative activity with time on s t r eam is shown in relation to 

A projection of these curves indicates a n  anticipated life of the catalyst  of one 
and one-half to three y e a r s  in commercial  operation. 
in Figure 4 is the commercial  verification of the importance of reduction conditions 
3n the activity of low-temperature conversion catalysts when the performance in 
Plants 1 and 2 is compared. 

A significant factor shown 

A s  of this writing, five more  commercial  charges of C18 catalyst  have been sold 
far s t a r t u p  in ear ly  1964. 

SS'MMARY: 
been demonstrated commerciaily to offer a proven economical l ife in hydrogen 
and ammonia synthesis gas manufacture. The catalyst i s ,  in general ,  more  
Fencitive to  both catalyst  poisons and abnormal operating conditions than is the 
conventional i ron oxide-chrome oxide catalyst and, therefore,  requires  more  
careful operation and greater  attention to detail in process  design. Specifically, 
the catalyst  activity is severely affected by even t r ace  quantities of sulfur in the 
feed gas.  The activity is appreciably affected by the subjection of the catalyst to  
temperatures  in excess  of the normal operating level. 

The C l 8  low-temperature carbon monoxide conversion catalyst has 

The C18 catalyst must  be reduced under special  conditions and with great ca re  in 
order  to obtain maximum activity and long life. (5) 

Application of the catalyst  i n  low p res su re  operations has  not been shown to be 
practical  
de!er mined. 

The cataiyst  has  been proven to offer an attractive payout factor in t e r m s  of initial 
p: 3nt investment and operating economy. 
ex1 eed the projected minimum of one and one-half to three yea r s  based on the 
I ,mmercial  operation to date. 

and more  Operating experience w i l l  be  required before this can be 

The ultimate life of the catalyst  could well 
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TABLE I 

Comparison of P r o c e s s  Design Fea tu res  of Ammonia 
Synthe s i s  Gas Manufacture U sing Low- Temperature  

Carbon Monoxide Conversion Catalyst 

P rocess  Scheme: Steam-Hydrocarbon Reforming, 
P r i m a r y  and Secondary; 300 psig; 
Carbon Monoxide Conversion; 
Carbon Dioxide Removal; 
Methanation of Carbon Oxides. 

I 

I 

Basis:  300 Tons Per Day Ammonia 

Case :: 1 2 3 

CO i n  Shift Converter 0. 2 mol per 1 .1  mol pe r  0 .5  mol pe r  
Effluent$&* cent, d ry  basis cent,  d ry  bas is  cent,  dry bas is  

Inerts ( C H 4 t  A) Exit 29.89 70. 85 38. 30 
Methanator, mols / h r  (0.96 m o l  per cent)(2. 1 mol  pe r  cent)(l.  21 mol pe r  cent) 

Synthesis Gas Required 
for 300 TPD NH3 
mols  /h r  
Relative Amount 

Hydrocarbon, mo l s /h r  
P r o c e s s  Requirements 
Fue l  Requirements 
Total  Requirements 
Relative Amount 

Ai r ,  mo l s /h r  
P r o c e s s  Requirements 
F u e l  Requirements 
Total  Reqi i rements  
Relative Amount 

3114.98 
100% 

702.44 
295.63 
998.07 
100% 

988.47 
2957.70 
3946.17 

100% 

3361.01 
107.9% 

788.11 
331.68 

1119.79 
112. 270 

1054. 25 
3318.42 
437 2.67 

110.81% 

3165.46 
101.6% 

720.68 
451.77 

1172.45 
11 7. 47% 

1001.99 
4519.74 
5521. 73 

139. 9370 

Steam Requirements 
Total Lbs/Hr 69,570 75,200 114, 350 

., Relative Amount 100% 108. 1% 164. 470 

Relative Reformer Size 100% 112.9% 103. 0% 

Relative Shift Converter 100% 
Size 

125. 1% 194. 670 

c Cases a r e  defined in text. 
Practical  level of carbon monoxide in shift converter effluent using the s team 
requirements of the carbon dioxide regeneration system to full effectiveness 
in the shift converter.  

.I. ". ,. .,. 
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Table I1 Plant  Operating Data; C18 Low-Temperature Carbon Monoxide 
Conversion Catalyst (260 Tons/Day Ammonia Plant,  120 PSIC) 

Days 
on 

Date Stream - -  

5-24-63 13  

6-27-63 47 

9-4-63 116 

12-4-63 207 

I Dry Gas 

SCFH/ Temp. Temp. S/G i 
! 

S. V. Inlet Outlet Inlet Gas Analyses, Mol P e r  Cent 

V/Hr. O F  "F Ratio C02  CO H2 CH4 N2 + A  - - -  __I -___- - -  

1925 410 445 0.336 In 4.2 3.0 71.4 0 .2  21.2* 
out 7.0 0.02 72.4 0.2 20.39* 

1 

1980 400 450 0.42, In 0.8 3.0 74.0 0.3 21.9 4 
Out 3.8 0.06 74.0 0.3 21.8 

.J 

Out 2.91 0.06 72.97 0.27 23.80 1 
1800 402 453 0.38 In 0. 11 3.16 71.76 0.27 24.70 

1 
1840 405 456 0.388 In 0.23 3.10 75.69 0.28 20.70 

Out 3.18 0.05 76.40 0.27 20.10 
I 

*Analyses by cus tomer ' s  laboratory. Nitrogen and argon by difference. 
All other  analyses by CCI chromatograph and were  essentially confirmed 
by customer analyses. 
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Figure 4 - Low Temperature  CO Conversion Catalyst 
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Ultra  Pure Hydrogen f o r  Fuel C e l l  Operation 

H. H. Geissler 

Engelhard Indus t r i e s ,  Inc.  
Process Equipment Division 

The f i r s t  p r a c t i c a l  f u e l  cells t o  be developed used pure oxygen 
and hydrogen. I t  has  proven t o  be q u i t e  f e a s i b l e  t o  adopt c e r t a i n  
of t hese  cells  t o  use a i r  a t  t he  oxygen e l ec t rode ,  . t ha t  is, the cath- 
ode-' An in t ens ive  e f f o r t  i s  underway t o  develop cel ls  which can use 
a more convenient f u e l  a t  the anode.2 
t h a t  such c e l l s  w i l l  be a v a i l a b l e  f o r  p r a c t i c a l  app l i ca t ion  i n  the 
near fu tu re .  

However, it appears un l ike ly  

One a l t e r n a t e  approach i s  to separate a conversion function from 
the ce l l  and modify the anode t o  use an impure hydrogen-rich gas. I t  
is r e l a t i v e l y  simple, f o r  example, t o  d i s s o c i a t e  ammonia3 and it would 
appear t o  be e a s i e r  t o  modify the anode to handle t h e  r e s u l t i n g  75% 
hydrogen i n  nitrogen mixture than it was to modify the cathode to han- 
d l e  the 21% oxygen i n  ni t rogen mixture w h i c h  i s  a i r .  Residual f u e l  
gas from the anode can t h e n  be burned t o  supply the  energy require- 
ments of the d i s soc ia t ion  react ion.  This method of operat ion has re- 
c e n t l y  been described by \ 

Producing a hydrogen-rich gas  from hydrocarbons (or f r o m  oxygen- 
a t ed  hydrocarbon de r iva t ives  such as alcohols)  r equ i r e s  appreciably 
more e l abora t e  conversion equipment and the  product  gas  stream w i l l  
contain a v a r i e t y  of impuri t ies .  Methane, carbon monoxide, carbon 
dioxide, ni t rogen and water vapor may a l l  be i n  the hydrogen-rich 
stream. The presence of these impuri t ies  introduces a l a r g e  number 
of problems with r e spec t  t o  t h e  development of anodes and to the de- 
s ign of t h e  f u e l  c e l l  b a t t e r y  system. The condi t ions f o r  e f f i c i e n t  
operation of gas d i f f u s i o n  e l ec t rodes  with gases  containing i n e r t s  
have been developed by Baucke and ~ i n s e l . ~  I n  the case of gases con- 
t a in ing  p o t e n t i a l  c a t a l y s t  poisons, however, it may w e l l  be much more 
d e s i r a b l e  t o  combine hydrogen p u r i f i c a t i o n  w i t h  t h e  f u e l  conversion 
funct ion so t h a t  only pure hydrogen need e n t e r  the c e l l .  

The production of hydrogen f o r  f u e l  c e l l  app l i ca t ions  has been 
A number of r e p o r t s  prepared re- explored f o r  a considerable t i m e .  

c e n t l y  ind ica t e  the d i f f i c u l t i e s  which arise i n  s c a l i n g  down conven- 
t i o n a l  processes f o r  manufacturing hydrogen.6r7r Conventional pro- 
cessing schemes are as shown i n  Figure 1. 



The primary r e a c t i o n  may be steam reforming o r  
p a r t i a l  combustion o r  a combination of the two. 
In  any event it involves a high temperature en- 
dothermic r e a c t i o n  t o  which h e a t  energy must be 
supplied. . 

Carbon monoxide removal i s  general ly  accomplished 
by the  catalysed w a t e r  gas  s h i f t  r eac t ion  wherein 
carbon monoxide reacts with water vapor t o  form 
carbon dioxide p l u s  hydrogen. Recent advances i n  
c a t a l y s t  composition permit  this r eac t ion  to pro- 
ceed a t  commercially operable  r a t e s  a t  moderate 
temperatures. 9* lo The advantage is t h a t  the equi- 
l ibrium is s u f f i c i e n t l y  favorable  so  as t o  r equ i r e  
only a s i n g l e  s t a g e  of s h i f t  r e a c t i o n  i n  a p l a n t  
producing about 99% p u r i t y  hydrogen. 
e r a l  s t ages  with intermediate  carbon dioxide removal 
were required.  While t h e  s h i f t  r eac t ion  is exother- 
m i c  the  temperature l e v e l  is such t h a t  the hea t  is 
no t  general ly  u s e f u l l y  recoverable.  

Formerly sev- 

Carbon dioxide removal is done a t  near ambient t e m -  
peratures  by scrubbing t h e  gas  w i t h  s u i t a b l e  regen- 
erable bas i c  reagents.  A v a r i e t y  of reagents  and 
processes are a v a i l a b l e .  l1 t  l2 l3 

F i n a l  p u r i f i c a t i o n  i s  o f t e n  accomplished by c a t a l y t -  
i c a l l y  hydrogenating the r e s i d u a l  oxides of carbon 
to  the  much l e s s  object ionable  impurity methane, 
followed by drying the product hydrogen stream. A l -  
t e r n a t e l y  co ld  box processing, gene ra l ly  involving 
a l i qu id  ni t rogen wash, can be used. 

It i s  evident  t h a t  s c a l i n g  down conventional equipment without  s ig-  
n i f i c a n t l y  a l t e r i n g  the process  s t e p s  cannot r e s u l t  i n  any appre- 
ciable reduction of equipment components i n  s m a l l  hydrogen generators  
f o r  f u e l  c e l l  use. 

The Engelhard Hydrogen Process provides a new improved approach 
f o r  solving these problems by combining th ree  b a s i c  concepts : 

- a hydrogen producing r eac t ion  

- t he  removal of pure product hydrogen 

- the u t i l i z a t i o n  of  the residue a s  f u e l  t o  
supply the energy requirements of t he  process.  

This makes it poss ib l e  to  design and cons t ruc t  compact hydrogen gen- 
e r a t o r s .  The process is  schematically ind ica t ed  i n  Figure 2.  

1 
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23 . The d i s s o c i a t i o n  of ammonia is a s u i t a b l e  hydrogen producing 
r eac t ion .  An earlier paper14 describes the design, construct ion 
and performance of a miniature gene ra to r .de l ive r ing  4 SCFH of hy- 
drogen t o  serve a 200 wa t t  f u e l  cell .  This u n i t  was developed f o r  
t he  Electronics  Research and Development Laboratories of the United 
States Army. 

Hydrogen generators  based on hydrocarbons are of much g r e a t e r  
general  i n t e r e s t .  Engelhard is cu r ren t ly  engaged i n  construct ing 
a number of l i q u i d  hydrocarbon fueled hydrogen generators  having 
hydrogen output c a p a c i t i e s  i n  the range of 4 t o  600 SCFH. 

Steam reforming of hydrocarbons lends i t s e l f  w e l l  t o  the Engel- 
hard Hydrogen Process because the energy required f o r  the process i s  
l i b e r a t e d  outs ide of the react ion zone r a the r  than wi th in  i t  as i n  
t h e  case  of partial  combustion. Thus the r e s i d u a l  f u e l  gas can be 
used t o  operate  the process.  

While var ious hydrogen removal methods may be considered, d i f -  
fusion through a material permeable only t o  hydrogen accomplishes 
t h e  ob jec t ives  i n  one simple s t e p  and can be r e a d i l y  adapted f o r  
use i n  small hydrogen generators  such as w e  a r e  d i scuss ing  here.  
Palladium and palladium a l l o y s  are w e l l  known f o r  their a b i l i t y  t o  
d i f f u s e  hydrogen. 
have r ecen t ly  been presented.1sn1Bm17 
it suppl ies  the p u r e s t  grade of hydrogen avai lable:  ul t ra-pure hy- 
drogen containing no impuri t ies  measurable by p resen t ly  ava i l ab le  
techniques. U s e  of ul t ra-pure hydrogen g r e a t l y  s i m p l i f i e s  f u e l  c e l l  
b a t t e r y  design. W i t h  no impuri t ies  contamination of t h e  e l e c t r o l y t e  
does not  occur, nor do  i n e r t  gases a c c m u l a t e .  The requirement of 
venting such gases which would complicate the mechanical design of 
a f u e l  cell  b a t t e r y  can be eliminated w i t h  ul t ra-pure hydrogen. 

Several  reviews of the hydrogen permeation process 
The process is unique i n  that  

The Engelhard Hydrogen Process is a highly e f f i c i e n t  way of pro- 
ducing hydrogen. This becomes p a r t i c u l a r l y  important i f  it is to be 
considered as a component o f  a f u e l  ce l l  power source package. Now 
consider t he  energy balance of a hydrogen generator  as shown i n  Fig- 
u r e  2, f o r  t he  s t e a m  reforming vers ion with l i q u i d  w a t e r  and l i q u i d  
hydrocarbon feed streams. In  principle the energy con ten t  of t he  
product hydrogen would be  the s a m e  as the gross  hea t ing  value of the 
hydrocarbon feed and the generator would have an energy conversion 
e f f i c i ency  of 10%. For this the  following condi t ions would have t o  
be m e t :  The product hydrogen and t h e  f l u e  gas leave the  apparatus 
a t  the same temperature as the incoming s t E e a m s .  The w a t e r  con- 
ta ined i n  the f l u e  gas  is discharged as a l i qu id .  N o  r a d i a t i o n  and 
convection h e a t  l o s ses  occur. In  p r a c t i c e  these i d e a l i z e d  condi- 
t i o n s  cannot be rea l i zed .  

The temperatures of the output  s t r e a m s  can be brought t o  r e l -  
a t i v e l y  l o w  l e v e l s  by h e a t  exchange, output  hydrogen a g a i n s t  in-  
coming combustion a i r ,  f l u e  gas a g a i n s t  f u e l  and w a t e r  feed streams. 
It is no t  f e a s i b l e ,  however, t o  u se fu l ly  recover the  l a t e n t  hea t  of 
t h e  water vapor i n  the f l u e  gas,  and this may r ep resen t  a s i zeab le  loss. 
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Radiation and convection losses,depend upon t h e  s i z e  and 
arrangement of t h e  apparatus ,  and vary from very s m a l l  r e l a t i v e  
t o  the g ross  heat ing value of the f u e l  fed,  i n  l a rge  generators,  
to as much as 20% i n  very miniaturized generators .  

The energy l o s s  represented by any excess water fed as a 
l i qu id  b u t  discharged as a vapor i n  the  f l u e  gas  i s  one reason 
f o r  operat ing a t  t h e  lowest poss ib l e  molal w a t e r  t o  carbon r a t i o s .  
Another reason i s  t o  reduce the water vapor content  of t h e  reformed 
gas stream and hence t o  inc rease  t h e  p a r t i a l  p re s su re  of hydrogen 
i n  the d i f fus ion  zone. This reduces the amount of palladium a l l o y  
required and the o v e r a l l  s i z e  and weight of t he  apparatus. A t h i r d  
reason i s  t h a t  i f  t he  r a t i o  is  s u f f i c i e n t l y  low a combined hydrogen 
generator-fuel c e l l  power source could operate  w i t h  no ex te rna l  
water supply i f  t he  f u e l  c e l l  can  be engineered so that the  w a t e r  
produced from the hydrogen consumed is returned t o  the steam re- 
forming hydrogen generator .  

There i s  c u r r e n t l y  a g r e a t  i n t e r e s t  i n  developing improved ca t -  
18,19 a l y s t s  f o r  the steam reforming of normally l i qu id  hydrocarbons. 

Moreover, f o r  un ive r sa l ly  useable hydrogen generator-fuel  c e l l  power 
sources a c a t a l y s t  i s  r equ i r ed  capable of s t e a m  reforming any type 
of c u r r e n t l y  ava i l ab le  hydrocarbon fue l ,  i n  p a r t i c u l a r  gasoline,  j e t  
fue l ,  and d i e s e l  f u e l  meeting p resen t  m i l i t a r y  spec i f i ca t ions .  Such 
c a t a l y s t s  do not appear t o  be ava i l ab le  a t  the  present .  

In  the Engelhard hydrogen generators  now being b u i l t  proprie- 
t a r y  c a t a l y s t s  are being used which have demonstrated the a b i l i t y  
t o  steam reform a wide v a r i e t y  of hydrocarbon s t r u c t u r e s ,  i.e. par- 
a f f i n s ,  naphthenes, o l e f i n s ,  aromatics, Commercial-fuels such as 
BTX r a f f i n a t e s  ( e s s e n t i a l l y  Cg-Cgparaffins) , l i g h t  naphthas, and j e t  
f u e l s  such as JP-4 have been steam reformed with these  c a t a l y s t s  a t  
molar w a t e r  t o  carbon atom r a t i o s  of three o r  lower, w i t h  runs of 
over 1000 hours, provided the  s u l f u r  con ten t  w a s  below 40 ppm. In 
tests w i t h  other  commercial f u e l s  having higher  s u l f u r  contents,  ex- 
ces s ive ly  rapid c a t a l y s t  d e t e r i o r a t i o n  w a s  observed, which w e  have 
ascr ibed t o  s u l f u r  poisoning. 

The maximum s u l f u r  c o n t e n t  permitted by m i l i t a r y  spec i f i ca t ions  
f o r  JP-4 i s  4000 parts p e r  mil l ion;20 w e  have found it i n t e r e s t i n g  
t h a t  batch a f t e r  batch of Jp-4, from a t  l e a s t  one re f iner ,  has con- 
s i s t e n t l y  analysed under 50 p p m .  W e  be l i eve  t h i s  r e f l e c t s  how overly 
l i b e r a l  s u l f u r  s p e c i f i c a t i o n s  a r e  i n  this  day of modern r e f i n e r i e s .  
Nowadays s u l f u r  removal of  ten occurs i n c i d e n t a l l y  t o  o the r  processing 
and i s  frequently done t o  p r o t e c t  the process  equipment and c a t a l y s t s  
used by the  r e f ine r .  When and i f  d i r e c t  conversion of hydrocarbons 
i n  f u e l  c e l l s  becomes a r e a l i t y  a s u l f u r  problem is l i k e l y  t o  arise 
there a l so .  It  would appear reasonable and desirable t h a t  any new 
f u e l  spec i f i ca t ions  be w r i t t e n  with low s u l f u r  l i m i t s .  

Returning t o  the mechanical aspects ,  it must be remembered 
t h a t  although the Engelhard Hydrogen Unit  is appreciably simpler 
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than o the r  hydrogen manufacturing processes it s t i l l  r equ i r e s  a 
number of components and controls .  There are ways of designing 
c e r t a i n  very s m a l l  generators t o  operate  without any a u x i l i a r y  
e l e c t r i c  power, b u t  i n  general  pumps and blowers and c o n t r o l l e r s  
are necessary, a l l  of which require  power. 

One version i s  i l l u s t r a t e d  i n  a s impl i f i ed  schematic flow 
diagram, Figure 3.  Fuel and w a t e r  are metered t o  the system i n  
f ixed r a t i o  by c o n t r o l l i n g  the speeds of p o s i t i v e  displacement 
pumps t o  supply adequate feed f o r  the hydrogen demand a t  any in-  
s t a n t .  The feed stream i s  heated i n  a f l u e  gas exchanger, i t  i s  
then reformed and product hydrogen removed i n  the reactor /diffusor .  
The hydrogen stream is cooled a g a i n s t  incoming combustion a i r ,  which 
is  metered by a speed con t ro l l ed  p o s i t i v e  displacement blower. The 
r e s i d u a l  f u e l  gas from the reactor /diffusor  passes through a high 
temperature back pressure con t ro l  valve, on t o  t h e  furnace burner 
where it is  burned w i t h  the con t ro l l ed  combustion a i r .  The flow 
r a t e s  of the fuel/water feed'and the  combustion a i r  must be c lose ly  
con t ro l l ed  t o  maintain high e f f i c i ency .  Feed, a i r ,  and product  hy- 
drogen flows a r e  n o t  l i n e a r l y  r 'elated, which complicates the con t ro l  
system. 

The in t e rp l ay  between generator s i z e  and weight, e f f i c i ency ,  
and power requirement is  complex. Optimization is p a r t i c u l a r l y  
d i f f i c u l t  and c r i t i c a l  i n  generators f o r  mobile f u e l  c e l l  power 
systems. There i s  need f o r  more e f f i c i e n t  a u x i l i a r y  equipment than 
now avai lable .  For example, i n  one 140 SCFH u n i t  under construct ion,  
t h e o r e t i c a l  feed pump power is 2 wat ts ,  a i r  blower power 50 w a t t s ,  
whi le  a c t u a l  ava i l ab le  equipment r equ i r e s  200 w a t t s  and 400 w a t t s  
r e spec t ive ly  . 

Yeager, E., Science 134 

"Fuel C e l l s ,  Volume wo" 
New York, 1963 
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FIGURE I 
HYDROGEN MANUFACTURING PROCEDURES 
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FIGURE 2 
ENGELHARD HYDROGEN PROCESS 
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A Hydrogen-Generating Plant for Submarine Fuel-Cell 
Use Based on Methanol Decomposition 

W. H. Heffndr, A. C. Veverka andG. T. Skaperdae 
M. W. Kellogg Company 
Ne-w Yolk 17, New York 

ABSTRACT 

A design study of a hydrogen-generating plant based on the 

decomposition of methanol and intended as  a source of hydrogen for 

fuel cells to be used in submarine propulsion is reported. The plant 

is designed to supply 20 pounds per hour of ultrapure hydrogen normally 

(70 pounds per hour maximum) and is optimized on the basis  of minimum 

volume and weight, minimum oxygen consumption, maximum efficiency, 

maximum simplicity and reliability, minimum hazard, minimum main- 

tenance, and minimum cost. For ten days of continuous operation a t  

normal capacity, the hydrogen-generating equipment and fuels (methanol 

and oxygen for  combustion) represent a combined specific weight of 

about 1.0 lb. /kwh and a specific volume of 0.018 cu. ft. /kwh. 
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HYDROGEN FROM NATURAL GAS FOR FUEL CELLS 

John Meek and 8. 5 .  Baker 

Institute of Gas Technology 
Chlcago 16, llllnols 

INTRODUCTION 
, _  

To be proctlcal, any commerclal fuel cell system for use wlth natural gas must be competltlve 
wlth exlstlng power generation schemes. Under thls strlngent economlc Ilmitatlon, many potentlal 
fuel cell systems are eliminated. A review of the more common fuel cells (Table 1) summarlres the 
authors' estimate of these systems, based only on the crlterlon of economic feasiblllty for use In  the 
gas Industry. 

A t  the beglnnlng of 1963, a low-temperature fuel cell program was lnltlated at the lnstltute of 
Gas Technology to study the use of reformed natural gas and alr In acld fuel cells. Thls system, based 
on the use of Impure hydrogen, does not appear to have been extenslvely studled elsewhere. The 
followlng conslderatlons motlvated this course of study; 

1. Natural gas (methane) Is diff icult to react dlrectly at low temperatures 
In fuel cells. 

2. Hydrogen Is known to be a good tuel cell fuel at low temperatures. 

3. Natural gas Is an easlly reformed hydrocabon fuel. 

4. Reformed natural gas w l l l  contain about 80 mole percent hydrogen. 

5. An acid cell, In principle, does not requlre a hlgh-purlty hydrogen 

~. 

feed. 

The present paper Is concerned wlth that portlon of the IGT program devoted to the productlon 
from natural gas of a hydrogen-rlch feed which Is compattble wlth economic fuel cell operatlon. 

The oblectives set forth for the hydrogen generation system were dlctated by economlc as 
well as practlcal feasiblllty. The proiect was gulded by the followlng goals: 

1. Low-cost components. 

2. Maxlmum methane converslon. 

3. Minimum carbon monoxlde content. 

4. No movlng parts. 

5. Low system pressure drop. 

I 



The need for low-cost components with low pressure drop ellmlnated conventional palladium 31 
diffuser purlficatlon schemes. The Impracticability of having moving parts In small generators (deliver- 
ing 2- to 100-kilowatt fuel cells) eliminated scrubbing towers, often used in larger hydrogen 
purification processes. Maximum me!hane conversion i s  essential 
desirability of a low carbon monoxide concentration resulted from Information derived from the fuel 
cell portion of the program. Al l  of the above goals are based on the needs of on-site generatlon 
systems for use in the gas Industry. 

THE HYDROGEN GENERATION SYSTEM 

to obtain high efflctency. The 

To achieve the deslgn goals outlined above, a multi-stage process was necessary. The scheme 
studied was a three-stage process made up of the following steps: 

Reforming: CH4 + H 2 0  +3H2 + CO 

Shlfting: CO + H20  e C 0 2  + H2 (2 )  

Methanation: C O  + 3H24CH4 + H 2 0  

(1) 

(3) 

The overall process Is shown schematically In Figure 1. 

Methane Reforming 

Reaction (1) being well-known, i t  was the Intent of this study to establish operating parameters 
whlch might be useful in the constructlon of small hydrogen generators. Experiments were conducted 
in reactors capable of providlng power for a fuel cell system of a few hundred watts. Since most 
experlence with these reactions i s  wlth larger systems, I t  was felt that scaleup in this instance would 
be relatively straightforward. 

A steel reactor 1 inch i n  diameter and 18 inches long was fllled to a 4-Inch bed height with 
Girdler G-56B catalyst, which was reduced In sire to give a reactor diameter-to-particle size ratio of 
about 10:il The total pressure drop through the reactor at a space velocity of 1000 SCF per CU. ft. 
of catalyst per hour was only 1 inch of water. A steam-to-methane mole ratio of 3:l was chosen, and 
studies were made at space velocities of 500 and 1000 SCF per cu. ft. of catalyst per hour at a 
variety of temperatures. Effluent gas was analyzed chromatographically for carbon monoxide and meth- 
ane with a Fisher-Gulf partitioner using a charcoal column. The only other detectable carbon-contain- 
ing species present, carbon dioxidqwas determined from a mass balance. 

The results of these experiments (Figure 2) show that methane conversion was a strong function 
of space velocity with respect to the temperature required to achieve complete conversion, higher 
temperature being required for higher space velocitles. Far the space velocities studied, complete 
conversion was obtained at 80OOC. and above. The exit  gas carbon monoxide content was not a strong 
function of space velocity, and the effluent carbon monoxide concentratton at 800°C. was about 15 
mole %. At  the lower space velocity, experiments conducted at temperatures up to 1000°c. resulted 
in  a further increase in carbon monoxide concentration. Since the ultimate goal i s  a low carbon mon- 
oxide content in the fuel cell feed gas, operating at this high temperature i s  undesirable. Also, from 
a thermal efficiency standpoint the lowest posslble reforming temperature Is most desirable. Hqving 
established reasonable operating l im i t s  for the reforming stage, the effluent from the reformer was used 
as the input to the shlft reactor. 

Carbon Monoxide Shift' , 

Conventional shlft processes operatlng between 3OOo and 500%. requlre, to achieve a low car- 
bon monoxide content (3000 parts per million or less), the use of a carbon dloxide absorption stage, whlch 
i s  unwleldy for use In small systems. Recently work done by Moe E) indicated that reformed and shifted 
gases containing 2000 to 3000 parts per mllllon carbon monoxide could be achieved without carbon 
dloxlde removal i f  a low-temperature (175O to 300%.) shlft catalyst was used. This relatively new 
catalyst, Glrdler G-66, was placed In a reactor of 1-Inch diameter and 18-inch length, fil led to a bed 
helght of 8 Inches, and the shift reaction was studied wlth respect to temperature, space velocity, and 
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steam-to-as ratio. As In  the study of the reforming reaction, the carbon monoxide and methane con- 
tents of the effluent gas stream were analyzed chromatographically. 

The re;ults of thls study are shown i n  Flgures 3 and 4. In Flgure 3, the effects of space veloclty 
and temperature on the carbon monoxide content of the effluent gas are indicated. At the hlgher space 
velocity, 1000 SCF per cu. ft. of catalyst per hour, the desired reduction i n  the carbon monoxide 
content of the effluent gos could not be obtained. Experiments at  still higher space velocities, 2000 
SCF per cu. ft. of catalyst per hour, yielded much poorer results, not reported here. 
o space velocity of 500 SCF per cu. ft.of catalyst per hour, a minimum in the carbon monoxide 
concentration i s  seen to occur a t  obout 2670C. In Flgure 4, the strong effect of the steam content of 
the reacting mlxture on the effluent carbon monoxide concentration i s  indicated. A t  25ooC., a con- 

However, at 

tinuous reduction in the carbon monoxlde content isobtained as the steam-to-methane ratio i s  increased. 
The maxlmum ratio tested was 7.3:1, os this ratio readily yielded a carbon monoxide content which was 
known to be further reducible by methanation. Whether additional steam i s  deslroble wi l l  be decided 
later on the basis of the cost of the steam, a i  well as the fuel cell performance on impure hydrogen 
feed. 

Carbon Monoxide Methanation 

Reaction 3, methanatlon, posed the greatest challenge in the overall carbon monoxlde reduction 
process. The first attempts at achteving an effective reduction in the carbon monoxide content of a 
synthetic gas containing 80 mole % hydrogen, 19.7 mole % carbon dioxide, and 0.3 mole % carbon 
monoxide, using conventional methanation catalysis, were unsuccessful. Either of two events occurred. 
At very low temperatures no reactions occurred, while at higher temperatures the water gos shift was 
promoted along with methanatlon and at best only a slight decrease, and In  some cows an actual In- 
crease, In carbon monoxide was observed. 

The problem was to find a catalyst which would permit selective methanation of carbon monoxlde 
in the presence of carbon dioxide, under condltions in which the latter Is present i n  concentratlonr two 
orders of magnltude greater than the former. The need for selectlve methanation Is twofold. If appre- 
ciable amounts of the carbon dioxide react, the exothermic nature of the reaction almost ensures a 
complete loss of temperature control in the system. As the temperature rises, mare carbon dioxide Is 
methanated and large amounts of hydrogen ore consumed. In the limiting case, all of the hydrogen 
and carbon dioxide could react to form methane. Equilibrium calculations clearly lndlcated the desir- 
abil ity of low-tempeiature operation, although even under these condltions the sought-after reduction 
dld not appear achievable. 

Using the above-mentloned gas compos1 tion, experlments were conducted with a ruthenlum-on- 
alumina catalyst obtalned from Englehard Industries, Inc. The effluent gas composltlon was analyzed 
wlth the afore-mentioned chromatograph and a Mine Safety Appliances Co. Lira infrared analyzer. 
With the infrared analyzer, carbon monoxlde was determined with an accuracy of about 10 parts per 
million. Again, a variety of parameters were studied, Including excess water, and the results are 
shown In Figures 5 and 6. The excess water tests were made to ascertaln at what stage In the hydrogen 
generation system i t  would be most favorable to remove water. 

In Flgure 5, the carbon monoxide content of the exit gas Is seen as a function of temperature 
for the case of 2 male % water vapor i n  the feed. Dlstinct mlnlmums in  carban monoxlde content - 
about 100 parts per mllllon, dependent on space veloclty and temperature -are seen. It Is interesting 
that, for Increasing space velocity, the same mintmum carbon monoxlde content i s  obtalned, but at 
higher temperatures. In Figure 6, the some parameters are studied wlth a feed gas contalnlng 15% water 
vapor. Again, the same minimum carbon monoxide concentration i s  obtained, but at slightly higher 
temperatures. It was also observed that, in the range of mlnlmurn carbon monoxlde content, no apprecl- 
able conversion of carbon dlaxlde to methane occurred! hence, the reactlon can be cansldered htghly 
selective. The carban monoxlde reductlon process Is summarlzed in Flgure 7. 
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After completing the experimental work on the reactions described above, reforming, shift, and 
methanation reactors were connected in series, and the complete system was analyzed. A natural gas 
containing about 95% methane and 5% higher hydrocarbons was passed through a sulfur removal 
cartrldge and fed to the flrst reactor stage, where i t  was reformed in  the presence of excess steam (stem- 
to-gas mole ratio of 7.3:l) at a space velocity of 250 SCF per cu. ft. of catalyst per hour at 80Ooc. 
The effluent from this reactor was fed to the shift reactor operating at a space velocity of 500 SCF per 
cu. ft. of catalyst per hour at 27OoC. The effluent from this stage was fed to a condenser where a por- 
tion of the excess water was removed, and the remalning gas mixture was fed to the methanatlon reactor 
operated at a space velocity of 1000 SCF per CU. ft. of catalyst per hour and at a temperature of 190°C. 
The total system pressure drop was 4 inches of water column. The product gas was analyzed to be 78 mole 
% hydrogen, 19.7 mole % carbon dioxide, 0.3 mole % methane, 2 mole % water, and 8 pats per 
million carbon monoxide. The carbon monoxide was analyzed on a special MSA Lira infrared analyzer 
with a sensitivlty of 2 parts per million. 

The tenfold improvement i n  performance compared with the previous experiment i s  not readily 
explainable. Some improvement hud been antlcipoted on the basis that the original methanation 
experiments were performed with a feed gas containing about 3400 parts per milllon carbon monoxide, 
while the actual shift reaction reduced that concentration by almost a factor of 2. Experiments are 
belng continued to study further the effects of steam-to-methane ratio, space velocity, and catalyst 
life. Experimental evidence from the fuel cell portion of  the program indicates that the above- 
mentloned carbon monoxide content can be readily tolerated by the hydrogen electrode. 

EFFICIENCY AND ECONOMICS 

One of the most attractive features of fuel cells i s  their potentially hlgh efficiency. When m 
oddltlonal processing stage,such as the one just described, Is added to the fuel cell system, a reductlan 
in overall efficiency may be anticipated. To place the external reformer-fuel cell system in  the proper 
perspective, estimates of the overall system efflclencies have been made, based on several fuel cell 
and reforming parameters. 

Two models have been chosen for evaluation, and these are shown schematically I n  Figure 8. 
In both schemes, i t  Is assumed that the heat required to sustain the reforming reaction i s  supplied from 
an external burner (i.e., there i s  no partlal combustion in  the reformer). Also, both schemes assume 
single-pass conversion in the fuel cell. 

The two schemes choseh for analysis differ only In the effect of.recovery of the heat value of 
recycled spent fuel from the fuel cell. The following parameters have been deflned: 

VO - overall efficlency, electrical energy output based on the heat of combustion of 
the total amount of methane consumed 

VV - voltage efficiency, fraction of the theoretical fuel cell potential actually obtained 

Vc - conversion efficiency, fractlan of the fuel converted in  the fuel cell 

'IR - reactor thermal efficlency, total reformer heat requirement, based on the as- 
sumption of nonideal insulation 

''k - heat exchanger efficiency, fraction of  heat recovered In  heat exchangers 

A partlal summary of the results of these calculations i s  shown In Figures 9 and 10. In Figure 9, 
a case where reactor thermal efficlency i s  80% was analyzed far the no-recycle system. A number of 
arbitrary conversions and voltage effislencles were chosen as parameters, and the overall system effl- 
ciency was calculated as a function of heat exchanger efficiency. A typical l-kl lowatt fuel cell 
system using impure hydrogen feed mlght be expected to operate in  the grey zone shown in Flgwe 9. 
An overall system efflclency range of from 21.5% to 32.5% can be reallrtlcally antlclpoted. F a  the 
case of a pure hydrogen cell, a samewhat higher converslon efficlency and voltcge effictency might be 
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anticipated, and a total system efficiency of 400/0 Is most likely. In Flgure IO, using the same para- 
meters for the recycle schemes two chmacteristlcs are seen. First, the overall system efficlency IS 
less dependent on conversion efficiency because of the utlllzatlon of the heating value of the spent 
f u e l .  Second, a cutoff point is seen a t  hlgh heat exchange efflclency and the lowest chosen conversion 
efficiency. This point indlcates the case where the hydrogen generation system can be operated solely 
on the spent fuel from the fuel cell. With the same range of heat exchanger efflclency as In the no- 
recycle case, an overall efflclency between 26.5% and 35.5% appears likely. 

A more complete analysis of low-temperature f u e l  cell systems with external reformlng places 
the parameters studied in the following order of importance wlth respect to overall efficiency in a 
recycle system operating below the cutoff point: 1) voltage efficiency, 2) reactor thermal efficiency, 
3) heat exchange efficiency, and 4) conversion efficlency. 

1 The complete economics of the present hydrogen generation system wlll not be known until mme 
hardware is developed. Present estlmates, based on the fuel requirements of the fuel cells under study 
and the catalysts and conditions described In this paper, indicate the cost of catalysts in the IGT hy- 
drogen generation system would be less than 5 cents per watt. I 
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Table 1.-STATUS O F  FUEL CELLS FOR USE IN GAS 
INDUSTRY APPLICATIONS 

Type of 
Fuel Cell 

Low-Temperature Alkaline 

Low-Temperature Alkaline 

Direct ( 2 5" - 250' C.) 

Indirect (25' -250'C.) 

Low- T emperature Acid 
Direct ( 25'-200° C.) 

Low- T emperatur e Acid 
Indirect (25'-90'C.) 

High-Temperature Molten 
Salt (450'-8OO0C.) 

High-Temperature Solid 
Oxide (1000'-lZOO°C.) 

Present  
Pr incipal  
Drawback 

Potential Gas 
Industry 

AppkcatiQos 

Electrolyte Incompatible Poor  

Cost and Technical Draw- Fair 
with Methane 

backs of Ultra-Pure Hy- 
drogen Production 

Cel l  Catalyeta and Com- 
ponents 

Very High Cost of Fuel  Fair 

High Cost of Fuel  Cel l  
Components 

Good 

Operating Lifetime Good 

I 

Operating Lifetime Good 
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Steam Naphtha' Reforming By The Imperial Chemical Industr ies  Process 
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Dresher, Pennsylvania 

In  1803 Thomas Robert Malthus published h i s  "Essay on Population" which culminated 
a f i v e  year study of population growth i n  a l l  the countr ies  of the world. Halthue 
concluded t h a t  population tends t o  grow a t  a r a t e  f a s t e r  than the r a t e  of growth 
of food producing resources and t h a t  therefore  famines, ware and pest i lence were an 
unavoidable means of checking t h i s  growth. Malthus' pessimist ic  view of the future  
was bourne out  in the 1800's by the Napoleanic wars followed by food shortages i n  
Europe and the I r i s h  famine of the 1840's. 

Some 70 t o  80 years later S i r  W i l l i a m  Crooks, the aminent English chemist who 
discovered the element thall ium, predicted that the a n t i r e  world faced 8 wheat 
famine i n  25 years because e x i s t i n g  euppliee of nitrogenous ferUlizers  (Chilean 
s a l t p e t e r )  would be exhausted by that  time. "The f ixa t loo  of 
atmospheric nitrogen is one of the grea tes t  diecoveries  awaiting the ingenuity of 
chemists". (1) 

Now, a f t e r  another period of some 70 to  80 years, a t t e n t i o n  is again being directed 
t o  the  age o ld  problem of producing enough food t o  support the world's growing 
population. The emphasis has passed, however, from the prevention of s tarvat ion t o  
maintaining and, hopefully,  t o  improving the d i e t  of undernourished mil l ions,  and 
as  w e l l  a8 t o  planning the use of raw material resources to feed the burgeoning 
population of the world. (2) 

That the  emphasis has sh i f ted  r e f l e c t s  with c r e d i t  upongivances i n  science. 
use of manures and composts-for Improving t h e  yield of farm products da tee  from the 
e a r l i e s t  days of c i v i l i z a t i o n .  I n  the eecond century before Chris t ,  Cato, i n  h i e  
book De re Rustica, de ta i led  the  benefi ts  t o  be derived from organic f e r t i l i z e r s .  
Arab echolars i n  the 10th Century noted the value of blood as  manure - suggesting 
t h a t  human blood was the bes t  kind. 

S i r  Crooks s ta ted:  

The 

American Indians placed f i s h  in t h e i r  corn h i l l s .  

Lacking, however, was the e c i e n t i f i c  approach t h a t  would iead t o  recognition of the 
value of inorganic eources of soil  nutr ients .  
i n  a v a i l a b i l i t y .  
a t  h i s  estate, Rothamsted. 

Obviously, organic material was l i n i t o d  
The f i r s t  e c i e n t i f i c  e f f o r t s  were undertaken by John Bennett Lawes 

L a w s  studied chemistry a t  Oxford and wae well  versed i n  the theore t ica l  discussion8 
of contemporary chemiets on the  subject  of s o f l  managemant. 
p r a c t i c a l  appl icat ion work on h i s  estate, tackl ing as h ie  f i r s t  problem the making 
of water soluble soil nutr ienta .  

By extonaive cxperinmntation i n  pot8 and then i n  the open s o i l  of the f i e l d s ,  Wes  
found t h a t  bones needed 8 preliminary treatment with acid t o  coosis tant ly  achieva 

He determined to perform 

1 

1 
J L 

i 

I 

A 

, 



41 

their maximum effecfiveneyss. 
rock phosphate with sulfuric acid to make soluble phosphates. 

By about 1880, application of Chilean nitrates to the soil was accepted, and 
shipment of nit'rates expanded 10 fold in the subsequent 30 years. (3) 
the background, the stage was set for some scientist to synthesize ammonia. 

One likes to think that the ability to synthesize ammonia opened a new era of well 
being for mankind. Unfortunately, nitrogenous compounds were as vitally important 
to the waging of war, at least before the atom bomb, as they were to the growing of 
food. 
Haber , World War I was declared. 
The production of nitrogen from various sources before and after World War I is 
shown in Table I. , 

In 1913, production of nitrogen totalled 851 thousand tons. 
had increased 38% to 1160 thousand tons. In the same 5 year interval of time, 
production of synthetic nitrogen increased 700% from 3% to 167, of the total 
product ion. 

Germany was the only nation to achieve self-sufficiency in nitrogen required for 
both explosives and fertilizers. 
plant in production until 1921. 

With the importance of fertilizers now scientifically demonstrated, and with 
techniques available to synthesize amnonia from the plentiful supplies of nitrogen 
in the atmosphere, attention was directed to alternate sources of, and economic 
means for recovering, hydrogen. 

In these early years, the various sources of hydrogen were limited to byproduct gas 
from the electrolysis of brine, byproduct gas from the conversion of coal to coke 
and "producer gas" from the reaction of incandescent coke with steam. 

Considerable work was being done on the reforming of gaseous hydrocarbons by the 
I. G. Farben interests. (4) Basic patents were issued in 1913 and 1927. Following 
an exchange of information with Standard Oil Development Company (now Esso Research 
C Engineering C o . ) ,  Standard Oil brought the process to comnercial realization in 
1930 with an installation of three reformers at their Bayway, New Jersey Refinery, 
Three more installations were made soon thereafter at their Baton Rouge, Louisiana 
Refinery. Standard Oil's installations were for the purpose of producing hydrogen 
to hydrogenate low quality gasolines, kerosene8 and diesel fuels. It appeared that 
hydrogenation of distillate oil stocks would be a major process for all refiners 
because of the relatively poor quality crude oils available at the time. 

In- 1842 he patented a process for treating bones and 
. .  

With this as 

Within 4 years after successful laboratory synthesis of aaunonia by Fritz 

In 1918, production 

The United States did not have an annnonia synthesis 

Concurrent with Standard's interest, Imperial Chemical Industries in 1928 undertook 
pilot plant studies of steam reforming of gaseous hydrocarbons. 
to a comeercial installation in 1936. 

In the latter part of the Thirties, Standard Oil's interest in the process waned as 
the need for oil hydrogenation processes failed to materialize. 
tinued their intensive pilot plant vork, as their prime interest was amnonia 
production and they recognized the importance of steam reforming in the preparation 
of anmonia synthesis gas. 

The United States chemical companies were not unaware of the potential for steam 
reforming, 

These studies led 

However, IC1 con- 

Both Hercules Powder Company and Atlas Powder Company approached I. G. 



. -. 

42 

Farben i n  the la t te r  par t  of r ' . e  1930's for knowhow and r i g h t s  t o  build reforming 
furnaces. Both companies we; r rejected (3). Hercules proceeded t o  develop i t s  
own reforming ca ta lys t  and firrnace, s t a r t i n g  up a small plant in1940. 

A t  the outbreak of  Norlo  War IL, the  United s t a t e s  ammonia industry was ill-equipped 
t o  handle the quantity of n l t iogen  required to support the war e f f o r t ,  since the 
major producers of amon ia ,  UuPont a t  Belle, kest Virginia and Allied Chemical a t  
Hopewell, Virginia were s t i l l  ciependent upon coke for hydrogen. There were seven 
other plants--a11 qisite s n a l l .  Five uwd e l e c t r o l y t i c  hydrogen, one cracked refinery 
ghses  and one reforr.ed n a t u r r . 1  gas. Cotisc?quer.tly, the U. S. government had con- 
c t x w t t a  terI nt-w aim . l a  p L s 1  with ac  r s t i aa t ed  annual productive capacity of 
bOV,CW t o  9OC,OOO to-1s p i  j t 'dr  of nitrogen--more than twice the productive 
c d F a c i t y  C J f  the p1ail:s ~ I r i r  . I ,  oprratio:: ( 3 ) .  

Of the ten new plants L d i l t  t.y the Government, s i x  were based on steam methane 
rcforminL. IC1 loared a t e a r  of engineers t o  cooperate in  the construction of three 
of the refoiming p l a n t s ,  and undoubtedly the I C 1  knowhow was of influence on the 
design of the other three reforming plants.  

ICI's i n t e r e s t  i n  refoiming of' hydrocaibons was not l i m i t e d  t o  gaseous hydrocarbons, 
AS ear ly  as  1936, I C ]  had demonstrated the a b i l i t y  to  reform su l fur - f ree  d i s t i l l a t e  
hydrocarbons. This technique was not commercially applied u n t i l  1954 when a plant 
a t  Heysham, England was adapted t o  reform a su l fur - f ree  synthe t ic  hydrogenated 
gasoline with a 192'C end poin t .  
p lan t  was converted to  reform s t r a i g h t  run d i s t i l l a t e  f rac t ions  w i t h  the same end 
point. 

The e a r l y  naphtha reforming p lan ts  operated a t  l o w  pressure, but further'development 
work led t o  a pressure process which permitted r e fuming  up t o  400 pounds pressure 
a t  steam to carbon (mol) r a t i o s  comparable to  those used i n  steam methane reforming. 

The success of  the I C 1  StLam Naphtha Reforming Process is being demonstrated today 
DY I C I ' s  own construction program. 
anmonia and methanol svnthes is  gas is already converted from coke to naphtha reform- 
ing. Adaitional annunia p lan t s  based 0x1 naphtha reforeirig a r e  planned or under 
construct ion. 

Furthermore 13 towns gas plants producing a 400-500 Btu per cubic foot  gas from 
naphtha a re  operating or under construction in  Great Britain.  

Reforming Reactions 

The reac t ions  occurring i n  steam naphtha reforming are bas ica l ly  the same as those 
i n  steam methane reformfrig, with the  addi t ion  of a s e r i e s  of reac t ions ,  extremely 
complex due t o  the length and configuration of the carbon chain of the  heavy 
hydrocarbons making up the naphtha fraction. 

The per t inent  reactions a r e  shown i n  Table 11. I n  reac t ion  1, subs t i t u t ion  of 
methane ((XI,+) for CnHm y i e l d s  a statement of the ove ra l l  reac t ion  fo r  steam methane 
reforming. In a l l  p robab i l i t y  the ac tua l  reac t ion  mechanism cons i s t s  of a cracking- 
dehydrogenation reac t ion ,  which produces carbon, and a concurrent and competing 
reac t ion  of carbon with steam t o  y ie ld  hydrogen and the carbon oxides, 

In t he  case of a naphtha containing various pa ra f f in i c ,  aromatic and naphthenic 
compounds having a boi l ing  range encompassing C4 to C1o f rac t ions ,  the complexity 
of the  reac t ion  mechanism increases grea t ly .  

After development of a su l fur  removal process, t h i s  

Prac t ica l ly  all ICI's capacity t o  produce 
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The a b i l i t y  of the reformipg process t o  operate successfully depends upon the 
avoidance of carbon laydown. 
one based on the equilibrium re l a t ions  expressed by-equations (2.1, (3.) and (4;) 
in Table XI, and the other based on the cracking-hydrogenation-polymerization 
react ions of the hydrocarbon. 

In  the  case of the f i r s t  mechanism, based on the reac t ion  of an average l i gh t  
d i s t i l l a t e  hydrocarbon with steam, IC1 has computed a tendency to form carbon i n  
the range-of lo00 t o  1200.P. 
rap id ly  i n  the presence of n icke l  catalyst .  
steam rate be reduced below a ce r t a in  hfniwnn, carbon forms Instantaneously through- 
out  each ca t a lys t  p e l l e t  causing the p e l l e t  t o  d i s in t eg ra t e .  ' 

The second car& forming mechanfsm is believed to  occur as a result  of a cracking- 
dehydrogenation react ion,  followed by polymerization to t a r r y  substances which, i n  
turn,  carbonize t o  a s o f t  sooty carbon. This carbon forma on the  ex te r io r  of the 
ca t a lys t  not within the in t e r sec t i c i e s .  No damage t o  the ca t a lys t  results from t h i s  
carbon deposition. 
i ts  a c t i v i t y  and a l s o  building up pressure drop through the ca t a lys t  bed. This type 
of carbon can be removed by oxidation (Le. regeneration with steam and air) without 
impairmant of ca t a lys t  a c t i v i t y  or physical strength.  Prevention of carbon is a 
matter of maintaining su i t ab le  steam r a t i o s  and keeping the  reactants  i n  contact 
v i t h  the ca t a lys t .  
is avoided. 

Reaction 1, in Table I1 is a highly endothermic reaction. 
w e l l  known water-gas s h i f t  react ion,  is exothermic. 
of the feed analysis  and t h e  po ten t i a l  for  carbon deposit ion,  makes necessary the select ive 
u re ,o f  a ca t a lys t  which promotes the desired reactions while also inh ib i t i ng  the 
reac t ions  leading t o  carbon deposition. 
heat input p r o f i l e  t o  the tubes of the  reformer. 

Refonmd gas from the naphtha reformar cons i s t s  of hydrogen, carbon dioxide, carbon 
monoxide, methane and t races  of heavier gaseous hydrocarbons. 
completely converted. 
both, the  i n i t i a l  cracking reac t ion  of the naphtha o r  reac t ion  2 (shown i n  Table XI) 
which is the  reverse of the steam methane reforming reaction. 

The IC1 Process 

The IC1 process cons i s t s  of sulfur  removal and steam reforming over a special  IC1 
ca ta lys t ,  followed by conventional processing techniques t o  make hydrogen synthesis 
gas fo r  imrsonia o r  methanol and towns gas. 

Two mechanism for carbon laydown can-be ident i f ied:  

This carbon forming reac t ion  takes place very 
In t h i s  temperature range, should the 

The ac t ive  surface of t he  ca t a lys t  Is blanketed, thereby reducing 

Care must be exercised in loading the ca t a lys t  so that  bridging 

Reaction 3, which is t he  
This, coupled with the complexity 

It a l so  necess i ta tes  prec ise  control of the 

Feed naphtha Is 
The presence of methane i n  the gas r e s u l t s  from e i the r ,  or 

Sulfur removal is fundamental t o  the successful performance of the IC1 refarming 
ca t a lys t ,  as the ca t a lys t  is su l fu r  sensi t ive.  A three-bed desul fur iza t ion  process 
is usually required. The f i r s t  bed is a bed of zinc oxide; the second bed a cobalt  
molybdate ca t a lys t ;  the t h i r d  bed another bed of z inc oxide. 

Elemantal su l fu r  and hydrogen su l f ide  are absorbed by the zinc oxide. 
and d i su l f ide  su l fu r ,  in the  presence of hydrocarbons and zinc oxide, are converted 
to hydrogen su l f ide ,  which it3 then absorbed by the zinc oxide. Thioethers are a l s o  
hydrogenated t o  hydrogen su l f ide  and 8fmilarly ramovad. Other su l fu r  compounds are 
non-reactive in the  presence of zinc oxide and are hydrogenated over cobalt  molybdate 
c a t a l y s t  t o  hydrogen su l f ide ,  which is removed In the f i n a l  zinc oxide bed. The 
su l fu r  concentration in the feed to the reformer is reduced to between 3 and 5 par t s  
per o i l l i o n .  

Mercaptan 
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The zinc su l f ide  formed i n  the above process must be per iodica l ly  replaced. I n  
the case o f  naphthas with high su l fu r  content, i t  may be economic to use preliminary 
e l e c t r o s t a t i c  acid treatment to remove most of the  su l fu r  before the three-bed 
treatment. 

After desu l fur iza t ion ,  t he  vaporized naphtha passes to  the steam reformer where it 
i s  admixed with steam and converted to a hydrogen-rich gas. The steam reformer 
i s  t h e  hea r t  of the process. 
tubes packed with ca t a lys t .  
number of burners. 
hand i n  hand w i t h  advancements i n  ca t a lys t  technology. 
can reform l iqu id  f r ac t ions  but a l so  produce a t  higher space ve loc i t i e s ,  with higher 
f l u x  dens i t i e s  and higher tube w a l l  temperatures than have been considered fo r  
methane reforming. 

A simple o u t l i n e  drawing of  a t yp ica l  steam reformer is shown i n  Figure I. De- 
sulfurized, vaporized naphtha flows down through a bed of ca t a lys t  contained i n  a 
multitude of  tubes. Because the reac t ions  occurring a t  the  top of the tube are 
highly endothermic, a l a rge  quant i ty  of heat must be contributed to the reac t ion  t o  
prevent carbon laydown. Various furnace designs accomplish t h i s  in  d i f f e ren t  ways. 
(4) I n  the furnace design shown (Selas Corporation of America), the var iab le  heat 
input down the  length of t h e  tube is accomplished through the  u s e  of a multiple 
number of rad ian t  cup burners arranged in hor izonta l  rows which can be independently 
f i r e d  t o  give the  optimum heat p ro f i l e .  

Suspended i n  the  center  of i t s  firebox are vertical 
These suspended tubes are heated ex terna l ly  by a la rge  

Advancement i n  furnace design and tube metallurgy have gone 
Reformers today n o t  only 

The tube w a l l  temperatures of a naphtha reformer w i l l  operate in the range of 1700 
t o  1750'F. The generally accepted technique fo r  manufacture of t h e  ca t a lys t  tubes 
is permanentmold cent r i fuga l  ca s t ing  of a Type 310 stainless s tee l  (ASTM 297-55 
HK). 
extruded tubes. 

Despite the grea te r  carbon laydown poten t ia l  of naphthas relative t o  gaseous hydro- 
carbons, t he  I C 1  ca t a lys t  is a b l e  to operate continuously without carbon laydown or . 
l o s s  of a c t i v i t y ,  even a t  operating conditions more severe than those of conventional 
steam methane reforming. 
r a t i o  and 400 pounds pressure. 
e f f luen t  gas composition, range from 1200 t o  1500.F. 
po in ts  as high as 400°F can be reformed. 
aromaticity,  

Application Of The I C 1  Process 

The appl ica t ions  of the I C 1  Steam Naphtha Reforming Process are the same as those of 
the  conventional steam methane reforming process. The process produces a hydrogen- 
rich stream containing, as impur i t ies ,  carbon dioxide,  carbon monoxide, methane and 
traces of heavier gaseous hydrocarbons. 
conventional techniques t o  g ive  e i t h e r  a r e l a t i v e l y  pure hydrogen, a hydrogen-nitrogen 
mixture f o r  amnonia synthesis, hydrogen-methane mixture fo r  towns gas, or a hydrogen- 
carbon oxide mixture fo r  methanol or oxo chemicals manufacture. 

Block-flow diagrams are shown i n  Figure I1 t o  de l inea te  the  fundamental d i f fe rences  
Of processing schemes f o r  hydrogen, ammonia synthes is  gas and towns gas manufacture. 

The scheme Qr hydrogen generation includes su l fu r  removal, the primary reforming 
reaction, s h i f t  conversion (where the  carbon monoxide is reacted with steam to 
produce wre hydrogen and carbon dioxide), and pu r i f i ca t ion  t o  remove carbon dioxide 
and to methanate the r e s idua l  quan t i t i e s  of the carbon oxides back to methane by 

The g ra in  formation is such t h a t  the tubes have higher stress values than the  

Current designs a r e  based on a 3 to  1 steam t o  carbon m o l  
Out le t  temperatures, determined by the desired 

Straight-run naphthas with end 
There i s  no r e s t r i c t i o n  on the  degree of 

This stream is  subsequently processed by 

i 
i 

1 

1 

1 
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react ion with hydrogen ( a reversal  of the reforming reaction).  
f i n a l  product has only pa r t s  per mill ion of the carbon oxides which are ca t a lys t  
poisons i n  most processes t h a t  require hydrogen. 
a t  temperatures su f f i c i en t ly  severe t o  minimize the methane i n  the o u t l e t  of the 
reforming process. 
t o  47. depending upon the ult imate use of the hydrogen. 

The r e su l t an t  

The reforming operation w i l l  be 

The concentration of methane w i l l  usually be of the order of 1 

The scheme for cumnonia synthesis d i f f e r s  from the hydrogen generating scheme by the 
addi t ion of a secondary reformer which combusts pa r t  of t hepoduc t  stream with air. 
The secondary reformer introduces the nitrogen required t o  y i e ld  a 3 t o  1 hydrogen- 
nitrogen mixture which, a f t e r  purif icat ion,  goes to an armnonia synthesis  converter. 

It is obviously not necessary t o  reform the naphtha as severely i n  t h i s  scheme, 
since a ce r t a in  amount of res idual  hydrocarbon can be used t o  combust with air. 
Under the  less severe operating conditions, the methane content i n  the product from 
the reformer w i l l  be i n  the range of 7 t o  10%. 
i n  cases where the reforming is not done under severe conditions,  naphtha does not 
show up i n  the product from the reforming step.  

I n  the secondary reformer, a f t e r  combustion, the gases pass through a ca t a lys t  bed 
tha t  fur ther  reduces the methane content. The secondary reformer is a refractory- 
l ined vessel which operates a t  a temperature higher than the o u t l e t  temperature of 
the primary reformer, thereby making it possible t o  achieve concentrations of methane 
i n  the product a s  low a s  one-quarter of one percent. 

The balance of the processing s t eps  are s imilar  t o  hydrogen manufacture, i.e. s h i f t  
conversion and purif icat ion.  

I n  the production of towns gas, the process scheme va r i e s  g rea t ly  with the f i n a l  
specif icat ions of the towns gas. I n  pr inicple  however, as shown i n  Figure 11, a 
low-severity reforming and s h i f t  conversion s t ep  is required. 
enrichment gas is a l s o  required,  and some balance must be s t ruck between carbon 
dioxide removal and i n e r t  gas makeup. 

It is i n t e re s t ing  t o  note tha t ,  even 

Addition of an 

Naphtha Reforminn Vs. Steam Reforminq 

A t  the  present t i m e ,  the  determinent for  using Naphtha Reforming instead of Steam 
Reforming i s  more one of raw mater ia l  a v a i l a b i l i t y  than one of economics. 
market areas  of the world, natural  gas e i t h e r  does not occur o r  has not been d i s -  
covered and developed. In these areas  na tu ra l  gas can only be made avai lable  by 
l i qu i f i ca t ion  and tanker shipment. 
oriented around o i l s  for  heat ing and, t o  an ever decreasing extent ,  around coal,  
Naphthas are usually i n  long supply, as the gasoline consumption is  not  great  
enough t o  absorb them. Here the I C 1  Steam Naphtha Reforming process has its 
broadest application. 

On the other hand i n  an econamy b u i l t  around na tu ra l  gas a s  a f u e l ,  and with a large 
automobile population a s  is the case i n  the United States ,  naphthas as a raw material 
fo r  reforming are too expensive r e l a t i v e  t o  na tu ra l  gas. 

To demonstrate the r e l a t i v e  values of naphtha and na tu ra l  gas as raw materials for  
reforming data  have been developed-from a recent ly  published paper on the economics 
of reforming ( 5 ) .  
reforming and E t h a n e  reforming a breakeven curve has been p lo t t ed  as sham i n  
Figure 111. 

I n  major 

The economies of these areas  are therefore 

By comparing the r e l a t i v e  requirement of feed and f u e l  f o r  naphtha 
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I n  Great Bri ta in ,  which conforme t o  the  condition of an oil-based o r  coal-based 
economy, lacking natural  gas resources ,  naphthas i n  large quant i t ies  can be 
contracted for  a t  a pr ice  of about 0.8 cents  per pound. The breakeven value of 
na tura l  gas i s  47-48 cents  per mi l l ion  Btu--not an unusually high pr ice  i n  terms 
of the U. S. economy, but without s ignif icance i n  Great Br i ta in  where the gas i s  
not na tura l ly  available. 

However, i n  the  case of the  United S ta t e s  which i s  the la rges t  natural-gas-fuel- 
based economy having a la rge  automobile population, naphthas on the East Coast sell  
in the range 1.5 cents per pound. 
mi l l ion  Btu, o r  j u s t  about double the going market pr ice  for  na tura l  gas. 

h e  United S ta tes  economy, with respect  t o  taoutces and uses of na tura l  gas, 
automobile population, and r e f in ing  capacity is a mature enough economy tha t  no 
unusual dis locat ion of t h i s  p r i c e  s t ruc ture  is ant ic ipated.  
i n  many of the major market areas such as Great Britain. 
na tura l  gas in Holland and the North Sea could have a s igni f icant  bearing on the 
fu ture  economics of the  e n t i r e  European area. 

To the  ex ten t  that na tura l  gas replaced fue l  o i l  for  heating purposes, crude o i l  
runs would be reduced, thus reducing the surplus of naphtha. 
automobile population of Europe would absorb more of the naphthas. 
would be firming of the  p r i ce  f o r  naphtha. 

In  view of the pqteat iaIQ unstable  fue l  economy in Europe, many naphtha reforming 
pro jec ts  under bid requi re  r a t i n g  of the naphtha reforming equipment on na tura l  gas. 
The I C 1  process i s  readi ly  converted t o  methane reforming. 

The natural  gas breakeven is about 90 cents  per 

Such is not the case 
Extensive discoveries  of 

The expanding 
h e  ne t  r e s u l t  

1. 

2. 

3. 

4. 

Basic t o  naphtha reforming a r e  the following processing s t eps  not required by methane 
reforming: 

1 
Desulfurization. Ei ther  a f ixed bed o r  combination of e l e c t r o s t a t i c  acid 
t r ea t ing  and a f ixed bed. 

Vaporization f a c i l i t i e s  f o r  naphtha. 

Imperial Chemical Indus t r i e s  aaptha reforming ca ta lys t .  

Larger capacity f a c i l i t i e s  for  carbon dioxide ramoval. 

Were a naphtha reforming plant  t o  be converted t o  Prthane r e f o d n g ,  the acid- 
t r ea t ing  su l fu r  removal s t ep  and the naphtha vaporizer could be dispensed with. 
The fixad-bed desulfur izer  could be used for  remaval of su l fu r  from the na tura l  gas, 
although the desulfur izer  would be grossly oversized. 
metkana equally well as naphtha. 
s ized,  s ince  the less favorable carbon-to-hydrogen r a t i o  of naphtha, r e l a t ive  to  
methane, r e s u l t  i n  the production of amre carbon dioxide per un i t  of product. 
Table 111) 

. 
I 

The I C 1  ca ta lys t  w i l l  reform 
Carbon Dioxide r m a l  f a c i l i t i e s  would be over- 

(See 

In the case of cap i t a l  investment, i t  has been s h m  ( 5 )  t ha t  the ba t te ry  limits cost 
for  an amPonia plant  based on naphtha reforming is about 18% greater  than for  one 
based on methane reforming. 
reforming p lan t  investment is  about 30% greater  than tha t  of one based on methane 
reforming. It should be noted that although the two percentage f i g ~ r e S  are d i f fe ren t  
by a l a rge  degree, nevertheless  the order-of-magnitude differences of the absolute 
values  are roughly comparable, s ince  the comonia plant  cos t  includes t h e  cos t  of the 

For a plan t  t o  produce 97% pur i ty  hydrogen, the naphtha 
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ammonia synthesis loop, Technological advances i n  the IC1 process during the past 
year have resul ted i n  pressing the technological f r o n t i e r  back f a s t e r  than methane 
reforming, and the spread between the cos ts  f o r  naphtha reforming and methane 
reforming a r e  probably somewhat diminished foday. 

Conclusion ~ 

Science has demonstrated over the years  the a b i l i t y  to  develop new technologies 
t o  meet the ever increasing demands ofpopulation for  food. 

What once was a problem of elimination of s ta rva t ion  has now become a problem of 
maintenance, and improvement, of a minimum d i e t .  

Technologies have been developed which f ree  the world from the uneconomic r e s t r i c t i o n s  
on the  uae of raw materials t o  manufacture f e r t i l i z e r s .  DevelopWW of o i l  resources, 
shipping f a c i l i t f e s  and technologies, such a s  the Imperial Chemical Indus t r ies  Steam 
Naphtha Reforming Process, permit the construction of economic f a c i l i t i e s  for  amPonia 
manufacture anywhere i n  the world. 

The problam of carbon deposit ion when r e f o d g  l iquid f rac t ions  has been solved by 
the developlnent of the IC1 ca ta lys t .  
ing has pushed naphtha reforming techhology beyond methane reforming technology, 
and furnaces a re  now being designed a t  higher space v e l o c i t i e s ,  higher pressures,  
high tube w a l l  temperatures and high heat  f l u x  dens i t ies .  

Continued development work on naphtha reform- 
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2. "World F e r t i l i z e r  Requirsmants", Colaman, Chemical 6 Runinearinn News, 
Decamber 2, 1963, p. 84 

3. 

4. "Steam &thane Reforming For Hydrogen Production", R. J. Kenard, Jr., 

"Cartels i n  Action", Stocking 6 Watklns, The Twentieth Century Fund, 1946 

Petroleum, Narch 6 April 1962 

5. "We Hydrogen by Naphtha Reforming", J. Voogd 6 J. Tielrooy, Hvdrocarbon 
Proceesinn 6 Petroleum Refiner, Narch 1963. 
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TABU I 

,A Production of Nitrogen Prom Various Sources Before And After World War I 

Chilean Ni t ra te  
By Product Nitrogen 
Cyanamide Nitrogen 
Synthetic Nitrogen 

TABLE I1 

Thousands of tons of nitronen 
1913 

473 487 
313 402 
42 98 
24 

852 
- x2 

1159 

I 
i 
A 

/' 
c 

React ions j 

1. CnHm + nH20 - n 00 + 2n + m 82 
2 

TABLE IIT 

Carbon Dioxide Produced BY Reforminn Reactions 

Hydrogen Production - 97% tons 0 2 1  W SCP H2 

Steam Methane Reforming 
Steam Naphtha Reforming 

14.51 
17.90 

Amonla Synthesis Gas Production tons ~ ~ I t o n  &nia 

Steam Methane. Beforming 
Steam Naphtha Reforming 

1.22 
1.58 

4 



Figure I 

&aim of Selas Corporation of America Steam Reformer 

. 
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The Production of High B. t. u. Gas from Light Petroleum 
Distillate by Low Temperature Catalytic Steam Refdrming 

Robert G. Cockerham 
George Percival 

Solihull, U.K. 
Gas Council, Midlands Research Station 

Summary 

value gas  by the steam reforming of light petroleum distillate under p re s su re  at 
low temperature. The distillate is f i r s t  purified and then gasified to a methane- 
rich gas over a catalyst a t  500O-550OC. At this temperature carbon deposition 
is avoided and steam-distillate ratios approaching the theoretical minimum can be 
employed. 

,I This paper describes processes for the production of high calorific 

i 

. I  

After carbon dioxide removal, the product gas would have a calorific 
value of 800-850 B.t.u./cu.ft.  I 

4 

.l 
li 
I 

1 
.. 

The methane-rich gas  which is non-toxic and free of sulphur may be 
methanated at about 350OC. 
temperature -produces a gas , which after the removal of carbon dioxide, contains 
over 95 per cent of methane. 
With butane, high calorific value gas can be produced in one stage. 

The re-establishment of equilibrium at this lower 

The calorific value of this gas would be 950 B.t.u/cu.ft. 

Results a r e  given f o r  experimental work in the laboratory and on a pilot plant 4 
in which the feedstock varied from butane to distillates’boiling up to 170°C. 

I Introduction 
4 

Work on the catalytic gasification of light distillate began at the Midlands 
Research Station of the Gas Council i n  1956; The investigation w.as designed to . 4  
develop a process for the manufacture of a gas with a calorific value of 500 Btu per 
cu.ft. for  peak load use alongside coal gasification plant operating at  pressure.  A 
pr imary  consideration w a s  plant cost and therefore an autothermic system was chosen 
which required the introduction of air for  internal combustion. 

I 

, 

The early laboratory work indicated that steam economy and a high thermal 
efficiency would be more  readily achieved i f  the transition from distillate to town gas 
were made in two principal stages.  In the first,  steam /.and distillate reacted at 
about 5OOOC over a highly active catalyst to give a gas rich in methane and, in the 
second, a reforming reaction reduced the methane content of the gas to the level 
required for  town gas. The temperature of the first stage w a s  maintained by the 
exothermic formation of methane whilst the combustion of air supplied to the second 
satisfied the thermal requirement of the reaction between the methane and steam. 



It is the.gasificatlon.of the ,distillate.in the first stage which provides the .,53 
substance of this paper, however, since'ggas of .up to 050 Btulcu. f t .  c'alorific'.value 
can  be prepared by,it. 

:the gas .obtained., . 

j LI The Catalytic :Gasification of Dist1llate"at P res su re  

(a) Laboratory Experiments on Process  Design 

the gas produced' consists of methane, hydrogen, carbon monoxide and carbon dioxide. 
Provided that the catalyst is sufficiently active the following reactions a r e  brought to  
equilibrium : 

Still higher calorific values can be achieved by methanating 
. I . ,. . .  

. .  .... 

, . .  . 

. .  . .  . .  
I 

i , .  
. .  

. When hydrocarbons a r e  gasified with steam in the presence of a catalyst 

CO + 3H2 == CH4 + H20 .... (i) 
CO + H 2 0  + CO2 + H2 .... (ii) 

At equilibrium, the gas composition is determined by  the reaction conditions, 
SO that for a given ratio of steam to hydrocarbon the gas becomes r icher  in methane 
as  the working pressure is raised and the reaction temperature is lowered. A s  the 
system moves towards methane the steam requirement falls and the overall rea.ction 
becomes exothermic. Conditions may be chosen,. therefore in which it is ,  possible 
to convert a hydrocarbon feedstock to a methane rich gas continuously, the heat of 
reaction being sufficient to provide for  heat losses  from the system. 

Laboratory experiments showed that a temperature within the range 400-550°C 

In order  to establish equilibrium at these temper- 
eliminated the danger of depositing carbon by the thermal decomposition of the hydro- 
carbon before reaction with steam. 
atures  it was necessary to use a very active catalyst and to f ree  the feedstock from 
sulphur compounds to avoid poisoning it.  The composition of the gas  produced when 
distillate was gasified with twice its weight of steam at 500OC. and under a pressure 
of 2 5  atmospheres is given in Table 1. 

A process was envisaged, therefore, in which vaporized hydrocarbon in the 
form of Liquified petroleum gas o r  light distillate was  freed from sulphur compounds, 
mixed with steam, preheated and supplied under pressure to a suitable catalyst. The 
removal of sulphur from the feedstock eliminates the need for  gas purification and 
safeguards catalysts that a r e  used in subsequent reactions. 
employed allows the steam requirement to be reduced t o  the minimum and increases 
the thermal efficiency of the process. Approximately 1 . 0 5  therms of methane-rich 
gas  are produced pe r  therm of light distillate supplied and, i f  heat recovery is 
practised, an overall thermal efficiency of 95% can be achieved. The flow diagram 
of the process shown in Fig. 1. includes the purification of the feedstock, gasification 
and the removal of carbon dioxide. 
recycled to  provide hydrogenating gas for  the purification section. 

- 

The low temperature 

A small proportion of the scrubbed gas is 
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'able 1 The Composition of Gas Produced at  500°C and 25 Atmospheres 

Gas Composition, 
per  cent by volume. 

co2 
co 
H2 
CH4 
H 2 0  

Calorific Value, Btu. pe r  cu.ft. 

Equivalent Temperatures for  the 
equilibria, "C. 

C O  + 3H2 p CH4 f H20 
C O  + H 2 0 S C 0 2  +- H2 

Wet 

10.4 
0 . 3 5  
8.45 

31 .2  
49.6 

496 
500 

20.6 
0.7 

16.8 
61.9 - 
6 7 1  

Calculated to  
c02 = 1% 

1.0 
0.85 

20.95 
77 .2  - 
836 

(b) The  Purification of the Feedstock 

The amount of sulphur in light distillates available in the U.K. is 
within the range 100-500 p.p.m. by weight. 
and disulphides a r e  present, but in the higher boiling mater ia ls  heterocyclic 
sulphur compounds may be found. 

In low boiling fractions mercaptans 

Early experiments showed that the removal of sulphur compounds from 
distillate i n  the liquid phase was unlikely to be successful and that a chemical method, 
applicable t o  all types of sulphur compound was essential to  achieve a satisfactory 
degree of purity. 

Absorption of sulphur f rom distillate in the vapour phase, a t  pressure, 
was therefore attempted, using alkaline i ron oxide in the manner in which it has been 
used for  synthesis gas. 
conversion of sulphur compounds to hydrogen sulphide, and the presence of a trace 
of oxygen in the gas facilitates absorption a s  sulphur oxides in the alkali. Oxygen 
could not be used with distillate with which it reacts  preferentially although, when 
hydrogen was added to  the distillate vapour, i ron oxide had an adequate capacity to 
absorb the sulphur a s  hydrogen sulphide without oxidation. 
sulphur compounds could be more effectively hydrogenated by treatment separately 
over a molybdenum based catalyst a t  350 - 400°C. The process  thus developed a s  
the vaporization of the distillate, admixture of hydrogenating gas, the conversion of 
sulphur oompounds over a molybdenum catalyst and the absorption d the hydrogen 
sulphide formed in iron oxide. 

This reagent operates by a mechanism which involves 

It was found that the 

Commercial molybdenum catalysts supported on alumina were found to  
be suitable for the conversion step, when about half a cubic foot of hydrogen was 



used per pound of distillate. 
w a s  retained a s  it is a powerful absorber of hydrogen sulphide at elevated temper- 
ature; i t  is porous and there is rapid diffusion, ,*to. the interior.  of,granules. 
Prepared forms a r e  of necessity of lower porosity, but this is of l i t t le account since 
absorber vessels a r e  designed for relatively long.,periods ,of operation. ,... The crude 
mater ia l  contahs  a p p r o x 6 a t e l y  67' of alkali and approximately 507O:by weight of iron 
oxide a s  f e r r i c  .oxide. 
convepjon to, hydrated magnetic oxide of iron o.ccurs and s,ulghur absorption proceeds 

Luxmasse, widely used fo r  synthesis gas  purification 55 

There is evidence however that under -working,conditions 

according tb the &quati+:- . I  : ,..: .:, . ,  

Fe304 + 3H2S + H2 - 3  FeS f 4H20 

. . .  After treatment, the amount of sulphur e distillate. w a s  very small, 

2 in all cases  less than one part per. million, and a special analytical technique w a s  
required to measure it accurately. 
proved satisfactory, the sulphur being finally estimated by nephelometric titration 

A combustion p,rocedure described by Wickbold 

with 0.0025M. barium chloride. . .  
.. 

. .  The amount of hydrogen added is many times the.quantity,theoretically 
required f o r  reaction with t h e  sulphur compounds in order  to displace the equilibrium 
towards hydrogen sulphide. In some c a s e s ~  even more would be required, because i t  
was found that i f  olefins were present in the distillate they were hydrogenated, although 
aromatics in the distillate were unchanged after processing. .The quantity of olefins 
in the distillates available was insufficient to show this directly, but distillates f rom 
olefinic crudes were simulated by the addition of n-hexene and n-heptene, and styrene 
was .employed to represent the effect of blending in fractions from cracked stocks. 

' 

The process described has  been applied to a number of distillates 
ranging from butane; containing 0.6 per cent of butenes and 8 par ts  pe r  million of 
sulphur, up to kerosene, containing 3 per  cent of olefins and 1000 par ts  per million 
of sulphur. 
hydrogen supply and temperature. 

With the higher gravity distillates, it w a s  neces,sary to increase the 

In reforming processes,make gas is usuaUy used as the hydrogenating 
gas  for purification and this practice can be followed when making rich gas, if the 
volume recycled is increased to compensate for  i ts  low concentration of hydrogen. 
Carbon dioxide should be removed to below 5 per cent since it interferes with the 
purification. 

(c) Fur ther  Laboratory Experiments on the Gasification Reaction 

After purification,the gasification process outlined operated satisfactorily 
in the laboratory with butane and low- boiling types of distillate using in the gasification 

3 stage a co-precipitated nickel-alumina catalyst formulated for methane synthesis. 
Fu r the r  development of the catalyst has since been necessary, however, since with 
distillates of higher specific gravity and boiling point, it was found that there was 
a tendency for the catalyst to  lose activity. 
length during an  experiment until it extended to the full depth of the catalyst bed and 

The reaction zone would increase in 

, 
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undecomposed distillate would then appear in the product gas. 

Considerable evidence has now been collected which indicates that the 
deactivation with higher boiling distillates is due to the formation of a polymer 
which reduces the accessibility of the reacting molecules to the surface of the 
catalyst. 
the production of radicals on the catalyst surface which may either react with steam 
o r  link together to  form polymer. 
and the deposition of carbon, however. 
down of distillate molecules to carbon atoms which appear to enter the catalyst 
structure and crystallize from there leaving the surface active. 
continue until there is a blockage, whereas no increase in back pressure  is observed 
during the deactivation of catalyst by polymer. 

The work of Kembal14 throw&> light on a possible mechanism involving 

There is a difference between this polymerisation 
The latter depends upon the complete break- 

This process can 

The regeneration of deactivated catalysts has been only partly successful, 
Oxidation processes which will  remove the polymer also damage the catalyst and 
the original level of activity cannot be restored. Treatment with hydrogen at the 
working temperature w i l l  re-activate a recently poisoned surface. The object of 
the experimental work, however, has been to  minimise polymer formation and the 
stage has now been reached where the loss  of catalyst activity has  been reduced to 
negligible proportions with the distillates available. 

This has been achieved by modifying the catalyst composition, using an  
optimum preheat temperature for  the distillate and paying attention to the r a t e s  of 
supply of feedstock and s team to the catalyst bed. Distillate having a boiling point of 
170°C. can be gasified satisfactorily and it is estimated that the life of the catalyst in 
a commercial  plant w i l l  be a t  least  one year and possibly up to five years.  

Experiments a r e  continuing with feedstocks of higher boiling point and in the 
laboratory it has been found possible to gasify kerosene. 

(d) The Steam Requirement 

affects both the thermal efficiency and the operating costs, i t  has been the practice 

. .  
Since the amount of steam used in all reforming processes is an  i tem which 

during the present investigations to keep the amount near the theoretical minimum. 
The minimum is governed by the fact  that catalysts not only establish the methane-steam I 

and water gas equilibria but also promote the Boudouard reaction: 

2 co+co2 4- c 
Carbon will tend to be deposited by this reaction if the concentration of carbon monoxide 
in the gases  exceeds the value corresponding to the equilibrium. 
exercised by allowing an  excess of steam to l imit  the carbon monoxide/dioxide ratio 
according to the water gas  reaction. 
to prevent carbon deposition by this reaction can therefore be calculated from the 
equilibrium constants. 

Control can be 

The minimum amount of process steam required 

Fig.  2 shows t h e  curves f o r  the minimum steam requirement for  hexane when 
reformed at various p re s su res .  
and then fall again a t  the highest temperatures, the la t ter  values a re  not attainablt’ 

Although the curves pass through a maximxm 



in practice since the system would inevitably have been taken.through the lower 
temperatures.  The curves indicate that at a temperature of 53OoC f o r  exam,ple, 
and under a -p res su re  of 20 atmospheres the minimum steam-hexane ratio is 1..0. 
parts.  by weight. These a r e  similar to the conditions .which are employed in: the 
gasification stage of, the. process but allowance,must be made for  the composition 
of .distillate feedstocks and a--margin provided against accidental fluctuations,. A 
steam-distillate ratio of .l. 2 has been satisfactory in the laboratory but, :for the 
commercial production of rich gas under pressure,. a ratio of 1 . 5  would be regar,ded 
as the minimum for distillates boiling up to 17OOC. It wi l l  be noted that steam 
ratios of 1 .6  and 2 . 0  have been used on the pilot plant but this, is because in the U.K. 
the rich gas has subsequently to be r'eformed at  a higher temperature in  order  to,. 
reduce i t s  calorific value t o  500 Btu/cu.ft.. The effect of varying the proportion of 
steam supplied on the composition of the gas produced is given in Table 2 .  

5 7  

. .  
.TABLE 2.. . . , .  

. .  

The Effect of Varying the Proportion of Steam on the Composition of the 
Gas Produced at  54OOC and 25 atmospheres 

Steam supphed, lbs/lb distillate . 

Gas Composition, dry, pe r  cent by volume 
c o 2  

H2 
C H 4  

co 

Gas Composition, dry, calculated to 
1 . 0 %  carbon dioxide, pe r  cent by volume. 

c o 2  

H2  
CH4 

co 

Calorific Value, Btu/cu. f t .  

1.2 

2 2 . 5 5  
2 . 0  

1 2 . 5  
6 2 . 9 5  

1 . 0  
2 . 5 5  

1 6 . 0  
8 0 . 4 5  

8 59 

1 . 6  

2 2 . 8 5  
1 . 7 5  

1 6 . 1 5  
5 9 . 2 5  

1 . 0  
2 . 2 5  

2 0 . 7  
7 6 . 0 5  

829 

2 . 0  

2 2 . 9 5  
1 . 5 5  

1 9 . 2 5  
5 6 . 2 5  

1 . 0  
2 . 0  

2 4 . 7 5  
7 2 . 2 5  

803 

(e) Pilot Plant 

The pilot plant i n  operation at  Solihull is shown in  Fig. 3. It has  an 
output of 1 1 5  million cu.ft. of town gas per  day. 
vessels  constitute the distillate purification section followed by the catalytic gasifier, 
second reforming stage for town gas, carbon monoxide converter and final cooler, in 
that order.  No provision w a s  made for removing carbon dioxide from the gas since 
this w a s  regarded as an established operation and gas compositions can be readily 
adjusted. 

From the left, the three short 

The pilot plant was designed to have catalyst beds of a s imilar  depth 

I 
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to those of a commercial plant and, therefore, a t  a given space velocity, 
the l inear velocity of the reactants through the beds is full scale.  
then involves an increase in  reactor diameter only and i t  is believed that large 
units can  be designed from test  results with confidence. F o r  this reason the pilot 
reactors  a r e  long, of small  diameter and liable to heat l o s s  from the walls. This 
was prevented by the use of electrically heated lagging. No heat exchangers were 
used on the pilot plant, the preheating of the distillate vapour pr ior  to purification 
and of the process steam being carr ied out in gas fired equipment. 

Scaling up 

The control of the plant during tes ts  involved maintaining constant 
preheat temperatures to  both the purification and the gasification sections and 
adjusting the steam supply to  give the appropriate ratio. 
to the gasification catalyst  was 44OOC when butane w a s  used and varied from 460" 
to 535OC in the case of distillate feedstocks. 
least  a month in order  t o  obtain an indication of the life of the gasification catalyst. 
Observations of the movement of the reaction zone a r e  made with a system of thermo- 

. The preheat temperature 

The tes ts  have normally lasted at 

Wet 
13.0 
1.0 

12.0 
57.4 
$6.6  

couples. 

Table 3 gives a selection of results covering different feedstocks, 
steam rat ios  and pressures.  

Dry 
20.5 

1.55 
'18.95 
59.0 - 

TABLE 3 

The Results of Pilot Plant Tests 

Gas Composition, pe r  cent by volume Wet '  
co2 14.4 
co 1.0 
H2 12.6 
CH4 37.8 
H 2 0  34.2 

Dry 
21.9 

1.5 
19.15 
57.45 - 

Wet 
9.2 
0.3 
7.5 

32.7 
50.3 

' D r y  
18.5 
0.6 

15.1 
65.8 .. 
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The effect of changing the-feedstock can be seen by comparing Tests 1 

and 2 in which distillates boiling up to 170bc  and 1 1 5 6 C  respectively were used 
under 'identical conditions of pressure,  preheat temperature and steam ratio. 
The concentration of carbon dioxide is. lower in the gas  produced-from the lighter 
distillate whilst the methane content of the scrubbed gas  i sh ighe r .  at  59. 0 per . .  ' 

cent. Test  3 was carr ied out using butane a t  25 atmospheres pressure and with. 
a steam ratio of 2 .0 .  
high concentration of methane in the product gas .  

The low preheat temperature of 440°C gives rise to  a 

Calculated gas  compositions a r e  given i n  which carbon dioxide has  been 
It will be seen that the calorific values of the result- removed to one per  cent. 

ant gases would lie in the range 807 to 855 Btu per cubic foot. 

A commercial  plant is being built for the production of 25,000 therms 
per day of methane-rich gas  a t  1 7  a tm.  pressure from a distillate feedstock. 

(f) The Production of Gas Interchangeable with Natural Gas 

Although the process so far described is capable of producing a gas 
having a calorific value of up to  850 B.tu per  cu. ft , the piesence of hydrogen 
raises  the flame speed above the level of certain natural gases .  
interchangeable with natural gas,  therefore, the equilibrium needs to be estab- 
lished at  as low a temperature a s  possible. When liquefied petroleum gases a r e  
used a s  the feedstock the reaction with steam may be ca r r i ed  out a t  a temperature 
between 300°C and 400°C. Gas of the following composition was produced when 
butane w a s  gasified a t  25 atmospheres pressure using a steam-butane ratio of 1.3 
by weight :- . 

In o rde r  to b e  

C02 17. 75, CO 0.05, H2 1 .8 ,  CH4 80.45 per cent by volume. 

After the removal of carbon dioxide this gas would contain 96. 55 per cent of 
methane and have a calorific value of 970 Btu/cu. f t .  
however, the temperature of the gasification stage cannot be reduced to this low 
level without causing deterioration of the catalyst, but a subsequent methanation 
stage can be used. 

With high boiling distillate, 

The pilot plant was equipped with an auxiliary methanation tube through 
which g a s  from the gasification catalyst was passed at 360°C and 25 atmospheres 
pressure.  If carbon dioxide had been removed, the dry gas produced would have 
had the following composition, p e r  cent by volume :- 

C02 1.0, CO 0.3, H2 0.7,  CH4 98.0, Calorific Value = 977 Btu per cu.ft.  

When two stages a r e  used it is convenient to condense some of the undecomposed 
steam as an intermediate step in order  to raise the concentration of carbon oxides 
in the reaction zone. 
problem of heat removal f rom the catalyst bed during methanation to be encountered 
There a r e  a number of ways in which this may be done, but a discussion of these 
techniques is outside the scope of this paper.  When operating a t  25 atm. pressure,  
1 therm of methane can be produced from 0.98 therms of distillate at a thermal 
efficiency of 95%. 

The scale of the experiment was not l a rge  enough for  the 
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This  paper desc r ibes  t h e  use of  l i g h t  petroleum d i s t i l l a t e s  f o r  t he  prod- 
uc t ion  of gas of  high c a l o r i f i c  value. 
t o  rrethane and ethane by r eac t ion  with gas  r i c h  i n  hydrogen. 
is obtained as a by-product. 

I n  t h e  p rocess  t h e  d i s t i l l a t e  i s  converted 
An aromatic condensate 

Two methods o f  ca r ry ing  out  t h e  opera t ion  have been used. I n  t h e  f i r s t ,  a 

The second uses  a f l u i d i s e d  bed of coke f o r  t h e  same purpose and can be 
hydrogenator of sim$e design inco rpora t e s  temperature c o n t r o l  by r ecyc l ing  t h e  reac- 
t i n g  gases. 
opera ted  t o  g ive  a n  increased  y i e l d  of l i q u i d  products.  

I. In t roduc t ion  

The hydrogenition of  o i l s  m s  developed i n i t i a l l y ’  for  t h e  enrichment cf 

I n  r ecen t  y e a r s  hydrocarbon refbrrners ope ra t ing  at 
l e a n  gas produced by t h e  t o t a l  g a s i f i c a t i o n  of coa l  with steam and oxygen, for 
example, by the  Lurgi  Process. 
high pres su res  have been c‘eveloped which a r e  ccpable of gas i fy ing  d i s t i l l a t e  t o  prod- 
uce a conpara t ive ly  l e a n  gas. I t  i s  i n  assoc iGt ion  v i t h  such p l a n t s  t h a t  hydrogenat- 
i o n  u n i t s  a r e  be ing  ex tens ive ly  introduced. 
producine gases of h igh  c a l o r i f i c  value which can be used as  a s a t i s f a c t o r y  s u b s t i t -  
u t e  f o r  na tu ra l  gas. 

The hydrorenation s t age  is capable o f  

11. The Hydrorenation Process  

‘;;hen a mixture of d i s t i l l a t e  vapour and l e a n  gas a r e  exposed t o  a ternperat- 
Lire of 7CC - 750°C t he  hydrogen i n  t h e  l e a n  gas  r e a c t c  with t h e  d i s t i l l a t e  t o  produce 
gaseous hydrocarbons, mainly met1;ane and ethane. L i t t l e  charge i n  gas  volume occurs. 

( - CH2) + H2 --+ CHq 

1 vol.  I vol. 

63 

2(  - CH2) + H2+ C2H6 

1 vol. 1 vol. 
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IIT. The Gas Recycle ::ydrogenator 

, 

2 The i2rdrogenator 1s si:oi.I:, d i a g r x a t i c a l l y  i i i  Fie.. 1 . 1t:consis t : .  o,f 2 

cjr1ind:ical vesse l  wi th  2 c o a x i i l  tube  i n s i d e  i t  ecclosed within a p r e s s u r e  vesse l  
of su f f i c i e r t  diameter t o  allow 9" of hea t  i n s u l a t i o n .  T h e  n i x t u r e  of d i s t i l l a - t e  
m d  hjrdroEen 8re introduced t??roGEh a j e t  et hich v e l o c i t y  and d i r e c t e d  dowi t h e  
i n n e r  tube. The momenturr, o f  t h e  j e t  c-,uses the  gaseo'm recictants  t 3  c i r c u l a t e  do:;n 
t h e  tube and up t h e  m n u l u s .  The r e c i r c u l a t i o n  r e s u l t s  i n  the  rni:rinE o f  t h e . i n l e t  
renc ta i i t s  with a r e l a t i v e l y  l a r g e  volume of h o t  (1358s a l ready  a t  r e a c t i o n  ten?erat- 
u re .  In t h e  p i l o t  _r>lnnt, a r e c i r c u l a t i o r  r e t i o ,  i . e .  t h e  niinbcr of vnlur:es of re- 
c i r c u l a t i n g  gas p e r  volur:e of  r e a c t a n t s ,  o f  10 : 1 or c:ore h a s  been readily zci:ieved. 

The r e c i r c u l a t i o n  o f  gases  g i v e s  p r e c i s e  c o n t r o l  o f  react?-on te;:.:;eratcre 
and t h e  tenpera ture  d i s t r i b u t i o n  wit!iin t h e  r e a c t o r  i s  recarkably even. Excegt i? 
t h e  v i c i n i t y  of t h e  i n l e t  j e t  tb.e t e c s e r a t u r e  n r i . n t i o n  i n  t h e  r e a c t o r  i s  u i t h i n  
j - 4-C. 
reEuired teoprra ture .  t!::cn iwkinc pse : ;  o f  hiEh c a l o r i f i c  value t h e  prc1ier.t te.?per- 
a t u r e  r c - q u i r e d  is usually i f i t h i n  t k e  r a n p  400 - 450-C v!lilst rmintaininr; 2 rcac t i3n  
t e n p e r a t u r e  of 700 - 750-C. 

It is  r ierely necessary  t o  c o n t r o l  t h c  preiiezt t e c y e r s t u r e  t o  cz in t t i in  tile 

The d i s t i i l e  t c  i s  converted t o  hydrocari;or. :;:-see, min1.i e t  
v i t h  s : ~ a l l  q u a n t i t i e s  of o l e f i n e s .  T!ie pronor t ion  of  e thsne  i.ncre<?se:; ;- s ::-.e rt-:?c- 
t i o n  ter:i?erntu.re i s  lowered. The output  o f  a r e a c t o r  of a Given sire v 
as t h e  pressure .  At a given Zjresscre, however, a ~ ' l a n t  + P  exbre..e!.;- fl. 
o u t y ; t  can be cor.tro3led over  w i d e  l i n i t s .  

I n  t r o u b l e  f r e e  o+ra t ion  c v e r  l o n ~  ;;erio.:c ca-bor! dr_- 
avoided. This  Eovei-as t h c  choice  of o5cacir : ;  c c n d i t i o x  e 
p r e s s u r e  i s  co:rpzrotively lot!. Cpers t icn  at  359 3.s.l.c. e 
of  ECO Btus/s.c.f. t o  be r e a d i l y  attai.-.ed ::it11 zn  o2crct i r .g  
A t  lower p r e s s u r e s  or when a t t a i n i n g  h igher  c d o r j  i i c  vo lues  5 . t  
l o u e r  the  texpernture .  9e lou  about 675% hoveve- t h e  reactj.or. i 
becomes uns tab le ,  7OW.C i s ,  t h e r e f o r e ,  consi.dere6 t o  be a zcfe z 
temperature. The p r e s e r c e  of  5 - 1Q: of  s t e x  I.r t h e  Lydrozetxsti:-.z E": 1.: 

~1,: 



s u f f i c i e n t  t o  overcome any renaini.-; tendency f o r  carbon deposit ion.  
g o t x s i u n  carbonatc scrubber i s  used to  remove carbon d ioxide  f r o n  t h e  lean gas ,  
t h e r e  is s u f f i c i e n t  steam l e f t  i n  t he  gases  f o r  thi;, gurpose. 

If a hot  

Fig. 2 shows t i e  floii diagram of tiie 2 i l o t  p l an t .  The hydrogen was made 
by t h e  s t ean  reforming of coclmercial butane followed by carbon monoxide conversion, 
carbon d ioxide  removsl and compression, approximately 0.9 n i l l i o n  s.c.f./ day of  
gas containin; about 93l hydrogen being ava i l ab le .  
p u r i f i e d ,  was p u q e d  i n t o  t h e  hydrogenating cas s t r e a n  t h e  t:,ixture preheated 
so a s  t o  maintain t h e  requi red  t e ? > e r s t u r e  i n  the  hydrogenator us ing  gas-fired 
p rehea te r s  wiiich I J O U ~ ~  be rep lzced  on a commercial u n i t  by hec t  exchangers between 
product gases and r e -x t ax t s .  The product gases  re9,oved from i n s i d e  t h e  top of tiie 
r e a c t o r  were water quenched followed by i n d i r e c t  cooling. 
\:ere taken f r o r  t h e  h o t  gases  before  the  quench. 

The d i s t i l l a t e ,  which was not  

Samples f o r  a n a l i s i s  

The p l a a t  was s t a r t e d  up us ing  hydrocenating .gas, prehea ted  t o  about 
650"c, t o  r a i s e  the  terrperature i n  t h e  hydrogenator t o  575 - 6ooGc. 
was then  introduced i n t o  t h e  hydrogenating gas strean. a t  a lord r a t e  and as t h e  hea t  
of r e a c t i o n  r a i s e d  t h e  hydrogenator t expe ra tu re  t h e  d i s t i l l a t e  r a t e  was increased  
a n d  t h e  prehea t  temperature reduced u n t i l  over a per iod  of about hour t h e  f i na l  
r e a c t i o n  condi t ions  were a t t a i n e d .  . 

Disti l late 

IV. T e s t s  i n  t h e  Gas Recycle Eydrogenator 

The r c s u l t s  of some t h r e e  days tests a r e  given i n  Table 1. 

Test 1 r e p r e s e n t s  a run at  350 p.s.i.g. us incanhydrogenat in( ;  gas contain- 
i n g  92.4, hydrogen, obtained by reforming com*iercial 
nonoxide conversion and carbon dioxide removal. 
was obtained without d i f f i c u l t y  us ing  a conpara t ive ly  high s p e c i f i c  p a v i t y  distill- 
a t e  with a f i n a l  b o i l i n g  po in t  of approx. 170°C. 
s r o n a t i c  content of 8.1% by volume and on hydrogenation l l . l p i  bf t h e  carbon i n  t h e  
o i l  apgeared as  condensate and 88.5: as hydrocarbon gas. 
r eac t ed  p z r a f f i n s  i n  ' tke condensate. 
o f  ethane, but no t r a c e  g f  higher  p a r a f f i n i c  hydrocarbons showing t h e  r e l a t i v e l y  
slow r e t e  of ethane decomposition compared with h ighe r  hydrocarhons under t h e s e  
condi t ions .  ,I m a l l  moun t  o f  unca tura ted  hydrocarbons also survived. 

bu-ane followed by corbon 
A c a l o r i f i c  va lue  of  804 Etus/s. c .f .  

Analysis of t h e  feedstock gave an 

There was no t r a c e  o f  un- 
The gns contained a cons iderable  concent ra t ion  

A p re l iminary  test showed t h a t  a t  a pressure  o f  450 p.s.i.g. and a r e a c t i o n  
temperature of 725°C a c a l o r i f i c  va lue  of  960 Btus /scf .  bsing a similar d i s t i l l a t e  
and a dry hydrogenating gas  could not  be obtained without an zpprec iab le  amount o f  
carbon depos i t ion .  
o f  SrJO 3tus/s.c.f. and 1,ooO Btus/s.c.f. r e spec t ive ly  u s i n s  a n  hydrogenating gas  t o  
i h i c h  9 - IC$ steam w a s  added, carbon depos i t i on  t r o u b l e s  being then  eliminated. 

A s  t!.e c a l o r i f i c  value of  t he  g a s  w a s  increased  froin 900 - 1,000 Stus /  

T e s t s  2 and 3 were the re fo re  c a r r i e d  cu t  t o  m a k e  c a l o r i f i c  va lues  

- 

s.c.f. t h e  y i e l d  of  a r o m t i c  condensate increased  so t h a t  i n  t h e  l a t t e r  case 15.% 
of t h e  carbon i n  the  o i l  appeared as condensate and only  84.9% as hydrocarbon gas. 
:/ith t h e  reduced ope ra t ing  t e r p e r a t u r e  and t h e  low p a r t i a l  p r e s s u r e  of  hydrogen i n  
t h e  f i n a l  gas t r a c e s  of  p a r a f f i n s  appeared i n  t h e  condensate. 

65 
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Table I - T e s t s  i n  t h e  G a s  Recycle Hydrogen;&or. 

10.2 

170 
0.71 
7.2 
5.7 
7.39 
403 
715 

20,480 

0.7 
1.1 

3.8 
34.8 
36.8 
22.1 

Test  70. 
Xydrogenation P res su re ,  p.5.i.g. 
I n l e t  G a s  Rate, s.c.f.h. 
Dry I n l e t  Gas Composition, ? by volume: 

co2 co 
112 
C H 4  
N2 

9.2 
170 

6.: 
5.E 
6.87 
425 
715 

21,400 

0.72 

0.7 
2.4 
3.3 

23.8 
43.95 
25.15 

Steam content  of  hydrogenating gas  

Dis t i l l a te  Type: 
vols/lOO v o l s  dry i n l e t  g a s  

S p e c i f i c  Gravity 
Aromatic Hydrocarbon, 50 by volume 
Carbon/Hydrogen, w/w 

Imp. G a l s .  of d i s t i l l a t e  pe r  1000 cu.ft .  

Prehea t  t eape ra tu re ,  “C 
Hydrogenation ternqerature, ‘C 
Product G a s  Rate,  s.c.f.h. 
Froduct G a s  Composition, % by volume: 

of dry  i n l e t  gas 

co2 
C H  

co 
X Y  

%4 
C2H6 
N2 

C a l o r i f i c  Value, Btu/s.c.f. 
C a l o r i f i c  Value, Btu/s.c.f. ( i n e r t  f r e e )  

Carbon Balance 
Percentage  of  carbon supp l i ed  i n  

d i s t i l l a te  appearing as: 
Hydrocarbon G a s  
Benzene 
Toluene 
Xylene and Higher Konocyclics 
Naphthalene 
Higher Aromatics 
Unreacted P a r a f f i n s  
Carbon Deposited 

ascsFroduced and absorbed s.c.f./imp. 
ga l lon  of d i s t i l l a t e :  

CH4 produced 
C2H6 :: 
C H  
X Y  

H absorbed 2 

16.8 
1.1 

100.0 
704 
804 

-- 

87.3 
7.8 
2.3 
1.5 

- 
1 

350 
30 s 79c 

0*3 
3.7 

92.4 
3.0 
0.6 

100.0 

N i l  

- 

170 
0.7’ 
8.1 
5.7 
4.2; 
441 
750 

33 , 60c 

0.4 
1.1 

3.3 
44.6 
32.6 
17.5 

0.5 
100.0 

804 
810 

88.9 
8.8 
1.1 
0.6 
0.3 
0.3 
0.0 
0.0 

76.4 
44.8 
2.8 

102.5 

’ 17.5 
0.8 

100.0 
713 
808 

96.0 
3.2 
0.3 
0.2 

3.7 

2 
100.0 

896 

100.0 100.0 1”” 

0.7 
100.0 
1008 

909 1022 

74.4 
46.0 
2.3 

100.9 

88.8 
7.9 
7.5 
0.7 
0.6 
0.4 
0.1 
0.0 

71.0 
42.6 

4.1 
94.2 

84.9 
7.9 
2.7 
1.7 
1.2 
1.5 
0.1 
0.0 

4 ‘  5 
180 1 180 

J 

6, 

c 
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Type of  Dis t i l la te .  

P o t e n t i a l  Heat i n  Products  as  perc- 
entage of P o t e n t i a l  Heat i n  
Distillate: 

The use of steac: t o  avoid carbon depos i t i on  d i f f i c u l t i e s  enabled t h e  use 
of lower ope ra t ing  p r e s s u r e s  and T e s t s  4 ar,d 5 were comparative t e s t s  at  le0 p.s.i.g. 
G a s  with an i n e r t  f r e e  c e l o r i f i c  value of  800 Btus/s.c.f. was made us ing  an  i n i t i a l  
gas conta in ing  about 13; of  carbon dioxide. The hydrogen p a r t i a l  p ressure  was only 
135 p.s.i.6. Two types  of d i s t i l l a t e  were used, one t h e  comparatively high g r a v i t y  
d i s t i l l a t e  used f o r  t h e  prev ious  t e s t s  and the  o t h e r  of lesser g r a v i t y  with a f ina l  
b o i l i n g  poin t  of about 1 0 8 ~  conta in ing  only  I.& aromatics.  
t h e  r e s u l t s  is  t h e  increased  y i e l d  of hydrocarbon gases  with t h e  l i g h t e r  feeds tock ,  
96$$ of  t h e  carbon i n  t h e  d i s t i l l a t e  be ing  converted t o  gas. 
t h a t  t ak ing  t h e  i n c r e a s e  i n  volume i n t o  account t h e  product g a s  con ta ins  almost as 
much carbon dioxiide as p resen t  i n  t h e  i n l e t  gas. 
t h e  carbon d ioxide  t o  r e a c t  with hydrogen to  g ive  carbon monoxide. 

The main f ea tu re  of 

A second f e a t u r e  is 

There is  no marked tendency f o r  

L.D.F. 170 

A t y p i c a l  p o t e n t i a l  hea t  balance when making a gas of 900 Btus/s.c.f. from 
170 d i s t i l l a t e  is given i n  Table 2. The e f f i c i e n c y  of t h e  p rocess  is seen t o  be 
h igh  with 88.4% of  the p o t e n t i a l  hea t  i n  t h e  d i s t i l l a t e  appear ing  i n  t h e  gas and 
9.2% i n  t h e  condensate, t he  combined y i e l d  be ing  97.6%. 

TABLE 2 

Typica l  P o t e n t i a l  Heat Balance when making 
900 C.V. gas i n  Gas Recycle Hydrogenator 

Hydrocarbon G a s  
Benzene 
Toluene 
Xylene and o t h e r  Monocyclics 
Naphthalene 
Higher, Aromatics 
Unreacted P a r a f f i n s  
Heat o f  r e a c t i o n  by d i f f e rence .  

88.4 
6.5 
1.3' 

. *6 
.4 
*3 . 
.I 

2.4 

V. The Flu id ized  Bed P i l o t  P l a n t  

-6 7 

The use of  a g a s  r ecyc le  s impl i f i ed  the  design o f  a hydrogenator f o r  use  
The f l u i d i z e d  with d i s t i l l a t e  under cond i t ions  when carbon depos i t i on  is avoided. 

hydrogenator developed f o r  crude and heavy o i l ,  is  an a l t e r n a t i v e  and can be used 
when carbon is  deposited.  In t h i s  process  a f l u i d i z e d  bed of coke s e r v e s  to  take 
up any carbon and a l s o  s e r v e s  t o  e s t a b l i s h  t h e  uniform temperature requirement. 
The l a r g e  hea t  capac i ty  of t h e  f l u i d i z e d  bed compared with t h a t  o f  t h e i n l e t  reac- 
t s n t s  s e rves  t o  b r i n g  them rap id ly  t o  r e a c t i o n  temperature and by absorb ing  react- 
i o n  hea t  prevents  excess ive  temperatures i n  the bed. 
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C i c p l i f i c a t i o n  df t h e  p h i i t  for use s o l e l y  with d i a t l l l a t e  would les-ve a 
s j n g l e  f l u i d i z e d  bed with only  the  one i n l e t  g35 &rem conta in in2  t i e  preheated x ix -  
t u r e  of d i s t i l l a . t e  and hydrogenatinc gas. i s y s t e c  o f  ho r i zox ta l  and v e r t i c a l  baf f -  
l e s  m s  inc luded  i n  t h e  main f lu id i zed  bed t o  improve t h e  f l u i d i z c t i o n  c i in rac t e r i s t -  
i c s .  
hea t  i n s u l e t i o n  and enclosed i n  a m i l d  s t e e l  F res su re  vessel .  

The whole interm1 asse!r.hly of t he  r , i l o t '  >lazit vas surrounded by 10 i n s .  o f  

The f lou  cXc!gra:: f o r  t h e  p l an t  is shown i n  Fig. 4. The hj.droceiiating gas 
vas prodcced BS fo r  t h e  Gas 2ecycle  P lan t  by refor:ninc of  butane followed by carbo:] 
monoxide conversior, and. csrbor. dioxide removal. 'It b!ac then  :?reheated i n  gas f i r e d  
p - e h e n t e r s  but on 2. cociriercial u n i t  hea t  exclia-ge Idrith t h e  pi-odcct gases  would be 
u t i l i s e d .  The r eac t ion  p roduc t s  -:;ere water quenched t o  about 200°C 2nd then cooled 
f u r t h e r  bji _d i rec t  sc rubbing  with recycl-ed condensate i n  a. tower packed x i t h  rnsch:g 
r ings .  Final cool ing  t o  50°C was 1.3' an  i n d i r e c t  cooler .  G a s  samples f o r  a r d y s i s  8 

were taken before  t h e  water quench. 

The 2lant was s t a r t e d  u? u i t h  t h e  f u l l  flcw of preheated hyerosenating gas 
but  a t  a reduced p res su re  t o  g ive  the  re?ui red  f l u i d i z i n g  ve loc i ty  i n  the  m a c t o r .  
The coke vas then c a r r i e d  i n  with 8 sub.sidisry s t r e i n  of  Gas and t h e  p l an t  war:r.ed up 
f u r t h e r  with gas  prehea ted  t o  6 5 0 ~ .  :?Len t!?e r e s t o r  t ezpc ra tu re  reached 35.0b.C air  
was adi r i t t ed  t o  a c c e l e r a t e  t h e  heating. A t  6 5 0 " ~  d i s t i l l a t e  was ii;t?oduced a t  B low 
r a t e  a d  as  tiie hec t  of r enc t io r ,  r a i s e d  te:'.:>erntures t h e  a i r  r a t e  wzs rednced t o  
zero followed by c? w r k c t i c n  of the  p rehea t  te::_ernture of  t h e  renctnii ts .  2 % ~  t e rp-  
e ra tu re s  rose  t h e  pressure uas i cc reased  t o  ciaintain t h e  des i r ed  f lu id iz i t l :  ~ e l o c i t j  . 

VI. T e s t s  i n  t i i e  F lu id i  zed I<ydrof;enator 

The r e s u l t s  of t e s t s  c a r r i e d  o u t  i n  t h e  c i l o t  p k n t  a r e  ~5ve1:  i n  7z.b:~ 3. 
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Table 3 - T e s t s  i n  t h e  F lu id ised  Xydrogenator 
._ . . _  

Test To. 
;!j.dro;ezationPressure, p.s.i.6. 
I n l e t  G ~ s  Rate, s.c.f.11. 
I n l e t  G c l s  Composition, by volume: 

co2 
CO 

Dis t i l l a t e  Type: 
Spec i f ic  Grav i ty  
Aromatic Hydrocarbon Content, 

% by volune 
Carbon/Iiydrogen r a t i o ,  w/w 

Imp. G a l s .  D i s t i l l a t e  per 1000 cu.ft.  of 

Time of residence, secs. 
Preheat ternpercture, O C  

Hydrogenation temperature, ‘C 
Product Gas Rate, s.c.f.h. 
Product Gas Composition, % by volume: 

dry i n l e t  gas 

co2 
C H  

co 
H2 
CH4 
c2H6 
N 2  

X Y  

C a o r i f i c  V d u e  Btus/s.c.f. 

Carbon Balance 
Percentage of carbon supplied i n  

d i s t i l l a t e  appearing as: 
Fydrocarbon G a s  
Benzene 
Toluene 
Xylene and higher monocyclics 
Ikphthalene 
Higher Aromat ics  
Unreacted P a r a f f i n s  
Carbon Deposited 3 Gases Produced and absorbed as f t .  / 

imp. gallon of d i s t i l l a t e :  
CE4 produced 

C2H6 
I t  

C H  

H2 absorbed 

II 

X Y  

1 
350 

33,240 

1.2 
2.6 

93.5 
2.1 
0.6 

100.0 

0.67 
3-6 
5.3 
4.88 
28 

455 
755 

37,767 

0.85 

- 

1 .oo 
2-55 

37.9 
39- 1 
17.4 
1 ..? 

100.0 
- 

840 

94.8 
4.5 
0. I 
0.7 
0-3 
0.2 - - 

86.8 
40.5 

103.4 

2 
350 

32,369 

1.3 
2 * 3  

92.0 
3.9 
0.5 

100.0 
- 

0.70 

6.3 
5.7 
4.95 
29 

454 
755 

36,343 

1.0 
1.3 
2.45 

33:7 
45.3 
15.4 
0.85 

100.0 
859 

89.4 
8.7 
0.3 
0.2 
1.0 
0.4 - - 

94.3 
34.7 

108.8 

69 

3 
720 

32 0.52 

1.85 
3.6 

91.3 

0.5 
2-75 

100 .o 

0.71 

7.44 
5.6 
7.82 

66 
379 
722 

40,348 

7-35 
1.05 
3-75 

16.75 

0.6 
100.0 
1024 

54.05 
23-05 
- 

82.8 
11.2 
1.7 
0.6 
1.4 
1.7 

0.6 

83.5 
37.1 

- 

89.8 - 
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Test 2 ims of s i o i l a r  d.uri: 
l i s t i l l z t e  ( z . 2 .  C.70and f i i l a l  b o i l i  
$ant w~.s ecuall;. s t i t i s f a c t o r y  t 5 e  IY 

condensate y i e l d  L:itYthe. h e i v i e r  feedstoc!.. IC t e s t  '1 34.9: o f  t hc  C X ~ G ~  ir; t1-e 
o i l  o+i.esred i n  t!?e ;-as and only 89.&5 i n  t e s t  2. 

poi.r:t 165'~ ~ 1 2 s  used . )  ?!:e >erFqr  
t si::nificai-:t Zifferc:nce keii ig t?le 

I n  comparison with t h  t e s t s  i n  the ELLS r e c y c l e  :iydrocen: tor  7 2 s i n ~  tke 
heav ie r  tyge of d i s t i l l n t e  t h e  y5eld o f  i?sl:htilr;lene znd h igher  aro::;zticr is higher, 
poss ib ly  due t o  a nore  sudden heatin:: on en t ry  t o  thc- fl.uidicea bed ,znd t h e  7hsei:ce 
of d i syers io i l  of t h e  r e s c t i r - 3  d i s t i l l a t e  i n  a l n r g e  volur:e of  r eac t ed  ~ 2 s .  

Pest 3 shows t h e  r c s u l t i ;  O f  a r u n  a t  50 atrilosFheres r ressure  t3 prodiice s 
gas of 1,000 Etus/s.c.f., a cc i lo r i f i c  vclue v:hicb b i z i s  reached u i tkou t  d i f f i . cu l ty .  
1;:ith ar. operatinE tempera ture  of ? 2 2 ' ~  0.6:; of  t he  carbon i n  t h e  o i l  +:as deJJosited 
on t h e  p a r t i c l e s  i n  the  f l u i d i z e d  bed. 
of iric-eased residence t i r - e  due t o  the  higher p res su re  \*:as t o  reduce t h e  ethane/ 
nethane r a t i o  i n  t h e  g a s  produced, d e s p i t e  t h e  ccunterac t inC e f f e c t  o f  a reduced 
ope ra t ing  tenFerature.  
and o d y  $2.3; of t h e  carbon i n  t h e  o i l  appeared i n  the  ,F's. 

I n  c o n p r i s o n  Mith tests 1 and 3 t::e e f f e c t  

The y i e l d  of condensible nrornrtic hydrocnrboris tias increased  

V I I .  The !iydro:emtion of Light  D i s t i l l a t e  with t h e  
production of Aromatic !iydrocarbons 

In  the  tests descr ibed  so far the a r o m t i c  condensate is mainly der ived  
from t h a t  already i n  t h e  d i s t i l l a t e .  
i n t a c t  undef the  r e a c t i o n  cond i t ions  althoagh t h e  s ide -ch l ins  a r e  removed i n c r e a s i w  
t h e  y i e l d  of gaseous hydrocarbons. 

The r i n g  s t r u c t u r e  of these  a romat ics  remains 

However, i t  i s  evident  t h a t  as the  d i s t i l l a t e /hydrogen  r a t i o  i s  . increased  
i n  order  t o  obta in  a h ighe r  c a l o r i f i c  value of p-oduct ge7.s t h e  y i e l d  of condensible 
a r o n s t i c  hydrocarbons i s  increased .  
due t o  the  f a c t  t h a t ,  when p r e s e n t  i n  g r e a t e r  concent ra t ion ,  r a d i c e l a  have an oppor- 
t u n i t y  t o  cyc l i s e  before  tiieg a r e  hydrogenated. It was cors idered ,  t h e r e f o r e ,  t h a t  
i f  t h e  d i s t i l l a t e / h y d r o g e n  r a t i o  vere  increased  to I n  even l x g e r  ex ten t  t h e  produc- 
t i o n  of aromatic hydrocarbons could t e  very g r e a t l y  incrcazed ,  xLi1s t  s t i l l  producing 
a very  h ich  c a l o r i f i c  va lue  o f  gzs. 

The syn thes i s  of nrornatics i s  be l ieved  t o  be 

- 
LaSorotory experiments' showed t h a t  at +in c:,er>.tiEg t e . , pe ra tu re  of 750 - 

775LC and with a d i c t i l l a t e / h y d r o g e n  r a t i o  of zbout 20 - 27 i n p .  ;-~llor.s/1000 cu.ft .  
2C% o r  nore of t h e  carbon i n  t h e  o i l  could be recovere2 a s  n ronc t i c  hydroswhons  
even uhen the re  was v i r t u a l l y  no aror!z.tic conten t  ir. the  6i: : t i l lnte.  Prc-8:a-e i..ms 
found t o  have l i t t l e  e f f e c t  on t h e  r eac t ion .  ::'ith t he  l l - i t e d  p . r t i a l  Fressure of  
hydrocen the  condensate conttliced an  a:>precizble pro-ortion of d k y l s t e d  I^roratbc 
coppounds and the gaseous hydroctlrbons con ta ine i  it conpa-atively high ;ro:>ortio?. of 
unsa tura ted  compound?. It was s-pparent t i iat  fu r t l i c r  hydro5en::ticn .,.;m c ie s l r cb le  i n  
a second s tage  t o  de-:ilk::late t h e  condensate and t o  convert  o l e f i n i c  hydrocx-tons 
t o  methnne and ethnre. 
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TABLE 4 
The Hydrogenation of  D i s t i l l a t e  with 

Aromatic Hydrocarbon Formation 

Hydrogenation Pressure  
I n l e t  Gas Rate, s.c.f.h. 
Dis t i l la te  Type: 

(9C$ 112) 

S p e c i f i c  Gravity 
Aromatic Xydrocarhon Content 
Cerbon/Hy drogen , w/w 

Imp. Gals. o f  d i s t i l l a t e  /loo0 cu.ft .  o f  
gas: 

a )  s y n t h e s i s  stage 
b) o v e r a l l  

Hydrogenation temperature, ‘C: 

a )  syn thes i s  
b) de-alkylation 

Product Gas Rate, s.c.f.h. 
Product G a s  Composition, % by volume 

co 

co 
cx$ 

HZ 
CH4 

N2 

C2H6 

c a l o r i f i c  va lue ,  Btus/s.c.f. 

Carbon Balance 
Percentage o f  carbon suppl ied  i n  

distillate appearing as: 
Hydrocarbon Gas 
Benzene 
Toluene and Higher monocyclic6 
Naphthalene 
Higher Aromatics 
Deposited Carbon 

365 
33 , 350 

0.682 
3.0 
5.4 

21.2 
7.5 

760 - 7 6 5 ” ~  
790 

45,080 

2.9 
0. 3 
3.4 

90.0 

51.8 
11.0 

0.6 
821 

71.6 

1 e 5  
3.6 
5.2 
0.9 

17.2 
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It w3s re - l i sed  thGt  the  f lu ip i r eG h::dro&ensto?- i.iti? t h e  scli t i l  ?:C:L.L;. 
s u i t r b l e  .;or carryin; ou t  thi-. :,roce.ss v i t h  very ' l i t t l e  r::ptiification (?ic.  5). Y : r ;  
lower f l u i d i s e d  bed vas u t i l i s e d  f o r  t h e  1st s t s c e ' o f  t'ie r e sc t io r ,  azd t!ic 2r.d :..';-rL 
w8s c s - r i e d  out  is, t h e  ;:air: bed., 

I .  . .  . .  

The -hole of t h e  d i s t i l l a t e  m s  mixed wii!l  t h e  I..ydrocenLtlnC t;as iise:: i.. 
f1uidi i .e  tile lower bec which was dee3ened t o  5 f t .  t o  give edequntc.' t i re  f o r  i-c'- c : !  . 
The hydropenatini-: %as ;or t h e  -,econd stn5-r vas in t roduced  a t  the k s e  of the r 
The f i r s t  stzce resctio:: was kr.dot!:er:.iic :.rid ttrc zecond o taze  exothci-.:.ic. . The 3,: .i 
r ecyc le  theri serve6 ti; t r a r i s f e r  !ier5.t fro:i t h e  second s t age  tc tile f i r s t  s tage  
t a i n i n z  c v e r a l l  LeLt ba.lcnce y i t h  a t eqe r i : t> re  d i f f e r e n t i a l  betxecn t k e  tvo cCr.2.. 
of 25 - x~c. 

n i h p  r e s u l t s  of oserz.ti.:ig t h e  g o c e s s  a r e  given i n  Table 4 showin: t h 2 . i  ::.: 

The condensate i t s e l f  w s  f r e e  o f  p n r h i r i .  :. 
ZI d i s t i L l a t e  con ta in inc  only  3; of a r o z a t i c s  t h e  y i e l d  of zro!.;ztics rcccunted f o r  
27.55; of t h e  carbon is t h e  d i s t i l l a t e .  
Carbon d e p o s i t i o r  mounted  t o  0.Y' of t h e  csrkon i n  the  o i l  a?d tiii.. wz.5 de;:ositc,: 
2.s a gr r .ph i t ic  coatiric, on the  f l u i d i s e d  pzrt5.cle.s. The o v c r z l l  ;:roduct ~ 2 - 2 ~  hnd ,r ' 

c a l o r i f i c  va lue  of 821 Etus/ft .3,  2. value whicl, could be i cc reesed  with a reddceC 
supply of hydrogen t o  t h e  secor,c! stage.  
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THEORFTICAL ANALYSIS OF CYCLIC PROCESSES 
FOR PYROLYSIS OF PETR0L;RTM OILS 

Alan Kardas, S. A. Weil, A. R .  Khan, and Jack Huebler 

I n s t i t u t e  of Gas Technology 
Chicago 16, I l l i n o i s  

INTRODUCTION 

The most severe problem which faces any u t i l i t y  
i s  the a b i l i t y  t o  supply gas, water, o r  e l e c t r i c i t y  during 
periods of peak demand. 
industry, t he  gas comes from wells which a r e  generally a 
great  distance from the  point  of use. T h i s  requires the 
construction of very expensive transmission pipelines. 
use these pipel ines  economically, i t  i s  necesary t o  run them 
at  near t h e i r  maximum capacity a t  a l l  times. 
done during periods of low consumption, the pipelines w i l l  be 
incapable of furnishing the required gas during periods of 
high consumption and means of supplementing gas w i l l  have t o  
be found. 

I n  the case of the na tura l  gas 

To 

If this i s  t o  be 

I n  pract ice ,  the gas industry meets this problem in  
I a lasge var ie ty  of ways. For example, addi t ional  uses o f  gas 

during periods of low consumption are encouraged by seUlng 
the gas on an in t e r rup t ib l e  basis a t  a low cost. 
that when non-interruptible customers - principal ly  r e s iden t i a l  - 
require gas the in t e r rup t ib l e  service can be shutoff. 
qui te  generally so ld  t o  indus t r i a l  manufacturers on tliis basis. 
These concerns meet the problem which confronts them when t h e i r  
service i s  interrupted by putting i n  standby f a c i u t i e s  such 
as combination burners which can burn o i l  as well  as gas. A 
second method, very commonly used by the gas industry, i s  t o  
store the gas near the point of Consumption. 
been used qui te  extensively where na tura l  storage f a c i l i t i e s  
exis t .  Such f a c i l i t j e s  might be depleted o i l  o r  gas wells, 
aquifers, or underground storage caverns which occur na tura l ly  
and which are capable of containing gas a t  r e l a t ive ly  high 
pressure. A t  the present time there i s  great  i n t e r e s t  in 
liquefying na tu ra l  gas and s tor ing it  i n  various types of 
containers near the poin t  of consumption. 

problem there s t i l l  rema.ins, i n  many loca l i t i e s ,  a problem of 
meeting the high peaks of demand which occur during extremely 
cold weather. 
length and occupy only from ten t o  t h i r t y  days of the year. 
I n  the creation of f a c i l i t i e s  to  handle such peaks it i s  
apparent that investment cost i s  a paramount i t e m .  If, f o r  
exmple, the average annual usab i l i t y  of the f a c i l i t y  i s  15 
days, the fixed charge on the investment i u u s t  be carr ied by 
15 days of operation r a the r  than 365 days. 
fixed charge mist be multiplied by a fac tor  of near ly  25 in 
arr iving at the cost  which must be added t o  the cost of the 
gas which is  furnished dur ing  the peak period. 

T h i s  means 

G a s  i s  

T h i s  method has 

W l e  a l l  of the above means are used t o  meet thls 

Commonly, such periods are only a few days i n  

Therefore the 

4 
4 
i 
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I . 

One of tlhe methods used t o  meet the peak demands is  
storzge of propane, which can be blended w i t h  a i r  when needed 
and sent out w i t h  the natural  gas which i s  arr iving v ia  
the pipeline. A s  mentioned above, storage of na tura l  gas 
e i the r  i n  underground f a c i l i t i e s  o r  as l iqu id  na tu ra l  gas can 
be used t o  meet the problem. I n  some sections of the United 
Statcs,  pr incipal ly  the northeastern sections, it i s  
advaitageous t o  s tore  o i l  and t o  gasify the oil when the 
supplemental gas i s  required. 
w i t h  the o i l  gasif icat ion process. 

A large number of processes have been developed t o  
gasify oil. 
such as h drogasification (1,2,3) or  thermofor pyrolyt ic  
cracking r4,15), wMch are  both continuous processes capable 
of gasifying a wide range of feedstocks. 
unsuitabye, however, because of their high investment cost .  
The cyclic processes t o  be discussed here most near ly  meet 
the requirements of the gas u t i l i t y  industry i n  the  important 
aspect of having low investment cost. 

The present paper i s  concerned 

Among these a re  highly sophisticated processes 

They are found t o  be 

GENERAL PROCESS CONSIIERATIONS 

When petroleum o i l s  are heated t o  about 1100'F. 
or  higher, pyrolysis occurs, tha t  is, the' larger o i l  
molecules undergo thermal cracking t o  form a wide var ie ty  of 
end products. The chemistry and the chemical k ine t i c s  of 
this process has been thoroughly studied and reported by 
Linden et; ( 6 , ~ ) .  During the thermal cracking process 
coke, tar, aromatic liquids, and butadienes are formed, as 
well  as permanent gases such as methane, ethane, ethylene, 
hydrogen, etc., which can be used as subs t i tu tes  f o r  na tura l  
gas. The gas issuing from the thermal cracking device is, 
therefore, cooled t o  condense the tar and scrubbed w i t h  light 
o i l  t o  remove objectionable consti tuents such as benzene, 
toluene and the butadienes. 
f l u e  gas t o  adjust  the heating value and density t o  make i t  
subst i tutable  f o r  natural gas, the product gas i s  sent t o  the 
customer. 

I n  sp i t e  of the highly involved chemistry, 
Linden e t  a1 (6,7)have shown that the gas resu l t ing  from 
the cracking operation can be characterized by a f a i r l y  simple 
expression; the heating value and products formed are a 
function of 

After being properly blended with 

t OO.OC3 

i n  which t i s  the temperature a t  which the cracMng occurs in 
O F .  and 8 is  the time i n  seconds. While h d e n ' s  work was 
conducted under essent ia l ly  isothermal conditions one can, 
derive from i t  the integrated e f fec ts  o f  temperature and time 
at temperature i n  a non-isothermal heating process. These 
relat ionships  w i l l  be discussed i n  a future paper. The present 
paper i s  concerned with the heat transfer aspects of an o i l  gas 
s e t  ( t he  cyclic 'heating apparatus) and not d i r e c t l y  with the 
chemical kinetics.  

.. 
. ~. 

I 
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The equipment used to carry out the oil gasification 
process can, in principle, be extremely simple. It may 
consist of an insulated shell into which refractory shapes are 
placed in such a fashion as to provide free access of flowing 
oil vapors to the surface of the refractory shapes and to 
allow the refractories to be heated up by a flow of hot flue 
products. For example, one might lay up conventional firebrick 
to form parallel walls with spaces between the walls for the 
passage of the gases. Heat is stored in the refractories by 
passing a combusted oil and air mixture through the passages. 
When the desired amount of heat has been stored in the 
refractory, a small amount of steam is passed through the 
passages to remove most of the flue products. Then oil mixed 
with steam is passed through the passages. The oil-steam 
mixture utilizes the stored heat to vaporize the o i l ,  to heat 
it to cracking temperature, and to furnish the required heat 
of cracking. When the stored heat has been removed, a small 
amount of steam is again passed through the set to remove the 
last of the oil gas and the heating cycle is again initiated. 

regenerative heat exchange device. A significant difference 
between the operation of the oil gas set and the regenerators 
in comon industrial use arises from a fact which can be seen 
in Linden's correlation; i. e., the heating value of the gas 
product is extremely sensitive to temperature. In any 
regenerative process the temperature of the stream being 
heated will be hotter at the beginning of the cycle than it 
will be at the end. Since temperature has such a pronounced 
effect in the oil gas process it is necessary to use extremely 
short cycles to minimize this temperature difference. 

In principle, the oil gas set performs simply as a 

THE HEAT MCMctE PROBLEM 

The numbgr of permutations and combinations of ways 
to accomplish the cyclic heat exchange required in an oil gas 
operation are limitless. One can chose from a large number 
of heat exchange materials and there are limitless variations 
in their size and shape. The process can be operatea cocurrent 
flow (the heating stream and the m a b  (oil) stream traveling 
in the same direction through the set) or countercurrently 
(the heating. stream flowing through the set in one direction 
and the make stream in the reverse direction). The heat or 
make streams can be introduced into the set at a variety of 
points and the heating air can be preheated from the residual 
heat in the make stream before the air is combined with oil 
for combustion on the heating cycle. 
further complicated by carbon deposition, which occurs during 
the cracking portion of the cycle and which is, of necessity, 
burned off during the heating cycle. 
variations, as well as the chemical kinetics, have been built 

The problem can be 

Nearly all of these 



i n t o  a d i g i t a l  computer program which i s  capable of describing 
the de t a i l s  of the process with suff ic ient  accuracy that the 
computed heating value of the product gas i s  i n  very good 
agreement with ac tua l  operating resul ts .  
of this computer program i s  beyond the scope of the present 
paper. We w i l l ,  however, show some very simplified expressions 
f o r  the heat t ransfer  problem which w i l l  give a c lear  indica- 
t i o n  a s  t o  the important variables i n  the heat transfer process 
together with some resu l t s  of the computer program f o r  a typ ica l  
cocurrent-flow set. 

Sbp l i f i ed  Model 

The simplest model of a regenerative heat exchanger 
i s  one i n  which the heating gas and the cooling gas flow 
through the s e t  i n  the same direction ( p a r a l l e l  flow), and 
having heat exchange material  with an infinite heat capacity. 
The heat exchange material  w i l l  then adopt a constant 
temperature intermediate t o  .the heat and make streams. Thus 
one can write 

A detai led description 

hiA (ti-ti) Ti = b A  ( t i - t z )  T2 

hlA (ti-ti) T i  = - - W I C ~  Ti - dtl  

( 1) 

( 2 )  dx 

where 

h = heat t ransfer  coeff ic ient  - Btuj '(hr 7 ft;* x OF.) 
A = heat t ransfer  area per u n i t  length - ft2/ft 
t = temperature - OF. 
T = time o f  period - hr 
w = mass flow ra t e  of gas per uhit 'open area, 

lb/(hr x f t 2 )  
c = specific heat of gas - Btu/( lb x OF. ) . 
x = length i n  direction of flow - f t  

Subscripts 
1 = heating gas 
2 = cooling gas 
i = heat transfer suGface 

Equation (1) equates the heat t ransfer  r a t e  multiplied 
by the period time of the two par t s  o f  the cycle, assuming no 
purge periods. 
up by the heating ga8 as sensible heat of temperature change 

Equation ( 2 )  equates the same t o  the heat given 



so 

per  un i t  length along the regenerator. Equation ( 3 )  eqdates 
the heat l o s t  by the heating stream t o  the heat’gained by che 
cooling stream. 

Equation (1) i s  used t o  solve for tf i n  terms of t; 
and tg. This r e s u l t  is  substi tuted i n t o  EquatiGn (‘2 I .  
Equation ( 2 ) ,  with the  subst i tut ion,  i s  differi.iitiated ;,:’ 
respect to  x and the resu l t ing  term containing dt2/dx i r  
e M n a t e d  by using i t s  value from Equation (3).  Thus, a 
second order equation i n  tl i s  obtained a8 follows1 

a1 = wlclTl 
a2 = W Z C ~ T ~  

Appropriate boundary Conditions of 

x = 0, tl = t10, tg = t20  

x = OJ, tl = t Z  

can be applied t o  t h e  integrat ion of Equation ( 4 )  and the 
related expressions f o r  t2,and the final result  is  

To a fair degree of approximation, the temperature 
rise of the make stream (100’ t o  - 1300OF.) arid the temperature 
drop of the heating stream (3000’ t o  N L700°F. ) are of the 
same order of magnitude, A s  a consequence, the values of a1 
and a2 are a l s o  of the same order o f  magnitude. If  the periods 
and the heat transfer coef f ic ien ts  a r e  also equal, Equation ( 6 )  
re duc e s t o  

i 
I 

4 

l 
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which is t r i v i a l  except t o  show that the period time w i l l  
tend t o  cancel out under t>hese operating conditfons. 
addition if TP is made lower but not T1 o r  al, then wzcz w i l l  
have t o  go up or  the set capacity w i l l  f a l l  and i f  wzco goes 
up, & w i l l  a l so  rise and &T2 w i l l  tend t o  s tay  the same. 
A s  a r e su l t  the e f f ec t  of the period i s  very small. 
computer program bears this conclusion out as can be seen i n  
Figs. 1, 2, and 3 where the make period has been varied from 
43 t o  86 seconds without appreciable change in the heating 
value of  the o i l  gas produced. The heating value of the o i l  
gas is very senai t ively re la ted  to  the temperature the o i l  
reaches as described above. 

In 

The 

Refined Heat Transfer Model 

!rhe above very simple treatment of  the probleig g-ve 
no information on the e f f ec t  of the propert ies  of the heat 
t ransfer  medium. 
problem can be' obtained i n  .the following way. 

equal t o  ( t l - t o )  is impressed upon a heat transfer material 
having real properties,  ci, pi, ki, ai 
where 

A be t t e r  approximation t o  the ac tua l  

If a sine wave temperature var ia t ion having an anpUtudc 

pi = density - lb/ f t3  
% = conductivity - Btu/hr  x f t  x O F .  
ai = d i f fus iv i tg  - ft2/hr 

and i f  ha is  equal t o  h=., it can be shown (8) tkat the surface 
t e m p e r a b e  of the heat transfer medium w i l l  oscillate between 
ti,l and t i , *  i n  such a way that 

where F is a constant and is given by 

F=l+?!% [ h 6: '$&]1'2 ' ( 9 )  

Equations (1) ,and ( 2 )  may be revised t o  account f o r  
the f a c t  that the heat exchange medium has an average surface 
temperature which i s  higher than ti during the heating cycle 
and cooler dur ing  the cooling cycle. 

h l A  (tl - ti,l) TI = &A (ti,2-;tz) T2 (La) 
(28 )  h l A  (tl - ti,l) T i  = -WlC1Tx 

I f  Equation (8) is used Fn combination with (la) and (2a) 
and the same rocedure followed as shown above the  resulting 
solutions wid be exactly as i n  Equations (5)  and (6)  except 
f o r  the def in i t ion  of b which becomes b ' .  
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Some values o f  F have been computed for reasonable 
values of the various parameters and using a f i r ec l ay  and a 
s i l i con  carbide re f rac tory  as the heat exchange medium. 
Table I shows the propert ies  of these two re f rac tor ies  

Table I 

01 Material - P - C - k 

Firec lay  0.88 0.295 130 0.023 

Sil icon Carbide 9 0.289 160 0.195 

Si l icon carbide represents a nearly optimum material 
while f i rec lay  represents about the l e a s t  expensive material 
which has suf f ic ien t  s t ruc tu ra l  strength under the conditions 
of use. Table I1 shows the assumed values o f  T and h and the 
resu l t ing  values of (1-F). 

Table I1 

Period Time, Heat Exchange 1-F 
T, min. Medium h =  5 h = 10 

1.5 Fireclay 0.93 0.87 

1.5 Si l lcon  Carbide 0.98 0.96 

2.5 F i rec lay  0.90 0.84 

2.5 Si l icon Carbide 0.97 0.94 

This tab le  shows that the thermal propert ies  of the 
heat exchange material a re  not an overriding consideration. 
The la rges t  e f fec t  i s  a t  an h of 10 and a period of 2.5 
minutes (5  minute cycle) where the s i l i con  carbide shows a 
12% higher value of (l-Fj. T h i s  would allow the use o f  12% 
less surface area of s i l i con  carbide ( l e s s  refractory) or 12% 
more roduction of o i l  gas w i t h  the same surface and no change 
in h ?same amount of re f rac tory  but rebricked t o  keep the gas 
ve loc i t ies  unchanged) .) 

I n  an extensive monograph on regenerative heat 
transfSr,  Hausen (8) derives equations which a r e  very similar 
t o  those given above but which cover long cycles as well  as 
short  ones. If the two a re  compared f o r  the conditions of 
Interest i n  o i l  gas sets the quant i ta t ive r e su l t s  are very 
close although t ,he\algebraic form of expressions showing the 
e f f ec t  of the propert ies  of the heat exchange medium are qui te  
different .  I n  place of F given above in Equation (g), Hausen has 



1 
1 -  

h6 
1 + O.375 62 l / B  

k(0.3 + z) 
where 

6 i s  the brick half thickness - f t  

He a l so  has tils same harmonic form of combining 
the values of hlTl and b T 2 ,  T1 and TB as wel l  as al and a2. 

The Computer Model 

While the f oregohg relat ionships  a r e  very useful  
t o  examine the a f f ec t s  of . the  variables they can not be used 
to  predict  ac tua l  operating resu l t s .  Pa r t ly  this i s  due t o  
the f a c t  that the r e su l t s  of the cracking react ion are dependent 
upon time as w e l l  as on temperature and i n  a very complex 
fashion. The capabi l i ty  of being able t o  consider the large 
number of possible ways t o  construct and operate a set is 
important. 

I n  addition the heat t ransfer  coeff ic ient  during the 
heating period var ies  by a subs tan t ia l  amount due t o  the intense 
gas radiat ion i n  the first several  courses of br ick and the 
effect ive heat capacity of the make stream var ies  considerably 
due t o  heat of vaporization i n  the f i r s t  f e w  courses and heat 
of cracking i n  the cen t r a l  sections. 

Fig. 4 shows an example of a very common cocurrent 
set  design. 
empty crossover section. 
these s e t s  me ac tua l ly  converted carburetted water gas sets .  
A s  mentioned e a r l i e r  there  a re  a large var ie ty  of shapes and 
s izes  of this design and many other designs as w e l l .  

The open space a t  the top of the l e f t  hand section 
is  required as a combustion section on the heating period. 
refractory i n  the f i r s t  few courses j u s t  below the combustion 
chamber i s  usually made of s i l i con  carbide In order t o  with- 
stand the extreme temperature f luctuat ions which occur in the 
switch from hot f l u e  gas ( 3 0 0 0 9 . )  t o  cold o i l  and s t e m  
(200'F. ). The h i g h  thermal conductivity and d i f fus iv i ty  of 
this material g rea t ly  minimizes i t s  temperature f luctuat ion 
as can be seen i n  Table I1 and Equation (9) .  Below the  
s iHcon carbide are courses of br icks  which are usua l ly  
f i r ec l ay  and which a r e  not always l a i d  up in the same pat tern 
as the s i l i con  carbide. 

It i s  built with two v e r t i c a l  sect ions with an 
T h i s  construction comes about because 

The 
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teinperat:xr,e of CXCII gas stream i s  known a t  t he i r  common inlet; 
p o i n t  t o  the sei. 
front,  solve the fi-rst subdivision and then proceed t o  the 
second, etc. If, 1.s !-lot; inferred that, ille solution i t s e l f  is 
simple but only- that tho pi-docedure i s  sti~ei.i3iit,foruerd. I n  
the cowitercurrent set this can not be done because the 
i n i - t i a l  gas s t i ~ ~ r n  teaiperatures are known at opposite ends of' 
the set .  This ~imkcs it necessary t o  ~mke ar "educated guess" 
for the en t i re  so t ,  run through .tihe solution; "twess again" 
and repeat unti.1 an acceptably clone agreement i.s obtained. 
This i t e r a t ion  process is superimposed on the i t e r a t i v e  
processes used a t  oach subdivi s.i.on and the required computer 
time i s  considerably greater. 

and 7. 
a t  the beginni-ng and end of each period. Fig. 6 shows the 
var ia t ion In heating value of the o i l  gas during the make 
period at various posi t ions i n  the set. Fig. 7 shows the 
heating value and y ie ld  a t  the start and end of a period 
as w e l l  as the average values as a function of the length of 
the set .  
represent ac tua l  operation but ac tua l  r e su l t s  would not appear 
too different  in prlnciple .  

T h i s  makes Jt, possible t o  s tart  at the 

Typical comp7Jter resul1,s are shown i n  Figs. 5, 6, 
Fig. 5 shows t h e  heating gas and o i l  gas temperatures 

These r e s u l t s  a re  f o r  an idealized s e t  and do not 
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C ONCUJSION 

A highly sophisticated computer lC;;w<ram has been 

The program i s  being used t o  analyze 

developed which i s  capable of handling both the complex heat 
exchange relationships and the chemical kinet ics  involved i n  
cycUc o i l  gas sets. 
e x i s t h g  sets and t o  enable recomendationsfor improvbg 
them t o  be made. 
o i l  gas s e t  in  the near future. 

It w i l l  a l so  be used t o  design an optinnM 

Closed form solutions of the heat t ransfer  problem 
have been obtained. These solutions can be used t o  show 
the general  e f fec ts  of the parameters and their in te r re la t ion-  
Bhips and t o  approximate the design of the optimum set. 
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Fig. 3. - EFFECT O F  SUPERHEATER LENGTH AND 
MAKE PERIOD DURATION ON MAKE GAS HEATING 
VALUE FOR A MAKE OIL RATE O F  1988 POUNDS 

P E R  SQ. FOOT-HOUR 
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Fig. 4. - SCHEMATIC DIAGRAM O F  TWO-SHELL 
COCURRENT OIL GAS SET 
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Fig. 7 . -EFFECT O F  REACTOR LENGTH ON 
MAKE GAS HEATING VALUE AND 

AVERAGE MAKE GAS YIELD 
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HYDROGASIFICATION O F  OIL SHALE IN A CONTINUOUS F L O W  REACTOR 
I’ 

i 

Herman Feldmann and Jack Huebler  

Inst i tute  of Gas Technology 
Chicago 16. I l l inois  

INTRODUCTION 

Satisfaction of the projected needs for pipeline gas from a d3mestic source 
w i l l  ultimately require supplementing the available noturol gas with gas produced from 
the large reserves of solid fossil fuels, cool and o i l  shale. The time when natural gas 
w i l l  have to be supplemented by the gasification of solid fossil fuels depends an many 
factors. These factors, along with information on the potential reserves of solid fossil 
fuels and processes for the production of pipeline gas, hove been discussed by Linden (4). 

Oil shale i s  a carbonate mineral which rather tenaciously holds oil-yielding 
hydrocarbons called kerogen. The production of pipeline gas from this kerogen requires 
the addition of sufficient hydrogen (hydrogasification) or subtraction of enough carbon 
(pyrolysis) to convert i t  into methane or a mixture of methane, ethane and hydrogen 
having burning properties similar to methane. The most ottroctive present technique for 
producing pipeline gas from oil shale i s  by hydrogasification. 

A major processing problem with oi l  shale arises from the fact that the pipeline 
gas forming reactions are accompanied by side reactions which occur at significant rates. 
The major side reactions are mineral carbonates (calcite and dolomite) decomposition, 
liquid formation, and carbon deposition. Maximum heat economy and kerogen 
utilization can be obtained i f  these side reactions are minimized to the greatest extent 
possible. 

The objective of the present work was to develop sufficient information to 
allow design of a prototype plant for the economic pioduction of pipeline gas from oi l  
shale. Studies were carried out on a pi lot plant scale in a continuous-flow tubular 
reactor. The study evaluated the effects of important process variables such as the 
hydrogen-to-shale feed ratio, feed gas composition, shale space velocity, pressure, 
temperature, gas-solid contacting scheme, and o i l  shale feed stock. 

EXPERIMENTAL 
Equipment 

The hydrogasification unit used in this study consisted of an interconnected 
feed hopper, a screw fecder, a reactor tube, a discharge star gate, and a residue 
receiver. A drawing of the assembled unit, showing ,dimensions and relative positions 
of the vessels as wel l  as working pressures and temperatures, i s  given in  Figure I ,  The 
flow and instrumentation diagram for the entire plant i s  shown in  Figure 2. 

The feed gas was fed Into the top of the reactor cocurrently with the shale. 
The product gas was taken out at the top of the residue receiver, and was passed through 
porous stainless steel filters, a water-cooled condenser and cartridge filters f i l led with 
glasswool, for final cleanup. Pressure was maintained on the hydrogasification unit by 
an externally loaded back-pressure regulator. Feed gas flow was controlled manually 
by a needle valve and was metered by a plate orifice. 

I ,  
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The shale bed level was controlled by means of a differential pressure 
measurement by probes set at the desired bed level and at the reactor top. A chminge 
i n  the differential pressure reading of IO inches of water column (full scale) between the 
bed and the reactor top corresponded to a change in the bed level of about 4 inches. 
In moving-bed tests, the shale space velocity was set by setting the bed height and the 
shale feed rate. 

The reactor was heated externally by an electric furnace having eight 
individually controlled heating zones. Reactor temperatures were measured by eleven 
Chromel-Alurnel thermocouples placed in  an interior thermowell. Reactor outside wall 
temperatures were measured at the center of each heating sne.  Reactor pressure, 
reactor differential pressure, and the hydrogen orifice differential pressure were recorded. 
Product gas volume was measured with a tin case meter. The specific gravity and heating 
value of the product gas were meajured and recorded continuously. 

Procedure 

Colorado shale was obtained from the Union Oil Co. mine at Grand.Valley, 
Colorado. The material was selected because of its availability in  amounts required for 
pi lot plant testing (approximately 200 pounds per run) and because i t  i s  typical of shale 
from the Greon River deposit. New Albany shale was selected as represent,ing a 
promising Eastern shale. A typical Colorado oi l  shale ultimate analysis i s  shown below: 

Wt. % (dry basis) 

Ash 
Organic Carbon 
Hydrogen 
Sulfur 
Oxygen (By difference) 
Nitrogen 
Mineral Carbon 

59.21 
18.05 
2.54 
0.85 

13.37 
0.46 
5.02 - 

TOTAL 100.00 

Feed shale was prepared in  batches by crushing the 6-inch chunks to -10 +55 
or to -55 +200 U.S.S. sieve size and drying in a steam-heated oven. 

Prior to beginning a test, the reactor tube was heated to the desired operating 
temperature, the feed hopper was f i l led with shale, and al l  vessels were purged with 
nitrogen, depressurized, and then repressurized to the desired operating pressure with 
feed gas. 
level with inert material prior to starting the run so that steady operating conditions could 
be obtained more quickly. 

In moving-bed tests, the reactor tube was init ial ly f i l led to the desired operating 
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When the proper flow of feed gas had been established and was steady, the 
screw feeder was started. This feeder was calibrated so that the rate of flow of solids 
could be predicted from the feederrate. 
meawrement of the weight of solids removed from the hopper divided by the elapsed 
time of the run. Simultaneously wi th the start of screw fezder, the discharge star 
feeder was set Into rotation. The star was operated either at a rate just sufficient to 
hold the bed level at the predetermined position or, as in the free-fall tests, at a 
maximum rate so that no shale bed could be built up within the reactor tube. 

Actual feed rates, however, were obtained by 

With hydrogen feed, as a run progressed, the product gas would gradually 
increase i n  gravity and i n  heating value. Steady values were reached during the latter 
part of a run. A l l  test results were based on the steady-state portion of the run. Gas 
samples taken directly from the reactor, however, were found to approach steady values 
much more quickly than those taken after the product gas passed through the residue 
receiver, which indicates that steady state conditions were achieved quite rapidly in the 
bed and that the approach of the product gas to steady state was slow because of back- 
mixing of the product gas in the residue receiver. In all runs there was aq adequately 
long steady period. In a typical run, using a shale rate o f  35 pounds per hour and a 
&foot deep bed, the material in the reactor was completely replaced approximately 
20 times. 

Liquid rates were measured during the run by means of high pressure Jerguson 
gages in the bayonet and condenser knockout pots. 
incomplete, due in part to absorption of the liquids on the residue i n  the receiver 
hopper. 

Liquid recoveries were usually 

After completion of a test, the unit was depressurized, purged, and allowed 
Feed remaining i n  the feed hopper, the solid residue in  the solids receiver and to cool. 

the liquid products were removed and weighed. Feed and residue solids were given 
complete chemical analyses and were screened to determine the degree of particle 
degradation. Residue solids were sampled from near the top of the receiver in order to 
obtain material representative of steady operation. Liquid products were analyzed for 
carbon and hydrogen and specific gravity. Product gases were analyzed with a mass 
spectrometer - except that carbon monaxide was determined by infrared analysis. 

The residue rate was calculated from the feed rate and an ash balance between 
the feed and residue. Feed and product gas rates far the steady-state period were 
corrected for pressure and temperature and reported in standard cubic feet per hour (at 
600 F. and 30.00 inches of mercury), on a dry basis. Gas heating value and specific 
gravity were computed from gas on a dry gas basis at standard conditions (5). 

Process Variables Studied 

The range of process variables studied are given below. 
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Hydrogen-to-shale feed rotio: 0 to 200 percent of the stoichiometric 
requirements for complete conversion of the organic carbon and hydrogen content of 
the shale to methane, 

' Temperature: 1150' to 136OOF. 

Total Pressure: 400 to 1600 p.s.i.g. 

Shale space velocityi 50 to 900 pounds per cu. foot-hour in  moving bed 
tests (residence time 6 to 90 minutes, and in free-fall tests shale residence times 
approximately 3 seconds). 

Feed gases: Hydrogen, synthesis gos, nitrogen-hydrogen mixtures, and 
nitrogen. 

RESULTS 

Hydrogasification with Hydrogen 

The most important variable in  determining the degree o f  conversion of the 
o i l  shale to gaseous hydrocarbons was shown to be the hydrogen-to-shale feed-ratio. 
For the sake of consistency this parameter was defined as the actual hydrogen feed rate 
divided by the stoichiometric amount. This rotio i s  the percent of stoichiometric 
hydrogen and denoted by S. 

Figure 3 shows h3w this stoichiometric ratio influences the converslon of 
organic carbon to gaseous hydrocarbons and residue, the remoining carbon being 
converted to liquid products. The scatter In the fraction o f  residual carbon formed i s  
due to varying amounts of liquid absorbed by the spent shale and to experimental error. 
Selected residue samples were extracted wlth toluene to eliminate variation due to 
absorbed liquids. This lessens the scatter considerably as indicated by Figure 3. 

As the hydrogen-to-shale stoichiometric feed ratio is'increased, the 
conversion of organic carbon to gos increases, until the ratio i s  approximately 90 percent, 
at which point approximately 65 percent of the conversion i s  obtained, Increasing the 
amount of feed hydrogen beyond 90 percent of stoichiometric only results in dilution of 
the product gas with hydrogen and no further significant conversion of kerogen. 

The decreosing fraction of hydrogen utilization with increasing stoichiometric 
hydrogen-to-shale feed ratio i s  also opparent from Figure 4 which shows the composition 
of the product gas as a function of the hydrogen-to-shale feed rotio. 

Since the objective of this work i s  to develop d process for converting 011 
shale to high-6.t.u. gas suitable for pipeline ionmission i t  i s  necessary to remove 
the carbon oxides and excess hydrogen. The preferred method of accomplishing this i s  
by catalytic reaction of the carbon oxides with hydrogen to form methane. Since the 
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methanation reaction involves expensive equipment and lowers the overall process 
efficiency, I t  i s  desirable to minimize the amount of corbon oxides and hydrogen 
consumed in  this reaction. Consequently, the use of excess hydrogen i s  not desirable 
and only a relatively limited number of experiments were conducted above 90 percent of 
the stoichiometric ratio. 

Pressure 

The only variations in gasification yields and product distributions noted 

Even at the lowest pressures and highest gas rates 
with changes in  total pressure betweei 400 and 1600 p.s.i.g. were the result of changes 
i n  the gas phase residence time. 
studied with pure hydrogen, gas phase residence times were mff iciently long to convert 
the heavier aliphatic intermediates. 
These aromatics would be di f f icul t  to hydrogenate at even the longest gas phase 
residence times studied. 

Liquid products collected were mainly aromatic. 

Temperature 

The average bed temperature has a great effect on the paraffin distribution 
i n  the product gas as i s  shown in Figure 5. The methane-to-ethane molar ratio 
increases very rapidly at temperatures above l2500F. 
and pentane appears as the temperature i s  reduced to 1150OF. Both propane and butane 
vanish as the temperature approaches 1350OF. 

Propane and butane increase 

These changes in  gas composition are due to the decrease i n  the rates of 
hydrogenolysis of the heavier gaseous constituents to methane with decreases in 
tempe:atures (8). This verifies the mechanism suggested by  the earlier laboratory scale 
work (2) that the hydrogasification reactions proceed via the stepwise destructive 
hydrogenolysis reactions of o i l  vapor through successively lower molecular weight 
aliphatics and finally to ethane and methane. 

There are indications that a maximum of organic carbon conversion for a 
given stoichiometric hydrogen rat io occurs between temperatures of 1200' to 125OOF. 
A corresponding increase In  residual carbon occurs above I25O0F. while increased l iquid 
formation occurs below 12OO0F. These results indicate that there i s  no incentive in  
operating an o i l  shale hydrogasification reactor above I25O0F. because of the increased 
formation of residual carbon. In addition, there i s  a rapid increase in mineral carbonate 
decomposition at higher temperature as shown in  Figure 6. A portion of the carbon 
oxides in the product gas has been suggested (6) to result from the decompxition of 
groups containing organic carbon-oxygen linkages such as carboxyl groups. Carbon 
oxides from the decomposition of these groups occurs at temperatures as low as 575OF.(l), 
However, mineral carbonates are the chief source of carbon oxides. 

i 
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Shale Space Velocity and Free-Fall Tests 

Shale residence time had virtually no effect on the conversion of kerogen in 
the shale to gaseous hydrocarbons and liquid products. Shale residence times were 
varied from approximately 3 seconds in  free-fall operation to 90 minutes in moving-bed 
operation, with the moiority of the tests being made at o shale residence time of 
approximately 10 minutes. A comparison of the results of a shale residence time of 90 
minutes with the results obtained at IO minutes, at 90 percent of the stoichiometric 
hydrogen, showed that the organic carbon conversion only increased from 65 to 72 percent. 
Extrapolation of these results indicates that a nearly tenfold increase in  reactor volume 
would be necessary to achieve this additional 6 percent conversion. Under the conditions, 
carbonate decomposition was increased from 34 to 70 percent because of the longer 
residence time. The 6 percent increase in  conversion i s  offset by the greatly increased 
reactor size necessary to achieve i t  and by the increased carbonate decompo;ition with 
its detrimental effects on process heat economy, hydrogen utilization and product gas 
cleanup costs. 

Carbonate decomposition decreased with increasing shale space velocity 
from approximately 70 percent a t  a shale space velocity of 50 pounds per cu. foot-hour 
to 34 percent a t  800. Further increases i n  shale space velocity in  moving-bed operation 
were not effective in  reducing carbonate decomposition because 34 percent of the 
carbonate i s  magnesim carbmate which decomposes at a very high rate (3). However, 
free fa l l  operation reduced the carbonate decomporitlon to only 8 percent and made 
possible the direct production of a high-B.t.u. gas. The effect of this decrease i s  shown 
by the much higher hydrocarbon composition of the product gas in  Figure 4. 

The distribution of organic carbon between gaseous hydrocarbons, liquids, 
and residual carbon products remained unchanged in  free-fal I as compared to moving-bed 
operation. The reaction model described below attempts to rationalize this important 
fact as well as the observed effect of the hydrogen-to-shale stoichiometric ratio. 

Reaction Model 

It i s  known from retorting experience that when an oi l  shale i s  heated above 
500 to 6OO0F., o i l  i s  evolved. Retorting i s  usually done at moderate tempeiatures of the 
order of 1000°F. and fairly complete evolutlon of the kerogen i s  attained. 

in  hydrogasification work conducted by Shultz and Linden (7), conversions of 
the organic material to gaseous hydrocarbons above 90 percent were obtained. This 
work was conducted i n  a batch system which was charged with hydrogen and heated from 
room temperature to a final temperature of 130@F. at a heating rate of approximately 9OF. 
per minute. In marked contrast to this, the heating rate i n  the present reactor was on 
the order of 40OOF. per second.. I t  i s  believed that the rapid heating rate i n  the present 
work i s  responsible for the relatively low conversion to gas. 

. .  
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in  the present system the shale particles heat so rapidly that a portion of the 
o i l  vapor i s  probably pyrolysed to relatively unreactive aromatics andcoke before i t  can 
escape from the particle to the gas phase. The rate of evolution of o i l  vapor i s  so large 
that no hydrogen from the gas phase can enter the particle while the vaporization i s  
occurring. This places an upper I imi t on the conversion to gaseous hydrocarbons, which 
i s  represented by the carbon lost to pyrolysis within the shale particle. 

The oi l  vapor which reaches the particle surface without being pyrolysed can 
either react with hydrogen i n  the immediate vicinity of the surface of the particle or i t  
can pyrolize. Thus, one would visualize a gas film surrounding the particle i n  which 
bDth pyrolysis and in i t ia l  hydrogasiflcation wi l l  occur. The extent to which hydro- 
gasification can predominate would seem to be logically a direct function of the rate 
of mixing of the hydrogen with the oi l  vapor. 
hydrogen to mix with the o i l  vapor i s  a function of the ratio of the hydrogen flow rate 
to the o i l  vapor flow rate. This rat io i s  proportional to the stoichiometric hydrogen to 
shale feed ratio S. In the lower limit, i.e., zero feed hydrogen, one would not expect 
zero conversion to gas since gaseous hydrocarbons are a direct product of the pyrolysis 
reaction. 

I t  i s  assumed that the abi l t ty of the 

As these results indicate, at the temperatures employed i n  these experiments 
the pyrolysis and hydrogasification reactions are quite rapld. Three seconds i s  sufficient 
time to heat the shale particle, evolve and partially pyrolize the oi l .  The oi l  evolved 
from the surface of the particle travels through the reactor at the gas phase velocity, 
typically on the order of 0. I feet per second, which results in  a total gas phase residence 
time of approximately 80 seconds. This residence time of the gas phase i s  essentially 
independent of either free-fall or moving-bed operatlon. Consequently, the 
gasification results should be, and were, independent of the methsd of handling the 
solids. 

Following this in l t la l  reaction phase, further gasification would necessarily 
occur by hydrogenation of the residual coke formed by pyrolysis. This coke i s  apparently 
quite unreactive to the hydrogen-hydrocarbon gas mlxture at the temperatures and 
residence time employed in  these tests. This i s  due i n  part to equilibrium hindrance of the 
reaction 

C +2H2 CH4 

due to the presence of CHq. 

This conceptual model o f  the hydrogasification reaction scheme,in addition to 
explaining the dlfferences between the batch results reported by Shultz and Linden (7) 
and those reported here, allows an equcltion to be written which provides a satisfactory 
f i t  to the observed results. 



The total organic carbon convenion of the shale may be written as, 

XRi+X + X R o + X G o + X L = l  
Gi 

where 

XRi is the fraction of the kerogen carbon cracked to residue inside the 
particle . 

XGi is the fraction of the kerogen carbon converted to  gas in the porticle 
through the cracking reaction. 

X 

X G ~  i s  the fraction of the kerogen converted to gas outside the particle. 

XL i s  the fraction of kerogen.carbon which i s  converted to liquid products. 

The convenion to gaseous hydrocarbons is, therefore, 

i s  the fraction of the kerogen carbon cracked to residue outside the particle. 
Ro 

On the basis of the model, X i s  a function of the heatup rate, XR a function R! of both heating rate and the stoichiometric hydrogen feed ratio (a measure of t t e  degree 
'of mixing of the hydrogen with the o i l  vapor outside the particle) and XL i s  also probably 
a function of heatup rate and the degree of hydrogen mixing. Because o f  the dif f iculty 
of measuring liquid rates in both the pi lot plant and laboratory studies i t  i s  di f f icult  to 
determine how X was affected by the various parameters. The liquid conversions in the 

heatup rates very l i t t le conversion to liquid products was observed. 
pi lot plant varie b from IO to 20 percent. In the batch tests (7) with hydrogen and slow 

A small increase in liquid product formation was noted with increasing 
hydrogen-to-shale feed ratio in the semiflow (2) tests. This was probably because gas 
phase residence time decreased in these tests. wi th increasing hydrogen-to-shale feed 
rotio (hydrogen feed rate). Gas phase residence times were on the order of IO seconds 
in  these tests which i s  considerably shorter than the typical 80 second gas phase residence 
times in the pi lot unit. Thus, the most important variable in the formation of liquid products 
i s  probably the particle heatup rate assuming sufficient gas phase residence tlmer. This 
follows from the model since high heatup rates promote pyrolysis which in turn promotes 
formation of aromatic liquid products which are very dif f icult  to hydrogenate. 

. .  
. .  . 

.: . 
. .  

. ..-. L . .- . .  . .  

'! 
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Since a l l  of the p i lo t  plant tests were made at essentially the same heatup 
mtes, the following expressions w i l l  be written for the various conversion parameters: 

(3) 
-ccS 

X = A e  
Ro 

where 

A is  a functim of the heatup rate. This function fulf i l ls the boundary 
conditions that the 
S = 0, i.e., no hy rogen feed. 

XRo = 0, i.e., perfect mixing, and XRa = A when 

X = f ( q ) = B  
R i  (4) 

A function only of the heatup rote, essentially constant for the pi lot plant 
tests. 

XL = c 

Assumed a constant for the pi lot plant tests. 

Substituting from (3), (4) and (5) into (2) gives, 

(6) 

Determination of the constants gives the final equation, 

AS 
XGi + XGo= 1 -BC Ae 

m -I .72S 
XGi + XGo= XGt = 0.68-0.30 e 

Equation (6) compared with the experimental data in Flgure 3 and a reasonable 
$9.  I -  -L-.a.- \All&Lt.. b k -  t t - ! b -  -C bk,. ..,--I, 4-m- b,. A.-.ba bka m,wJ,I c__-c r o - c m m A l a  
I , ,  , a  P.,"..,.. . . I ,  1.1.. a,.., ..so I,.) "1 ,.*., .,".I, ""I.., I" "" I "  ...- ... "..... ..--... " I.._" -....-.-. !t 
i s  hoped that future tests w i l l  further prove or modify the assumptions and allow a complete 
description of the process to be given. 

Hydrogasification with Synthesis gas and Nitrogen-Hydrogen Mixtures 

Operating the process with synthesis gas produced by partial oxidation of 
shale oil can provide a means of heating the oi l  shale to reaction temperature at 
sufficiently low hydrogen to shale ratios that hydrogen separation i n  the product gas w i l l  
not be required. The presence of carbon dioxide i n  the synthesis gas also inhibits the 
decomposition of calcite (CaCO3) thus improving hydrogen uti l ization and process heat 
efficiency. In m actual synthesis gas run, carbonate decomposition was reduced from 30-40 
percent to approximately 20 percent. 

4 



99 

Feed gas compositions for synthesis gas evaluation were chosen to be as close 
as possible to the reported values (IO). Since synthesis gas was not available a gas was 
prepared whose composition at room ternporature was the same as synthesis gas would be 
i f  cooled down to room temperature assuming water gas shift equillbrium were satisfied. 
The room temperature composition of this gas was: 

/ 

Constituent Mole, Yo 

co 36.0 
15.1 
48. I 

CH4 0.6 

0. I 

TOTAL 100.0 

COZ 
H2 

C2H6 0. I 
''3H8 - 

In experimental runs the presence of gaseous constituents i n  the synthesis gas 
other than hydrogen did not have an effect on the hydrogasification results within the 
Iimi ts studied. The organic carbon conversion to gaseous hydrocarbons remained to be 
influenced by the hydrogen-to-shale ratio fed as shown by the general correlation for 
the conversion of organic carbon to gaseous hydrocarbons in  Figure 3. 

AI  ternate processing schemes include the use of steam, hydrogen-steam; or 
carbon dioxide-steam mixtures (flue gas) in a fluidized-bed reactor. External heat 
requirements, i f  necessary, would be furnished by heating coils. Since the process i s  to 
be operated at approximately l2OO0F., steam and carbon dioxide are assumed to be 
essentially inert to the gaseous hydrocarbons. This was verified in the synthesis gas tests. 
Therefore, i t  was expedient to study the effect of diluents on hydrogasification by making 
tests with various nitrogen-hydrogen feed mixtures since nitrogen i s  certaln to be inert. 
The intent was to determine if either the mole fraction hydrogen or h e  hydrogen partlal 
pressure were important in  effecting conversions to gaseous hydrocmbons. These tests 
employed nitrogen mole fractions from 100 percent to 0 percent.. Thls series of tests 
correlate nicely with the results achieved with pure hydrogen as shown by Figure 3 
indicating that the only important variable wos the stoichiometric hydrogen ratio, and 
that neither the mole fraction or the partial pressure were important parameters. 

Hydrogasification of New Albany Shale 

' New Albany shale was selected as being one of the more promising Eastern oil 
shales for the manufacture of pipeline gas. A complete survey of the important Eastern shale 
deposits has been reported by Shultz (9). 
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New Albany shale has a greater tendency to form carbonaceous residue than 
does Colorado shale, This Is lndlcated by the table below where representative results 
with the New Albany shale are reported. 

Run No. 68 - 59 - 57 - 

Shale Particle Size, U.S.S. -10 +55 -10 +55 -10 +55 
Shale Space Velocity, Ib./cu.ft.hr. 688 698 352 
Average Bed Temperature, OF. 1219 1273 1261 
Hydrogen-to-Shale Feed Ratio, % of 

Stoichiometric 43 42 205 
Organlc Carbon Conversion, Gaseous 

Hydrocarbons 36.3 40.6 53.2 
Liquids 6.4 3.0 7.2 

34.5 Residue 

TOTAL 96.7 96.3 94.9 

- 52.7 - 54.0 - 

Also, with New Albany shale, the conversion to gaseous hydrocarbons i s  
less dependent on the hydrogen-to-shale feed ratio than with Colorado shale. However, 
no difference was noted in the gasification behavior of these two materials in  batch 
tests. The same model as presented for the Colorado shale, therefore, may also be 
valid for the New Albany shale, but insufficlent data i s  avalloble for the New Albany 
shale to determine the validity of this. 

Qualitatively i t  appears that the Fisher assay o i l  yleld i s  an lmportant 
parameter in  determining the reactivity of a shale to form gaseous hydrocarbons. For 
example, the Fisher assay o i l  yield for the New Albany shale was approximately 0.052 
gallons per pound of organic material whereas the Colorado shale o i l  yield was 
approximately 0.088 gallons per pound of organic material. The carbon-hydroaen ratlos 
were approximately 7.85 and 7.20 respectively. The lower oi l  yleld with the New 
Albany material indicates an increased tendency to form residual carbon rather than oil 
vapor. This tendency of the kerogen to form carbonaceous residue appeared to have a 
similar effect on the hydrogasification yields. 

SUMMARY AND C.ONCLUSIONS 

The productlon o f  pipeline gas from o i l  shale 1s possible over a wide range of 
operating conditions, The conversion of the organic carbon in  the shale was a function 
mainly of the hydrogen-to-shale feed ratio being independent of pressure and diluents 
in  the feed gas. A slight effect of temperature was noted at the extremes of the 
temperature range studied, 1360' to 1150OF. The converslon of kerogen to gaseous 
hydrocarbons was reduced a t  the higher temperature level by  increased residual carbon 
formation and at the lower temperature by lncreased liquid formation. Particle residence 
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time did not have an effect on product gas properties or conversion of organic carbon 
to gaseous hydrocarbons. A semi-empirical equation was developed, based on the rate 
of particle heatup and hydrogen-oil vapor mixing, whlch allowed the conversion of 
organic carbon to gaseous hydrocarbons to be predicted. The model indicates that the 
ideal hydrogasifier design should provide for slow solids heatup rates and rapid 
hydrogen-oil vapor mixing. 

ACKNOWLEDGMENT 

This work was supported by the Gas Operations Research Committee of the 
American Gas Association as part of the Promotion-Advertising-Research Plan of the 
Association. The work was guided by the Project PB-23b Supervising Committee under 
the chairmanship of C. F. Menyers. Thanks are due to E. J .  Pyrcioch, W. G. Bair, 
H. L. Feldkirchner, S. Volchko, and H. A. Dirksen for their helpful suggestlons In  
operation and design of the equipment. E. J. Pyrcioch, R. E. Cartler, E. C. Higglns, 
R. J. Hrozencik, J. C. Wolak, W. Pdlecki,  R. 0. Buskey and C. Wuethrich assisted 
In conducting tests and performing cplculations. A, Attari and J, E. NeuziI supervised 
the analytical work. Thanks are also due to the Indiana Geological Survey far their 
kind assistance in  locating and obtaining the New Albany o i l  shale used in  these 
studies. 

REFERENCES CITED 

1. Aarna, A. Yo., Trudy Tallinsk,Politekh Inst. Ser. A. 65-81 (1955) No. 63. I 

2. Feldkirchner, H. L., Linden, H. R., Paper presented at 143rd Natlonal Meeting, 
Division of Fuel Chemistry, American Chernlcal Society, Clncinnatl, Ohia, 
January 13-18, 1963. 

3. Jukkola, E. E., Denilauler, A. J., Jensen, H. B., Barnet, W. I., Murphy, W.I.R., 
Ind. Eng. Chern. g, 2711-14 (1953). 

4. Llnden, H. R., Paper presented at 48th Natlonal Meeting, American Institute of 
Chemical Engineers, Denver, Colorado, August 26-29, 19621 Preprint No, E, 
17-52, 

5, Mason, D. McA., Eakln, B. E,, Institute of Gas Technology Research Bulletin 32, - 
(1961) December. 

6. Murphy, W. I. R., U. S. Bureau of Mines, Laramle, Wyoming. Personal 
Communication. 

7.  Shultz, E. B., Jr., Linden, H. R., Ind. Eng. Chem. 51, 573-76(1959). 

8. Shultz, E. B., Jr., Ind. Eng. Chem. Process Design Develop. L, 111-16 (1962). 

9 .  Shultz, E. B., Jr., Paper presented at 48th Natlonal Meeting, American Institute 
of Chemical Engineers, Denver, Colo., August 26-29, 1962; Preprint No. 9, 44-57. 

IO. Van Amstel, A. P., Petrol. Refiner 39, 151- 52 (1960) March. 

- 

- 
- 



102 

I L, I 

c -  

. . ... 

F i g ,  1 . -OIL SHALE HYDROGASIFICATION PILOT UNIT 



W U  

103 

8 w 



104 

HYDROGEN/SHALE FEED RATIQ FRACTION OF STOICHIOMETRIC 

Fig.  3 . -  E F F E C T  O F  HYDROGEN/SHALE F E E D  RATIO ON 
CONVERSION OF ORGANIC CARBON TO RESIDUE AND GASEOUS HYDROCARBONS 

Fig. 4.- E F F E C T  O F  HYDROGEN/SHALE P E E D  RATIO O N  
PRODUCT GAS COMPOSITION 

I 
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Coqmerdal and Industrial Fuel Gases from Coal 

NealP. Cochran 
Of€ice of Coal Research 
Washington 25, D. C. 

ABSTRACT 

Offfce of Coal Research has undertaken three projects. 

project low cost gasification equipment is under development M e  

the other two seek to develop processes that wi l l  reduce capital and 

operating coete of Bynthetic gae plants. 

mxpporting and directed toward OCR's over all objective of increasing 

the use of coal. 

hydrogen at 25 cende per 1000 cubic feet are the research targets. 

In one 

The projects are mutually 

Pipelbe gate at 50 cents per 1000 cubic feet and 

I . ,  
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A COAL-BURNING SOLID-ELECTROLYTE FUEL CELL POWER PLANT 

by 

R. L. Zahradnik 
L. T.ikan 
D. H. Archer 

ABSTRACT 

A plant is proposed which combines a coal-gasification unit with 
a high-temperature solid-electrolyte fuel cell battery to produce an 

efficient power generation system. The special requirements imposed on 
the gasifier by its coupling with a fuel cell battery are discussed and 
two avenues of investigation - one experimental, one analytical - are 
proposed. 
presented and preliminary projections of plant economics and characteristics 
are reported. The many research and development problems, which must be 
solved before such plants are technically and economically feasible, are 

The results of a computer simulation of the overall plant are 

pointed out, and the progress made towards their solution is discussed. 
This work was sponsored by the Office of Coal Research, Depart- 

- 
ment of Interior under Contract 14-01-0001-303. 
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I n t r o d u c t i o n  

The d i r e c t  convers ion  o f  t h e  energy o f  c o a l  i n t o  u s e f u l  

e l e c t r i c a l  power has  long  commanded t h e  s e r i o u s  a t t e n t i o n  of many 

i n v e s t i g a t o r s .  Th i s  paper  desc r ibes  how i n  p r i n c i p l e  a c o a l  g a s i f i c a t i o n  

u n i t  can  be combined w i t h  a h igh  tempera ture  s o l i d  e l e c t r o l y t e  f u e l  c e l l  

b a t t e r y  to  produce j u s t  such a d i r e c t  energy convers ion  system. Before 

t h e  d e t a i l s  cf t h i s  s y s t e a  a r e  d i scussed ,  however, i t  may be we l l  t o  review 

some o f  the p r o p e r t i e s  and c h a r a c t e r i s t i c s  o f  t,he s o l i d - e l e c t r o l y t e  f u e l  

C e l l  and t o  c i t e  some o f  i t s  o p e r a t i n g  c h a r a c t e r i s t i c s  f o r  r e fe rence  a 

l i t t l e  l a t e r  on. 

S o l i d  E l e c t r o l y t e  Fuel Cell 

The b a s i c  component of t h e  Westinghouse r c , l i d  e l e c t r o l y t e  f u e l  

c e l l  i s  the z i r c o n i a - c a l c i a  O K  z i r c o n i a - y t t r i a  e l e c t r o l y t e .  Th i s  m a t e r i a l  

i s  an impervious ceramic  which has the unique a b i l i t y  t o  conduct 3 c u r r e n t  

by t h e  passage of O= i o n s  through the  c r y s t a l  l a t t i c e .  

which these  ions  p a s s  through t h e  e l e c . t r o l y t c  i s  measured by  t h e  e l e c t r i c a l  

r e s i s t i v i t y  oi- t h e  e l e c t r o l y t e .  V a l u e s  of t h i s  r e s i s t i v i t y  f o r  both types  

of  e l e c t r o l y t e  a s  f u n c t i o n s  of t,emperature have been publ i shed  i n  s e v e r a l  

p t aces .  ('s5) 

Fuel c e l l s  have been made by a p p l y i . n g  pcrous plat i rurn e l e c t r o d e s  

t o  t h i s  ma te r i a l .  (16) 

hove been discussed"! a r d  optimized b a t t e r i e s  cons t ruc t ed  from such c e l l s  

iiave been descr ibed .  ( 4 )  

and c o n s i s t  of s h o r t ,  c y l i n d r i c a l  e l e . c t r .> ly t e  segments of about 30 m i l s  

t h i ckness  shaped so t h a t  t hey  can be f i t t e d  one i n t o  t h e  o t h e r  and 

connected i n t o  long  t u b e s  by be l l - and- sp igo t  j o i n t s ,  as shown i n  F igure  1. 

The o v e r a l l  l eng th  of  an i n d i v i d u a l  segment i s  1.1 cm, wi th  a mean diameter 

o f  1 .07 cm. 

E lec t rodes  are a p p l i e d  t o  t h e  in s ide ,  and t h e  o u t s i d e  o f  t h e s e  segments 

which then  have a n  o v e r a l l  r e s i s t a n c e  o f  about 0 .2  - 0 . 3 f l .  The inne r  

e l e c t r o d e  of one segment i s  a t t a c h e d  t o  t h e  o u t e r  e l e c t r o d e  of  t h e  ad jacen t  

The ease  with 

The npt-rat ing  p r i c c i p l e s  of  t h e  r e s u l t a n t  c e l l s  

I n  b r i e f  t hese  b a t t e r i e s  ope ra t e  a t  about lO0OoC 

3 The segment weighs 2 g and occupies  a volume of 2.0 cm . 
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segment. in this way connecting the individual segments electrically in 

series. Gaseous fuel passes through the center of the resultant, segmented 

tube, and oxygen or air is supplied on the outside. Figure 2 shows two 
15-cell batteries constructed on this principle. 

The performance of this and similar batteries has been evaluated 
for a variety of fuels, using either air and pure oxygen as the oxidizing 

agent. 

open circuit voltage of 2.9 volts. 
was 750 ma/cm , 

With H2 fuel and pure 02, a three cell battery has produced an 
The current density at maximum power 

2 At the maximum power point the battery produced 2.1 watts; 
and each cell segment 0.7 watt.- about the same as an ordinary flashlight 
battery . (’ ’ 3, 

t 

Svs tern Configuration i 

In order to utilize such batteries in the production of electrical 
power from coal, it is necessary to devise a reasonable overall system for 
the purpose. As fas as the present type cell is concerned, a gaseous fuel 

t is required for cell operation. 
fuel cell batteries, the scheme shown in Figure 3 has been devised. 

In order to provide such a fuel to the 

Essentially, coal (indicated as carbon on the figure) is 
introduced into a reactor, into which recirculating gases from cell bank 

1 

1 also enter, Cell bank 1 consists of a number of fuel cell batteries of 
the kind just described. The gases from this cell bank consist primarily 
of CO and CO (along with H and H20) in some definite ratio. In the 

reactor, some CO 

coal. 
higher CO/C02 and H /H 0 ratios than that of the entering gas. 
leaving the reactor is then cleaned and passed, without cooling, into the 

fuel cell bank 1. There it serves as fuel for the cell unit, combining 
with oxygen which has been ionically transported through the cell electrolyte. 
resulting in power generation, 
into two streams. One stream is recirculated to the reactor at a given 

recycle rate, completing the major system loop. 

2 2 
2 2 and H 0 is reduced to H2 and CO by reacting with the 

This results in a gas composition leaving the reactor which has 
The gas 

2 2  

1 The gases leaving this cell bank are split 

\\ 
The second stream is Sent 

\o 

> to fuel cell bank 2, which completes the combustion of CO to C02 and H2 to 
I 
I 

. .  
, 
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The reason f o r  t h i s  system c o n f i g u r a t i o n  i s  t k a t  i t  a l lows  a l l  

of t h e  oxygen which e n t e r s  t h e  system to r e a c t  wi th  t h e  coa l  ta pass  through 

t h e  e l e c t r o l y t e  and thereby  c o n t r i b u t e  t o  t h e  e l e c t r i c a l  energy output  of 

t h e  system. I n  a d d i t i o n ,  by l i m i t i n g  t h e  degree  of o x i d a t i o n  ir, c e l l  back 

1, t h e  concent ra t ions  o f  CO and H . 0  e n t e r i n g  t h e  r e a c t o r  tire o n l y  j l i g h t l : ,  

removed from t h e i r  e q u i l i b r i u m  va lues .  T h i s  means rhe bed o p z r a t e s  under 

more n e a r l y  r e v e r s i b l e  c o n d i t i o n s ,  s o  t h a t  c v e r a l l  t h e  maximum e l ? c t r i c Y l  

energy output  from t h e  coal-oxygen r e a c t i o n  i s  recovered.  :n o r d e r  t 3  

o b t a i n  such recovery ,  however, an o v e r - s i z e  coa l  r e a c t o r ,  e x - e s s i v o l y  largi. 

c e l l  banks r e l a t i v e  t o  t h e  power produced a c d  high r e c y c l e  r a t e s  would have 

t o  be  employed. A compt-omise must be  e f f e c t e d  bctween t h e  d e s i r e  t o  0bta i .n  

high recovery end t h e  d e s i r c  t o  o v c i d  l a r g e  and ejcpensi.ve equipmcnt. Mucl? 

o f  t h e  work t o  d a t e  on  t h i s  system has been gea.red t o  10c3t.f those  cptirnun! 

c o n d i t i o n s  which b e s t  e f f e c t  t h i s  compxomisc. 

2 2 

Reactor  Considerat  Loins 

Because t h e  r e a c t o r  must c o n t r i b u t e  t o  an  o v e r a l l  system optinium, 

c e r t a i n  of i t s  des ign  f e a t u r e s  must be t a i l o r e d  s p e c i f i c a : l y  to  t h e  C E Z ~  

o f  g a s i f y i n g  c o a l  i n  a r a t h e r  unusu.21 way. I n  most ccnvent iona l  g a s i f i e r s , ,  
-. uxygtxi i a  irii.ruducrd ai- surne puin i  d i r e c i i y  i n t o  kina reaciur. i n c  i u e l -  

c e l l  power p l a n t  has  been so des igced ,  however, t h a t  oxysen i s  i n t r o d w c d  

i n t o  t h e  r e a c t o r  on ly  i n  t h e  form of COz. 3 0, and CO. 

considered t o  h e  g a s i f i e d  p r i m a r i l y  by t h e  two r e a c t i o p s :  

The coal  may be 2 

React ion  1 . . . 
React ion  2 ... 

c i. co2 -------t 2co 

C ,+ €l2O - H2 i CO 
which proceed a t  r a t h e r  slow r a t e s  compared t o  t h e  d i r e c t  ox. idat ion 

r e a c t i o n :  

Reac t ion  3 ... c 4. o2 + co2 
Moreover, r e a c t i o n s  (1) and (2) are endothermic,  as compared t o  r e a c t i o n  

(3) which is q u i t e  exothermic,  meaning that  h e a t  will have t o  b e  suppl ied 

t o  t h e  r e a c t o r  where (1) and (2) OCCUK. The probiem o f  supply ing  t h i s  

h e a t  cons iderably  compl ica tes  t h e  overa l l  r e a c t o r  design.  

I 

I 

i 

i 



Because reactions (1) and (2) proceed at relatively slow rates, 
it is advantageous to take steps to increase the rate of these reactions. 
Two such steps which may be taken are the maintenance of a high reaction 
temperature or the use of a highly reactive fuel. The temperature level 
of the reactor is limited, however, due to the fact that the reactions 
which occur there are endothermic. This me2-s that heat must be supplied 
to the reactor from an external source (e.g. the fuel-cell banks where 
exothermic oxidation reactions are taking place and internal battery heating 

due to I R losses is occurring). This transfer may be accomplished either 
directly through the walls of the gasifier or indirectly in the sensible 
heat of the recirculating gases. However; some finite temperature gradient 
will be required to transfer this heat, constraining the reaction temperature 

to be less than the source tempezarure. If the source is the cell banks, 
an upper temperature limit is imposed due to the mechanical and structural 
properties of the cells. This is reflected in an upper temperature limit 
on the reactor of about 1000°C. 

2 

At this temperature, many of the fuels, which appear attractive 
for fuel cell use because of the clean nature of their gasified products, 
become unusable because of their low reactivity. 
those fuels which are reactive at this temperature produce quantities of 
tars, pitches, and other impurities which may have a deleterious effect on 
cell operation. The presence of such undesirable gasification by-products 
is increased even further in the absence of a direct supply of oxygen in 
the reactor. The issue is complicated by the fact that cell performance 
is most efficient when the fuel contains high concentrations of either 
CO or H2. 

reactions (1) and (2), retarding their reaction rate. This effect compounds 
the problem of striking an effective compromise between a reasonable 
reactor size and highly efficient cell operating conditions. 

In order to study the effect of such factors as these on the 

On the other hand, 

In the reactor, however, large quantities of CO and H inhibit 2 

overall system performance, two avenues of investigation have been pursued. 
A small test reactor has been built to which a stream of gases containing 

co, cozy H and H 0 can be added, simulating the recycle gases in the 2 2 
8 
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propcsed deslgn.  Secondly a s y s t e r s  ~ t u d y  0 1  rn: ;rot-  5 t - s  p:s-t has been 

undertaken,  cu lmina t ing  in B con.puter s i - iu la tLon  of  bolt i t T and c e l l  

banks. The purpose of t h i s  5 t ~ d v  ~ 3 s  t o  denor.str3t- t h e  e n g i n t c r i n g  

f e a s i b i l i t y  of such a p l a n t ,  LO I S E ~ S S  i t s  econovi: d s c ! r a b i l i t y  and t o  

p o i n t  ou t  areas whrrc f u r t h e r  d e v c l c p w p t  Pf fo i  f wrr-! . !  h.? most bene€ic i? l .  

Test X ~ i c t c r  

The test reactor i s  shown ir. Yigure A , ,  I t  cd~>.s i i ; t s  of a 1,-3/8" 
'. N 

i , d .  inconel tube. l l lcoted in r r c i a !  fctii-::icc f l~: i ! : ice~ T h i s  z e a c t o r  

i t s e l f  is of  convent iona l  t ' i -  E X C E [ J t i O T !  O f  t W O  

slnali fuel c e i l s  w i i i c l l  31'12 10::3+.cd :it-s: i.is i:-,irt. x . 3  OO:!PI  a !'The j.g.let 

c e l l  i s  b a r e l y  vis ihlc-  ic t h e  t z,: '. T!;c : i p m  S I I ' C U : ~  vti l tages  of these,.:. 

, .. . .  . . 

. .  

c e l l s  are used t o  de te rmine  the  compositions o f  rhe i n l e t  and o u t l e t  
~ 

streams, t l i r reby p r o v i d i n g  a measure o f  t h e  ext-i?i'tr o f  g a s i f i c a t i o n  which , .._ 

o c c u r s  i n  the reactor. The use of  t h e  i e i l ~  3 s  masureriient d e v i c c s  

allows a rap id  and soiiveriient s r : d i y s i r ;  of t h c  gx;,." t i 3  be zbt.zi.?ed. . 
immediately upon t h e i r  exit fron; flit-: i 'uei b e d ,  :.:ithour cocl1r7g cI:gW&mpering 

w i t h  t h e  gas stream in any vsy.  I n i t i a l  runs  us l ag  t h i s  s e t u p  have been 

e n t i r e l y  s a t i s f a c t o r y ,  and a report  f r o o i  this l a b o r a t c r y  cn th.e observed 

t .. . 

- - * : C : - - * : - -  l r i - - + i - c  r . , < l l  55 m , . . c c n t L A  chnr+l\, 
6.."AL..-YL*-.. .. ̂ .._ -. ..- ..&.& 1 - -  -I_ .._-- _ _  ,- 

In addi t ior .  to  provid ing  k i n e t i c  d3t .3  for ?lie v a r i o u s  coals 3 f  

i n t e r e s t ,  the r e s t  r e . i c t o r  s e r v e s  scvcrra! cthc-r  pi-lrposes. I t  i: being  

used  t o  s tudy not o n l y  t h e  i n h i b i t i n g  efj'cr:. of  h i g h  CO avd R2 C-oncentraticT!; 

on t h e  g a s i f i c a t i o n ,  bu t  to examine the c f f e r t s  o f  opernt  ing v e r y  near t o  

t h e  e q u i i i b r i u n  gas composi t ions .  which y i e l d  t h c  h i  ghesr  c e l l  e f f i c i e n c y .  

The problems of c l e a n i n g  and f i l t - w i n g  t h e  r e q c t o r  o u ~ p ; r t  gases 3 r e  be ing  

examined,and t h e  e f f e c t s  o f  such marer ia ;?  8 s  f l y - a c i i ,  [ , i r - c k s ,  3r.d t a r s  

on c e l l  performance are be ing  explored ,  O v e r a l l ,  t h e  t e s t .  reactor i s  s e d  

t o  supply n e c e s s a r y  e n g i n e e r i n g  i n f o r n a t i o n  f u r  the. :onputer s i m u l a t i o n  i n  

o r d e r  t h a t  optimum sys tem o p e r a t i n g  c o n d i t i o n s  and generii f e a s i b i l i t y  carr 

be determined. 
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Sys tem Simulation 

Some preliminary results of this simulation may be of interest 
at this time. The simulation includes both fixed and fluidized bed 
conditicns, operated either i,sothermally, or adiabatically. It includes 
both the reactor and cell banks 1 and 2. In the reactor the surface 
reactions between carbon and steam and CO are assumed to be controlling. 
In the gas phase, the "water gas" equilibrium were assumed to hold. Rate 

expressions of the Langmuir-Hinshelwood type were adopted for the surface 
reactions, and published data for the specific constants were employed 

in the simulation. (7y10y ""'). I n  the call banks equilibrium conditions 
were assumed to prevail as far as the gas composition was concerned, with 
the generated voltages modified tc account for both the losses due to 
internal cell resistance and those which occur due to cell polarization. 

2 

Figure 5 illustrates how the gas composition varies in its 
passage through the main system loop, as predicted by the computer 
simulation. Note that as C 0 2  and H20 react with the carbon, their 
percentages decrease, while the percentage of CO and H increase. In the 
gas space immediately adjacent to the coal bed provision has been made for 

2 

some volatile material to enter the gas stream; this is indicated by the 
sharp change in composition indicated by the dotted lines. In the cell 
banks as oxidation occurs, the percentage CO and H 

and H 0 increase. In the example shown on Figure 5, the hydrogen (H) to 

carbon ratio, H/C,  is 1.0. The oxygen (0) to carbon ratio at the inlet 
to the reactor is 1.67 and the system is considered to be isothermal at 
1200'K. 

2 decrease while CO 2 

2 

In addition to predicting the change in gas composition as it 
moves through the system the simulation provides the size reactor needed 
to generate sufficient gaseous products to attain an assigned power level, 
if a particular fuel, an inlet O/C ratio, a recycle rate (moles of CO and 

CO 

a percent fuel burnup, and a system temperature are specified. 
flowing through cell bank 1 per mole'of carbon C y  consumed in reactor), 2 

Figure 6 shows how the reactor size r^equired to gasify a g mole/ 
sec varies with conversion, for an inlet n o 8  value of 1.67 and a temperature 



of 1200'K. 
total theoretical power output of the system per g. mole / SEC gasified - 
also as a function of conversion. Two cases aye illustrated on the figure 
for reactor size: one correspondicg to plug flow conditiocs in the reactor; 
the other corresponding to perfectly mixed conditioss. The reactivity of 
the carbon in the bed itself was taken to be that for retort coke, acd 
published rate data for this material was used in the construction of 

Plotted on the same figure is a curve which represents the 

1 
4 

Figure 6 (10,11) < 

Figore 7 shows how a normalized gasifier size depends upon degree 
of conversion. Here the size of the reactor in grams per 130 theoretical 1 

' 1  
watts produced by the system is plotted vs the oxygen to carbon ratio, n:" 
This 1 

by power produced, each per g. mole gasified per second. The case presented 
in Figure 7 is for isothermal operation at 1200'K. 
1.25 and 1.67, are illustrated for both plug flow and perfectly mixed 
reactors. The gas flow in the cells is assumed to be plug flow ifi all ' 

cases. The size of a reactor for a particular configuration and inlet 
condition is obtained by locating the desired (n:), value on the abscissa 
and reading the ordinate for the appropriate curve. To demonstrate the 
e f f e r t  nf  tern?erettLre F i g - r e  e s h c ~ p  2 - I n +  r--- -f TPS~TCT 

I 

figure is obtained from the data on Figure 6 by dividing reactor size 

Two inlet (n') values, 

r e ~ c + - c r  size, 

size vs. the reciprocal absolute temperature for an inlet [c') of 1.67 and 
an outlet (n:) of 1.25. 

0 

In addition to such results obtained for isothermal operation, 
the simulation predicts system size and behavior under adiabatic conditions. 
In this case the net heat release by the exothermic reacticns apd T R 
losses in the cell banks contributes to increasing the sensible heat. 3f 

the circulating gases. The hested gases then pass through the reactor, 
losing heat to the endothermic reactions which occur there. 
simulation has shown that, depending on conversion and recycle rate, the 
temperature rise in the cells may exceed, balance, or be less than the 
temperature drop in the reactor, and careful design will be required to 
adjust effectively the various system parameters in order to attain a 
proper thermal balance. 

2 

The 

1 

i r. 
1 
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Discussion 

On the bases of the investigations both with present-day 
laboratory equipment and with the overall system simulation certain key 
problems have emerged which require solution before the proposed plant 
can be considered as a feasible power generation system. 
siderable incentive to seek out these solutions, however, because of the 
many desirable features such a plant would have, such as high overall 
efficiency, even for small sized plants, inherently simpler operation due 
to the lack of moving parts, and compact overall size. 

There is con- 

Some of the problems tonnected with the suggested coal gasifier 
have been discussed briefly in a previous section. Essentially these 

problems center around the fact that heat will have to be supplied to the 
reactor and that the gasification temperature is not spectaculatly high. 

Both of these factors indicate that a rather large scale reactor may be 
required compared to the idealized size obtained from the iso-thermal 
simulation. However Jolley, Poll and Stantan reporting on the fluidized 
gasification of non-caking coals with steam in a small pilot plant have 
shown that reasonably good heat transfer through the walls of the 

gasification chamber can be attained with as little an overall temperature 
driving force as 100°C.(8) 
much of the heat which is generated in the cell banks can be transferred 
directly to the reactor by conduction through separating walls. 
the temperature gradient required to do this is not excessive. 

This is encouraging in that it means that 

Moreover, 

In addition to this external heating of the gasifier, some 
measure of internal heating will be accomplished by means of the recycle 

stream, which serves as a heat-carrying fluid as well as a gasification 
agent. Preliminary indications are that the recycle molar flow rate will 

be three to six times larger than the amount of coal gasified per unit 
time. This means that a good portion of the endothermic heat of reaction 
can be provided by the recirculating gases. 

, The final solution to this problem remains still to be engineered, 
but for the reasons given above, there is some indication that a reasonable 
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answer may be found. resulting i n  a reactor size per theoretical watt 

approaching that given in Figure 7. 
The fuel cell batteries themselves are not finished products 

to be sure, and still require considerable development effort. Essentially 
this effort is directed towards extending the life of the devices, 
minimizing associated electrode polarization losses, and reducing cell 
costs. Considerable progress has been made on these problems and reports 
concerning this progress have been published by this laboratory. ( 6 )  

I f  these and other problems can be solved, the overall plant 

described in this paper provides a very attractive method for the 
gasification and utilization cf coal. Because it uses air as the 
oxidizing agent, this raw material cost is negligible. However, because 
only oxygen enters the major system process stream, the gasification step 
proceeds as if pure industrial oxygen had been used, with no nitrogen 
dilution of the gasified products. It is reported that the cost of 
oxygen represents about 40-60% of the raw material costs of gasification 

processes using industrial oxygen. (I5) 
gasification unit, the process offers the possibility of reducing a major 
portion of the raw material costs. 

Thus, if viewed only as a 

Tn n d d i t i - n n  r_n this s:.:inga, h-vc.:er, t C c  c::ract;-<e:ess of t:,r 

proposed scheme comes from the fact that the plant utilizes the gasified 
coal products in an extremely efficient manner. 
that the overall efficiency of the proposed plant in converting coal to 
electricity will be about 60%. (13) 
efficiencies of about 38-42%,  with very large installations required to 
attaih the higher figure. (’*) 
the cost of generating electricity by present-day techniques, the improved 
efficiency of the proposed plant represents a highly desirable improvement. 

It has been estimated 

Present day stations operate at 

Since fuel costs represent about 40-50% of 

Ln order to attain this efficiency however, certain demands on 
system performance will have to be met. Table I lists the projectcd 
system characteristics and operating conditions based on an economic 

optimization of the system as currently envisioned. ( I 3 )  

this study, it has been suggested that: 
On the basis of 

1) if bell-and-spigot cells with 

r 
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an internal resistance of 0.25 A can be made and fabricated into banks 

for $0.10 a cell; and 2) if a minimum payout time of 5 years can be used 
to recover the investment, return a profit, pay taxes, and provide 
maintenance (the cell life must obviously exceed 5 years), then coal- 
burning solid-electrolyte fuel-cell power systems can produce electrical 
energy at 5 mils/kw-hr; the system eftiriency will be 60%, and the 
current density in the cell banks, will be 71~2 milliamps/cm . 2 

TABLE I 

Projected System . Characteristics 

I Overall Efficiency 60-70% 

Cell Banks 
Current Density 
Cubic Feet per Kilowatt 

Reactor 
Volume per Kilowatt 

2 700 malcm 
0.3 ft3lkw 1 

0.1-5.0 ft3/kw 

System 
Recycle Ratio 3-6 
(moles recirculated per mole gasified) 
Percent Fuel Burnup 95-98% 

Cells have already been built which have an internal resistance 
of 0.3 fi . The cost of materials for these cells is about $0.004 for 
zirconia and $0.03 for platinum, and effort is being expended to find 
suitable replacements for platinum to further reduce this raw material 
cost. 
on H2 fuel. 
be in the making. If they can be attained, along with reasonable solutions 
to the coal reactor problems, the proposed plant offers much promise as a 
power generation station of the future. 

Cells have operated at 750 milliamps/cm2 for short periods of time 
These facts indicate that solutions to the cell problems may 
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Figure 4 - Test Reactor 
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Carbon Dioxide Acceptor Gasification Process 

By: G. P. Curran, C. H. Rice and E. Gorin 

Research Division 
Consolidation Coal Company 

Library, Pennsylvania 

Introduction 

Production of both hydrogen r ich  and high BTU gas from coai  has been 
under study i n  the  Research Division of Consolidation Coal Company f o r  several  
years. There are a number of p a r t i a l l y  or  f u l l y  developed processes which are 
available f o r  t h i s  purpose. 
with na tura l  gas f o r  the foreseeable future. 

These are all too expensive t o  be competitive 

It is a fea ture  of most of t he  available processes t h a t  oqygen i s  
The high used t o  provide the  endothermic heat of the  gas i f ica t ion  process. 

cost  of oqygen i s  one of t h e  more significant. i tems which makes the  conventional 
processes uneconomic. 

It has thus become c l e a r  t ha t  elimination of oqygen i s  one of the 
The Cog acceptor prerequisites f o r  t he  development of an improved process. 

process i s  one which s a t i s f i e s  t h i s  general objective. This paper describes 
some steps which have been taken i n  the development of the process. The 
emphasis i s  on a discussion of the  properties of the acceptor as determined by 
the needs. 

Process Description 

The general p r inc ip le  of  the C02 acceptor process is  the use of a 
c i rcu la t ing  lime-bearing acceptor. 

The acceptor generates the hea t  required i n  the gas i f ica t ion  s t e p  of 
the process by the  reac t ion ,  

C a O  + Cog = CaC03 

!be absorption of carbon dioxide serves also t o  enrich the gas i n  hydrogen. 
More heat i s  thus evolved by i n t ens i f i ca t ion  of the two exothermic reactions,  

CO + H20 = C02 + H2 
C + 2 H 2 = C ! &  

It t h u s  becomes possible t o  supply all the  hea t  requirements of the  gasifica- 
t i on  process by use of a su i t ab le  acceptor. 
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The acceptor i s  regenerated by calcining i n  a separate s t e p  the 
The heat required i s  supplied calcium carbonate at a higher temperature. 

by burning the residual char from the gas i f ie r  with air. 

A number of v a r i a t ' o  s i n  the acceptor process have been described 
i n  a ser ies  of U. S .  patentstl?.  
i l l u s t r a t e d  i n  Figure 1. 
ser ies  of process s teps  shown f r o m  the devolat i l izer  t o  the regenerator. 

A typ ica l  flowsheet of the  process i s  
The char feed i s  passed sequentially through t h e  

The elements of the process flowsheet have 'been studied individually. 
The product yields  obtained i n  the devolat i l izat ion of low temperature chars 
produced from Pittsburgh Seem coals have been determined i n  a continuous 
10 lb/hr(2) f luidized bed unit. Gasification of char with s eam and oggen 
has been studied i n  a 200 lb/hr  f luidized p i l o t  scale unit(6f. A detai led 
s t u d y  has a l so  been made of basic  kinet ics  of the gasif icat ion reactions of 
char with pure hydrogen(*) and hydrogen-steam m i x t u r e ~ ( ~ , ~ r ~ ) .  

No operating data  are  available f o r  the integrated process as shown 
i n  Figure 1. 
however, given i n  Table I. 
operating conditions of the  process based on available data  on the kinet ics  
and thermodynamics of the individual reactions involved. 

A detai led heat and material balance around the  process is, 
These data  represent reasonable projections of the 

'Ihe process conditions i n  the gas i f ie r  were determined from the 
k ine t ics  data  which show t h a t  the following approaches t o  equilibrium i n  the  
d i f fe ren t  reactions are reasonable. 

Percent Approach t o  
Equilibrium 

'(graphite) + * HZ = 80 

CO + H20 = C02 + H 2  100 

24.5 

In  Table I the C02 present i n  the gas i f ie r  i s  equivalent t o  the 
equilibrium COB pressure f o r  the acceptor reaction. 
t h i s  reaction t o  be rapid, a s m a l l  p a r t i a l  pressure driving force actual ly  
would be required. 

Although our data show 

The flowsheet and material  balance serves largely as a framework 
for  the discussion of required acceptor properties. 
hear t  of the process, select ion of a sui table  material  i s  the  required f i r s t  
s tep  i n  the process development. 

Since the acceptor is the 

The acceptor must be physically rugged, such that it r e s i s t s  
excessive a t t r i t i o n  and thus is separable i n  the regenerator from the f inely-  
divided char ash. 
repeated cycling through the conditions imposed i n  the  process as vel1 as by 
interact ion with char ash. 

It must be res i s tan t  t o  chemical deactivation caused by 

Finally,  the  conditions within the gas i f ie r  and 
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regenerator must b e  consistent w. i fh  tiic thennodyrianic propcrLlcc of ~ i i , ~  

acceptor. 

One fea ture  of the acceptor which w i l l  be iiiscuseec i:? :i:urc w t c i . ~  
later i s  i t s  tendency t o  m e l t  a t  cer ta in  conditions. 
l i s t e d  i n  Table I, t h i s  property necessitates tha t  tnc p a r t i a l  pressure of 
steam does not exceed about 13 atmospheres. I n  Figure 1, t h i s  i s  accornpiioneti, 
as shown, by recycling about 45 percent of the gas i f i e r  effluent; ar?d mixing 
with the incoming steam, 

For the corlditior& 

Experimental Method 

The i n i t i a l  exploratory studies were car r ied  out i n  the 1-112" I .D.  
high pressure Uniloy reac tor  system used i n  the  e a r l i e r  k ine t ics  studies of 
the H2-H20-char system(4). 

The studies on the  properties of the  acceptor were carried out i n  
the  equipment shown schematically i n  Figure 2. 
prescreened t o  a s i z e  of 24 x 28 mesh were t rea ted  i n  a 1" I.D. x 8" long 
f lu id ized  bed reactor. The thin-walled, s t a in l e s s  s t e e l  reactor was contained 
along with i t s  e l e c t r i c a l l y  heated furnace i n  a one- l i te r  high pressure 
autoclave. 

The acceptor so l ids ,  usually 

For atmospheric pressure work, a quartz reactor was  used t o  replace 
the high pressure reactor. The process gas i n  both reactors i s  introduced 
ax ia l ly  down through a d ip  tube,reverses d i rec t ion  and f lu id izes  the acceptor. 
The quartz tube reac tor  w a s  heated by immersion i n  a fluidized sand bed 
furnace. 

The reactor w a s  supplied e i the r  w i t h  metered dry gas (COB, N 2 ,  and 
any desired premixed blend containing C02, N2, S02, H2S, and H2) o r  with dry 
gas-stem mixtures. 
through t h e  steam generator. 
water temperature i n  the  generator which was controlled t o  2 O.l°F. 

I n  the latter instance, the  metered dry gas was passed 
Steam p a r t i a l  pressure was determined by the  

The composition of t he  dry e f f luent  gas was monitored 'continuously 
by a thermal conductivity ce l l .  
the  reference s ide  of t h e  ce l l .  

Dry feed gas was supplied continuously t o  

Measurements of the equilibrium constants i n  several reactions of 
i n t e r e s t  were made i n  the  above equipment. 
methods used and t h e  results of t h i s  work w i l l  be published separately. 

A deta i led  description of t he  

For study of deactivation at  process conditions, the acceptor was 
put through a se r i e s  of carbonation and calcination cycles which simulated 
the process conditions i l l u s t r a t e d  i n  Figure 1 and Table I. 
reactor was  6 grams of 24 x 28 mesh acceptor and 60 grams of 100 x 150 mesh 
granular fused per i c l a se  which was used as an i n e r t  diluent. 
used t o  minimize reac t ion  heat e f f ec t s  and consequently t o  provide be t t e r  
temperature control i n  t h e  carbonation and calcining steps. 

The charge t o  the 

The diluent was 

The t o t a l  pressure 
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w a s  adjusted t o  8.87 atmospheres and the bed fluidized with a COP-& mixture. 
The p a r t i a l  pressure of COa was 5-8 ab .  depending on the desired calcining 
temperature. The super f ic ia l  gas velocity was held between 0.3-0.4 ft/sec a t  
a l l  times. 

The bed was then heated rapidly t o  the calcining temperature which 
was held f o r  d i f fe ren t  runs a t  1900"F, 1950'F and 2000°F. 
analyzer monitored the  course o f  the  calcining. 
t he  i n l e t  gas composition was adjusted t o  give 1.5 atm. COB p a r t i a l  pressure 
and the  bed was  cooled rapidly to  1700°F when 7.0 a b .  steam p a r t i a l  pressure 
w a s  substi tuted f o r  most of t he  nitrogen. 
decreased t o  1650'~ where it was held until recarbonation was e s sen t i a l ly  
complete as shown by the e f f luent  gas analyzer. Nitrogen was subs t i tu ted  at 
this point f o r  steam and the cycle repeated for the desired number of times. 
The time required f o r  a complete cycle was 20-25 minutes. 

The e f f luent  gas 
Upon completion of calcining, 

The bed temperature w a s  then 

A t  the end of the prescribed number of cycles the acceptor was  
f lu id ized  a t  1650"~ with an N2-CO2 gas mixture containing 1.5 atm. p a r t i a l  
pressure of C02 and held under these conditions f o r  1.5 minutes, !The acceptor 
w a s  then cooled rapidly and tes ted  f o r  ac t iv i ty .  

A Chevenard themobdance modified by using a l i n e a r  transducer t o  
ae t ec t  beam posit ion and sample w e i g h t  was  used to  a r r ive  a t  a standard ac t iv i ty  
measurement. 

The acceptor sample (about 200 milligrams) w a s  placed i n  a monolayer 
between two s t a in l e s s  s t e e l  screens held by a r ing  which rested on the  support 
rod. 
with respect t o  the  COP p a r t i a l  pressure ex ter ior  t o  the  par t ic les .  

Gas flow downward through the pa r t i c l e s  maintained d i f f e ren t i a l  conditions 

The thermobalance was operated isothermally a t  1525'F and at  atmos- 
pheric pressure. 
composition of the gas flowing through the sample holder. 
provided prackically instantaneous change from N2 used f o r  calcining t o  Cog 
used f o r  recarbonation. The flow ra tes  of each of the  gases were chosen so 
that the  combined ef fec ts  of buoyancy and velocity head were the same. 

The sample first w a s  calcined and the  w e i g h t  loss  recorded. 

Calcining and recarbonation were accomplished by changing t h e  
The gas inlet system 

It v a s  
then recarbonated f o r  a standard t i m e  period of 7 minutes. 

The standard ac t iv i ty  value used i n  the discussion which follows is 
an average carbonation ra t io ,  R, from the  two above operations defined as 
f ollars : 

R =  - Average Cam3 
CamS + CaO 

The study of potent ia l  a c t i v i t y  loss due to repeated su l f id ing  of 
the  acceptor and regeneration of the Cas formed w a s  made i n  the quartz tube 
reactor. 
regenerated by f lu id iz ing  i n  air a t  1950'F u n t i l  SO2 evolution ceased. 

The acceptor w a s  sulfided .in an &S-& mixture at 16P0F and wae 
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A n  accelerated test  f o r  po ten t ia l  deactivation due t o  in te rac t ion  
w i t h  ash w a s  used. 
o r  oxide form was br ique t ted  using a Celvacene grease binder with -100 mesh 
ash i n  a w e i g h t  r a t i o  of 53 par t s  acceptor i n  oxide form t o  30 par t s  of ash. 
The ash was derived by a i r  combustion of char from Pittsburgh Seam coal i n  
a f lu id ized  bed, Ash was used i n  both oxidized and reduced forms. The 
briquets were calcined a t  1500°F and crushed. 
t rea ted  f o r  16 hours i n  a f ixed  bed a t  various temperatures and w i t h  several  
d i f f e ren t  types of atmospheres.' In some cases a f t e r  the i n i t i a l  treatment, 
the acceptor-ash fragments were subjected t o  the standard cycling between 
carbonation and calcination. A f i n a l  ac t iv i ty  test was then run i n  the 
thermobalance as described above after the acceptor had been cleaned of 
adhering ash. 

Acceptor s ized  t o  20 x 24 mesh i n  either the carbonate 

The +8 mesh fraguents were 

Results and Discussion 

a. Fixed Bed Experiments 

The i n i t i a l  experiments using a f ixed  bed of char and lime 
demonstrated the bas ic  f e a s i b i l i t y  of the process from the chemical point 
of view. Comparative r e s u l t s  f r o m  a p a i r  of f ixed  bed runs with and without 
l i m e  present are shown i n  Table 11. The char used here is the same devolati l-  
i zed  "Disco" char e a r l i e r  employed i n  the k ine t i c s  studies. 
the  blank experiment t o  g ive  the  same volumetric r a t i o  of char t o  inorganic 
material. 

Sand vas used i n  

The data of Table -11 are without a great deal of quant i ta t ive  

They do illustrate, hgwever, the principle 
significance due t o  uncontrolled temperature gradients i n  the  bed and vari- 
a t ion  of carbon burnoff w i t h  time. 
of t he  C02 acceptor method i n  providing f o r  removal of carbon dioxide from 
the  gas w i t h  simultaneous enrichment of the product gas in hydrogen and 
methane. 

b. Study of Melt Formation 

In the f ixed  bed run, the acceptor melted at the conditions 
used. 
occurs i n  a fluidized bed of  acceptor a t  1650"~ and 11 ab .  steam p a r t i a l  
pressure, over the e n t i r e  range of carbonation ratios. 
gation of m e l t  formation i s  now underway. Results so far show that the  steam 
p a r t i a l  pressure may be as high as 13 ab .  a t  1650'~ without fonning the  m e l t ,  
and that the m e l t  i s  a ternary l i q u i d  composed of Ca(0H) , CaCO3, and CaO. 
Phase equi l ibr ia  behavior of t h i s  i n t e re s t ing  system wilf be published when 
the  work is  completed. 

Subsequent inves t iga t ions  showed tha t  ne i the r  melting o r  agglomeration 

A detailed inveati-  

' 

c. Thennodynamic Limitations 

Equi l ibr ia  i n  the  reactions given below are the most per t inent  
t o  the process: 

CaO + &S = C a S  + &O 
1/4 CaS + 3/4 Cas04 = CaO + SO2 

(1) 

(2) 

(3 1 Caco3 = cao + Coe 



The experimentdly determined v d u e s  f o r  reaction (1) a re  
given i n  Table 111. 
able i n  the l i t e r a t u r e  previously. 

No reliable values f o r  t h i s  equilibrium have been ava i l -  

The experimentally determined values f o r  reaction ( 2 )  a re  shown 
i n  Figur 6. 
Zawadskiy7). 

The values check well with those previously determined by 

The data i n  reaction ( 3 )  a re  shown i n  Figure 5. 
l i t e r a t u r e  data imply t h a t  the equilibrium CO2 pressure depends on t h e  or ig in  
of the calcium carbonate. Our measurements on stones ranging i n  composition 
from pure limestone to  impure dolomite, and having widely d i f fe ren t  geologic 
origins,  have shown tha t  the equilibrium C02 pressure i s  independent of a l l  
conditions except temperature. Figure 5 shows t h a t  our data agree very well 
with those of Smyth and Adams(3), who used pure ca l c i t e  as the  source of 
CaC03. These data m u s t  now be accepted as providing the cor rec t  values. 

Some of the 

Experimentally, all three reactions have been shown t o  be rapid 
and equilibrium should be closely approached i n  ac tua l  operation of the 
process. 
t ha t  substantially all the su l fur  released from the  char i n  the  gas i f i e r  w i l l  
be absorbed by the acceptor as Cas. This su l fur  must be rejected as SO2 i n  
the regenerator. The regenerator must be operated w i t h  a s l i g h t  deficiency 
of owgen such tha t  there i s  no oqygen breakthrough. Under these conditions 
the equilibrium f o r  reaction (2)  is controlling. 

The high values f o r  the equilibrium constants i n  reaction (1) mean 

Reaction ( 3 )  determines the minimum temperature f o r  operation 
of the regenerator t o  provide a driving force f o r  calcination of the  acceptor. 
The required temperature i s  higher, of course, the higher the  operating 
pressure of the system. The operating pressure i s  thus s e t  by s t e m  pressure 
l imi ta t ion  i n  the  gas i f ie r ,  i.e., l e s s  than 13 atmospheres and by the  l i m i t -  
a t ion  s e t  on regeneration temperature by the equilibrium i n  reaction ( 3 ) .  
It i s  on this bas is  t ha t  the  operating pressure of 300 ps ia  used i n  the- 
i l l u s t r a t i v e  example i n  Figure 1 and Table I was arrived at. 
la t ions  show t h a t  the driving force f o r  the  calcining reaction goes to  zero 
a t  1935'F and a pressure of 3,oO psia. 

Further calcu- 

The su l fur  rejection reaction (2) i s  not cont ro l l ing  since as 
the da ta  i n  Table IV show the relative driving force i s  much greater than 
f o r  the calcining reaction. 
ing only f o r  coals whose s u l f u r  content i s  w e l l  beyond t h a t  of most s t e m  
coals. 

The sulfur re jec t ion  problem would become limit- 

d. Acceptor Selection 

The choice of acceptor so l ids  i s  determined by the  fac tors  of 
physical strength, high r eac t iv i ty  i n  carbonation and calcination reactions 
and resistance t o  deactivation upon exposure t o  process conditions. 

1 3 3  
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A number of limestones and dolomites s a t i s f ac to r i ly  m e t  the 

Examples of the r eac t iv i ty  of a typical 
f i rs t  two conditions. The r eac t iv i ty  f o r  calcining and recarbonation 
reactions a re  also su i tab ly  high. 
dolomite both i n  f resh  and thermally t rea ted  conditions are,  given i n  
Figures 3 and 4. 

The data i n  Figures 3 and 4 show the r a t e  of the calcining 
and recarbonation reactions as measured on t he  thermobalance at 1525'F in 
a nitrogen and CO, atmosphere, respectively. 
case the  reaction is  nearly complete a f t e r  2 minutes exposure time. 
more de ta i led  k ine t ic  study is  now i n  progress. 

It i s  noted t h a t  i n  e i the r  
A 

None of the limestones o r  impure dolomites, however, showed 

A dolomite from Western Ohio (Greenfield formation) had 
suf f ic ien t  resistance t o  deactivation under process conditions t o  be usefu l  
i n  t h e  process. 
excellent resistance t o  deactivation and was selected f o r  fur ther  detailed 
study. 

The reserves of the Greenfield dolomite are suf f ic ien t ly  
la rge  so t h a t  it would be a logica l  choice f o r  a fu ture  gasification plant 
located i n  e i ther  I l l i n o i s  or the Ohio River Valley. 

Analysis of t h e  Greenfield stone is  given below: 

Cam3 52.28 
MgW3 44.61 
a203 + Si02 + Fez03 2.24 
FeCOs 0.20 
Unaccounted f o r  0.67 

A t  process conditions and at all experimental conditions 
cacc 2- +Lis vnrk, the M ~ M J  r 'qonent of dolomite i s  unstable and de- 
composes t o  form MgO which' i s  completely i n e r t  a t  these conditions. 

e. Deactivation Under Process Conditions 

!&e e f f e c t  of cycling the 24 x 28 mesh Greenfield dolomite 
through simulated process conditions i s  shown i n  !hble V. I n  no case did 
the a c t i v i t y  decrease s ign i f i can t ly  below 0.80 Standard Carbonation ratio.  
Since some fresh acceptor make up inevitably w i l l  be required because of . 
incomplete separation of t he  acceptor and spent char i n  the  regenerator, the  
equilibrium ac t iv i ty  of the rec i rcu la t ing  acceptor will be at a l eve l  some- 
what above 0.80. 

The physical strength of the stone i s  remarkably high. A t  
l e a s t  98 percent and usually a t  l e a s t  99 percent of the  original. acceptor 
was recovered as +48 mesh material  after each one of the above tes t s .  

/ 



The makeup requirements f o r  the process i n  Table I were 
based on 94 percent recovery of the regenerated acceptor from the spent 
char i n  the regenerator which is  adequately conservative. 

A similar series of runs were carr ied out i n  which the 
Greenfield dolomite was converted t o  Cas followed by regeneration of the 
CaO by oxidative decomposition of the  C a s  a t  1950'F. No deactivation of 
the stone due t o  the su l fur  cycle was noted. 

The stone i s  also highly r e s i s t a n t  t o  deactivation by in te r -  
action with char ash as the results i n  Table V I  show. 
acceptor on exposure t o  ash does not depend upon the oxidation s t a t e s  of 
the  ash t h a t  can exist at  process conditions, nor on the extent of carbona- 
t i o n  of the lime. 

The a c t i v i t y  of the 
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TABLE I1 

Comparative Fixed Bed Runs i n  the  
Presence and Absence of Lime 

Steam Feed Rate, 0.8 x mols/hr. Total  Pressure, 30 a h .  

W t .  Solids Average D r y  Make Gas Steam Median 
RUn Charged Composition Conversion Bed Temp. 

l b s  Cog H2 C& CO 7 "F 

B l a n k  ( Char - 0.5 23 48 9 20 t 1620 
( Sand - 1.87 

Lime ( Char - 0.5 0.5 79.5 1 7  3 70 1640 
( Lime - 0.87 

* Not determined. 
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TABLE I11 

Equilibrium Data i n  Reaction 

CaO + H$ = C a s  + H20 

K = HzO/H&3 

2030 
1320 
837 
587 

TABLE IV 

Thermodynamic Driving Force i n  
Regenerator at 1950°F and 300 ps ia  

P Driving Force Atm. 
P%/Equil. Pm2 
Pco,/Equil. PcO, 

Regenerator Effluent Gas, Mol $ 

H 2  
co2 
N 2  
H20 co 
SO2 

0.55 
0.93 
0.37 

0.01 
36.29 
61-39 
1.19 
0.79 
0.33 



TABLE V 

Effect of Cycling Greenfield Dolomite (24 x 2 8 ~ )  
Thru Simulated Process Conditions 

Recarbonation Conditions - 1650"~ - 1.5 ah. C02 - 7.0 atm. H20 

Calciner Total Time at 
Temp. Process Conditions, hrs. No. of C'ycles Std. Carb. Ratio 

1900°F 

I 
2.9 
2.2 
7.4 
8.0 

1950°F 

* 
2000'F 

6.0 .1 

2.3 
5.5 
8.5 

2 
5 
5 

20 

5 
1 2  
20 

5 
12 

0.87 

0.80 
0.80 

0.77 

0.81 
0.81 
0.76 

0.81 
0.77 

TABLE V I  

Effect of Ash 

The acceptor w a s  briquetted with ash and held f o r  16 hours a t  
t he  conditions l i s t ed .  

Form of No. of Ambient 
nun Acceptor Ash O F  Cycles Gas Sta.'.Cakb> Ratio - - 
a2 oxide oxidized 1650 1 air .81 

reduced 1900 1 H2 .76 
oxidized 1900 1 (2) -76 

H76 carbonate lgoo 0 (2) .80 

a 9  
Q20 
a4 

Q33 oxide 5 (2) .e76 ' 

reduced ( 1650 1 H2 -90 1 

(1) 
(2) 

Ash i n  form of 7 6  burnoff char. 
I n l e t  gas was 90$ C02-10$ H2 which was converted by the  water 
gas s h i f t  reaction at  run conditions t o  the following composition: 

CO2 80.5 mol 46, H2 0.546, H20 9.5% 0 9.546. 
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A KINETIC STUDY O F  COAL HYDROGASIFICATION- 
THE RAPID INITIAL REACTION 

C. Y.  Wen 

Institute of Gas Technology 
Chicago 16, Illinois 

P 

INTRODUCTION 

The production of synthetic methane f r o m  coa y ydrogasification 
has considerable economic potentiality. A number of experimental  studies 
of coal hydrogasification have been reported during the l a s t  few yea r s .  
a few studies were  concerned with reaction kinetics. A thorough l i terature  
survcy has been presented elsewhere. ( 3 )  

Only 

There a r e  many problems associated with coal hydrogasification 
which must  be solved before the p rocess  can become economically feasible. 
One of the important problems is concerned with the propert ies  of coal which 
affect hydrogasification. F r o m  a reaction-kinetic point of view, carbon in 
coal consists roughly of two types differing greatly in  reactivity - the portion 
associated with the volatile mat ter  and the remainder  corresponding to the 
residual carbonaceous matter ,  coke. 

Under the high temperatures  and p r e s s u r e s  .required for  hydrogasi- 

P re t r ea tmen t  of coal, therefore ,  has been required in 
Roughly, 30 percent  of the 

fication, coals tend to soften and agglomerate,  thus preventing f r e e  flow 
through the reactor.  
moving-bed o r  fluidized-bed reactor  operation. 
carbon in coal i s  in the fo rm of volatile ma t t e r  which r eac t s  rapidly with 
hydrogen to fo rm methane a t  temperatures  ranging f rom 1300" to 1800°F. 
and p res su res  ranging f rom 50 to 200 atmospheres .  The remainder  of the 
carbon reacts  very slow1 and the reaction r a t e  i s  subject to m o r e  seve re  
equilibrium hindrance. ( ?JY During the pretrcatmcnt  of coal,  which usually 
involves oxidation o r  charring of the coal surface by air o r  other ga,ses to 
produce a protective film, a great  portion of the reactive volatile ma t t e r  i s  
lost. In most ca ses ,  approximately one half of the volatile ma t t e r  carbon 
content is lost i n  pretreatment.  

I t  is quite appropriate,  therefore,  to s ea rch  for means  of utilizing 
unpretreated coals in o rde r  to fully utilize the highly react ive portion of 
coal. One such process  is to conduct the hydrogasification of coal in a so  
called "free-fall" reactor .  Coal par t ic les  pas s  through the top of the 
reactor  in a dilute suspension and hydrogen gas  is passed ei ther  counter- 
currently o r  co-currently.  In such a p rocess  the contact t i m e  between the 
coal particle and the g a s  must  be, by necessity,  much shor t e r  than in a moving- 
bed or fluid-bed operation. It is the purpose of this paper to p re sen t  a 
kinetic study of the rapid reaction during the initial contacting of coal and 
hydrogen. 
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RESULTS 
i 

Mechanism of the Hydrogasification Reaction 

It has  been postulated that,  in the init ial  period of hydrogasification, 

The devolatilization prod- 
pyrolysis  of the char  occurs ,  involving devolatilization of light components 
which is then followed by the i r  hydrogenolysis. 
duces react ion in te rmedia tes  that a r e  derived f rom aliphatic hydrocarbon 
s ide chains and oxygenated functional groups. (2)  The remainder  of the organic 
m a t t e r  in  the coal is  converted m o r e  slowly to methane, apparently a lmost  
according to  the carbon-hydrogen reaction. 
this  react ion in moving and  fluid beds have been studied. ( 3 )  

The rate-controll ing s teps  of 

F o r  convenience, the  following two abbreviated simultaneous react ions 
will be  employed to  r e p r e s e n t  the mechanism of hydrogasification of differ-  
ent react ive coal components. 

Fir s t -Phase  Reaction: 

Cn Hm Oi t qHz t aCH4 t dC& + eHzO + bCOz 

Second-Phase Reaction: 

C t 2 H z ~  CHI 

Of course,  t h e  ac tua l  react ions a r e  much m o r e  complex than indicated 
by the above simple schemes .  However,  these two react ions a r e  believed to be 
sufficient to charac te r ize  the  two great ly  different r a t e  per iods observed in 
coa; hydr oga siiication. 

If X, x,, and x2 a r e  respect ively the total  carbon gasified, the fraction 
of react ive carbon gasified in the f i r s t -phase  react ion and the residual  
carbon gasified in the  second-phase reaction, then: 

X = f x 1  t ( 1  - f )  x2 (1) 

where f is  the fract ion of carbon in coal  which r e a c t s  according to  the f i r s t  
phase reaction. F o r  shor t  react ion t imes,  8 ,  the  f i r s t  phase reaction prevails, 
and; 

Coal char hydrogasification data,  obtained in a semiflow sys t em by 
Feldkirchner  and Linden ( I ) ,  indicate that the r a t e  of carbon conversion in  
the f i r s t -phase  react ion is proportional to the amount of unreacted carbon 



c 
i 

and to' the effective hydrogen par t ia l  p re s su re .  Accordingly, 

dxl/d€I = kl ( l-xl)  (P - P *) (2)  

HZ HZ 

Hz Hz 

where P 

and the par t ia l  p re s su re  of hydrogen at equilibrium, respectively,  and k1 i s  the 
proportionality constant f o r  the firs t-phas e reaction expr e s  sion. 
Equations 1 and 2: 

and P * are the par t ia l  p re s su res  of hydrogen in  the system, 

Combining 

dX/dB = kl (f-X) (p - pH,*) = kl Pt (f-X) (y - y*) ( 3 )  HZ 

where Pt i s  the total p re s su re  of the sys tem and y and y* a r e  the mole 
fractions of hydrogen in the sys tem and at equilibrium, respectively.  Inte- 
gration of Equation 3 between the initial and final conditions for  media  of 
constant hydrogen concentration gives,  

In ( I -X/f )  = -kl Pt (y - y*)e (4) 

when y > >  y* ( for  pure  hydrogen feed and smal l  conversion), 

A plot of In  (1-X/f) vs. P ye can be made  f rom the experimental  
data and the slope of the line, kl, !may be evaluated. 

Analysis of Semiflow Tes ts  

Feldkirchner and Linden (1) measured  coal char  hydrogasification 
r a t e s  by dropping char  par t ic les  into a heated r e a c t o r ,  with gas  passing 
through it. 
and the temperature  range up to 1700'F. 
in such a way that both char  heatup and product gas re'sidence t imes  were  
very  short .  This  enablcd them to follow directly the course of the react ions 
during the init ial  high ra te  period. Their  data were  examined in light of the 
mechanism presented. Figure 1 i s  a plot of In (1-X/f)  vs .  9 for  Montour No. 
10 char  and North Dakota lignite. Since the feeds were  near ly  pure  hydrogen 
and the change in composition of the gas  was small ,  P y  wa.s.approximately 
constant throughout the run. As is seen in  F igure  1, t e init ial  portion of 
the data for lignite and bituminous coal char  can be represented by s t ra ight  
l ines.  F r o m  the slopes of these l ines,  k, i s  calculated to be 2.0 (a tmosphere-  
hour)-'. The displacement of the intercept  a t  8 = 0 from unity is due to the 
init ial  heatup of the par t ic le  to the reaction temperature .  The  higher the 
volatile mat te r  content, the l a r g e r  the value of f ( the f ract ion of carbon which 
r e a c t s  by the f i rs t -phase reaction) must  become if a s t ra ight  line i s  to obtained, 

Their  semiflow study covers  the p re s su re  range up to 2500 p.6.i.g. 
They c a r r i e d  out their  experiments 



Thus, the value of f for  Montour No. 10 char  is 0.25 a t  1700°F. ant1 that of 
lignite is 0.48 at  1700°F. 

A slight effect of par t ic le  s ize  may be seen in  Figure 1, but the slope 
of the l ine is independent of the par t ic le  size,  which indicates  that a definite 
t ime is required to heat  the par t ic le  which i n  tu rn ,  affects  the position of the 
lines. 

F igure  2 shows the l inear  relation of the data f r o m  two t e s t s  a t  
different total  gas p r e s s u r e s .  The displacement at e = 0 is  again due to 
par t ic le  heatup time. The slope of the l ines  is 2.0 (atmosphere-hour)- ' .  A 
detailed comparison of r e s u l t s  of tes t s  with different feed g a s  compositions 
is given i n  F igure  3 and F i g u r e  4. 

cording to  Equation 1 [Figure 3). Feeds  include pure  hydrogen, hydrogen- 
nitrogen mixtures ,  and hydrogen-methane mixtures .  
a lmost  a l inear  relationship,  but deviate somewhat f r o m  each other.  How- 
ever,  i f  Pt(y-y*)e is used instead of P! ye, a bet ter  ag reemen t  i s  obtained 
a s  i s  shown i n  Figure 4. yak is the equilibrium composition of hydrogen ob- 
tained f rom Figure 5 and t h e  temperature-correct ion equation: 

Instead of 8, P ye was  plotted on semilogarithmic coordinates ac-  

The data points indicate 

Therefore ,  a slight equilibrium hindrance of the  reaction exis ts  even 
during the rapid,  ini t ia l  react ions,  but the effect may be so s m a l l  under mos t  
of the experimental  conditions, par t icular ly  when pure  hydrogen feed is  
employed, that  this can be neglected. 

Figrrfj 6 E!hc-..I_p the effect nf t e l r - p e r a r u r e  "11 the r 2 t e  CCI11Et2Tlt, ki, 
and f.  F o r  relatively s m a l l  t empera ture  changes, the value of k, may be 
kept constant with a small  adjustment of the value of f. The increase  of the 
value of f a s  temperature  is increased may be explained a s  follows. As  
the tempera ture  of react ion is increased,  the r a t e  of devolatilization of 
react ive carbon becomes l a r g e r ;  consequently, the recondensation of the 
reactive carbon during pyrolysis  to f o r m  stable  ring compounds ( a s  residual 
carbon) becomes less .  In t e r m s  of the amount of carbon available for  the 
f i r s t p h a s e  reaction, this means  the value of f i n c r e a s e s  as tempera ture  
increases .  This  re la t ion is shown i n  F igure  7. However, the r a t e s  of 
pyrolysis should a l s o  i n c r e a s e  a s  the tempera ture  is increased. Therefore ,  
the extrapolation of F igure  7 to  the higher tempera ture  range beyond the 
experimental  points should be avoided. 

I 

I 

Analysis of Continuous Free-Fall Reactor T e s t  Resul ts  

To apply the above analysis  of semiflow test  resu l t s  to continuous 
flow r e a c t o r s ,  a m a t e r i a l  balance between the carbon i n  the solid phase and 
carbon in the gaseous phase  mus t  be made: 

k 
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F = pounds of coal fed p e r  hour. ... 5 _ L (  r' - I . \ 
G = moles of inlet  gas p e r  hour. 

$ = fraction of carbon in  coal fed. 

yo = mole fractioy pf hydrogen in  inlet gas. 

Q = q / n  = stoichiometric ra t io  of hydrogen and carbon for gifsf-$as*e'reaction. , $ p i *  

" . . h i \  . t'i'2bC 

Accordingly, for plug-flow of koth g a s  and solids: 

- ( a  Ffib2)  dX =d(Gy) =" Gdy (7) 

Integrating Equation 7 betwee? the l imits  of the conditions a t  the r eac to r  
inlet and-exit, 

Substituting y into Equation 3, ._  
dX/d0 = kl P t  (f-X) (yo -mX - y*) (9) 

Since y* may be taken to be nearly constant for a sma l l  conversion taking 
place in  the f i rs t -phase reaction, Equation 9 can b e  integrated between the 
inlet  and exit of the reactor .  Hence: 

The r e su l t s  of s eve ra l  continuous pilot plant free-fall tests conducted 
a t  the Institute of Gas Technology were used to verify the above analysis.  

The values of Q = q/n,  computed f r o m  inlet and exit g a s  analysis  of 
the tes ts ,  s eem to be affected only slightlyby conversion as is shown in 
Figure 8. Since residence t imes  could not be readily calculated f r o m  the 
data given in the report ,  experiments w e r e  conducted. 
of Montour No. 10 par t ic les  char  were  found by dropping the cha r  f rom a hopper 
through'a 2-inch inside diameter  pipe approximately 10 feet long. 
medium was air at 70°F. and 1 atmosphere.  

Te rmina l  velocities 

The gas 

The holdup of par t ic les  in the pipe was measured by simultaneously 
closing plug valves at the inlet and exit. 
par t ic les  were calculated f r o m  the solids holdups and solids flow ra tes .  If 
W is the weight of sol idpart ic les  trapped in the pipe and L is the length of 

The terminal  velocities of the 



t h e  pipe through which the  par t ic les  fall, then thc average solid tt:rniit;al 
velocity,Ut, is: 

ut  = FL/W (12) 

Termina l  velocities of t h e  solids a t  the rnactor  conditionfi w e r e  calculated 

te rmina l  velocity in air and that calculatcd a t  r eac to r  condition art: sliown 
f r o m  those a t  ambient  conditions in a i r  b y  use  of Stokes Law. 

as a function of sol ids  feed r a t e  i n  F igurc  8. The residence t ime i s ,  

Both thc 1 
I 
I 

1 
L e; 

Ut - u g  

where  U 
r eac to r  f e s t s  w e r e  used t o  compute fhc values  of kl and a r e  l is ted in Table 1. 

i s  gas  velocity. The  resti l ts  of t h rec  countercurrent  f ree-fal l  

Table I .  

Results of Countercurrent  F r e e - F a l l  Reactor  Runs 

RunNo.  T, O F .  Pt, atm. F. l b . / h r .  G, S C F / h r .  f , %  $ L, f t .  8, sec.  klt(atm.-hr.)-l 

f SD56 1270 139.8 4.53 46.53 21.7 0.78 9 8.5’7 3.10 

6.67 2.10 SD57 1245 137.6 7.68 50.21. 21.5 0.782 9 

SD58 1240 137.0 11.75 105.24 21.4 0.783 7 4.12 1 .E3 

In view of some uncertaint ies  involved in calculating the values of 
pa r t i c l e  residence. t imes ,  t he  agreement  of the k, values f r o m  continuous 
r eac to r  t e s t s  with those obtained f r o m  semiflow t e s t s  [kl = 2.0 ( a tm. /h r . ) - ’  
i s  good. Because of the  high rate of the f i r s t -phase  reaction, the pa r t i c l e s  
must undergo deformation, reduction in s i ze ,  and reduction in density during 
free-fall .  The actual  pa r t i c l e  resideiicc t imes  xiilust be affected by these  
changes,  which did not ex i s t  in the residence-t ime measurement  t e s t s  d c -  
scr ibed previously. 

Because of t he  assumptions and uncertainties introduced for  such  a 
complex system, instead of using Equation 1 1 ,  simplified equations may b e  
employed fo r  p rac t i ca l  application without introducing additional e r r o r s .  
This  involves the u s e  of s o m e  average  driving fo rce  such as  (y - 
Equation 4: av. 

7 r o m  

kr =-In ( I - X / f )  / Pt (y  - y*),,. 8 

and X = f { 1 -exp[-kl Pt (y  - p)av 
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CONCLUSION 
t i  I I 

If &as be<ri, eho 
be assumed to be prop 
par t ic les  and t? the effe5;tive hydrogen par t ia l  p ressure . .  The rate ,  constant, 
kl, was found,@ b e . , Z . O  (a tmpiphere-hour)- '  and the regction model, used in  
the analysis  of semiflow tes t i ,was  found to be applicable to cyntinuous f r e e -  
fall  reactors .  Product gas cympositions for continuous reac tors  may be 
computed by the empir ical  r$?tionships developed elsewhere for the partial  
p r e s s u r e s  of CO, CO;, CZHg and HZO. (3) 

the init iai  r a t e  of coal hydrog?sification can 
1 to. the amounf:*of&reactive carbon left  in  t t e  

i<i$; 
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Notation: 
~ . *  ! . , - -  

Dp = Par t ic le  diameter ,  ft. or in. 

F = Char feed rate ,  lb. per  hr. 

f 

G 

kl 
Kp = Thermodynamic equilibrium constant = P". .* /(P:..*) 

L = Length of the reac tor ,  ft. 

Pi = Total pressure ,  atm. 

P = P a r t i a l  p r e s s u r e ,  at&. 
P* = Equilibrium part ia l  p ressure ,  atm. 

T = Absolute temperature ,  O R .  

Ug = Gas velocity. ft. p e r  sec.  

U; = i d i i n i i  velocity of p a r t i c i i s ,  ft. e e r  sec.  

W = Weight of bed, lh. 
x = o v e r a l l  fr&t 1 conversion of carbon. 

xi 
xt 

y 

= 
= Gas feed ra te ,  S C F  per hr. or moles p e r  hr .  

= Reaction r a t e  constant in the first phase reaction (kr:-aim.)-' 

Fract ion of carbon that react,s according to the f i rs t -phase reaction. 
;.. * . .  

. .  . ,  . 
I . ~ 4+: .:z 

CH, Hi 

i . .  
i ,  , 
.. 

! t . :  , , . .  . .  
, -  
e I 1 I . : : :  . , <  * : , * & 8 , t j  , 

= Fract ion of carbon converted in the f i rs t -phase reaction. 

= Fract ion of carbon converted in the second-phase reaction. 

= Mole fraction of h+drogen. 

, . *. * ' . 1  $, ~ - . .  . * ! .  ' 
I .. 1,. 

: . . I '; ,... I . .  
i ract ion of h$drogen a t  equilibrium 

.. . ,. ~ . .  * = Fract ion of carbon in coal 

a = q/n,  . ra t io  of the hydrogen to carbon stoichiometric coefficiency for  
for the first-phase.  reaction. . 
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CONVERSION, FRACTION 

Fig. 5.- APPROXIMATE TREND O F  THE EQUILJBRIUM CONSTANT AS A 
FUNCTION O F  CONVERSION FOR THE HYDROGEN-CHAR REACTION AT 

1300'F AND 2000 P.S.I.G. TOTAL PRESSURE 
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Fig. 7.-EFFECT O F  TEMPERATURE O N  THE FRACTION O F  
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Fig. 8 . -EFFECT O F  CARBON CONVERSION O N  a ,  
THE STOICHIOMETRIC RATIO OF HYDROGEN TO CARBON IN 

THE FIRST-PHASE REACTION 
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RESICTION O F  COAL WITH STEAM-HYDROGEN MIXTURES 

AT HIGH TEMPERATURES AND PRESSURES 

H. L.  Feldkirchner and J. Huebler. 

I n s t i t u t e  of Gas Technology 
Chicago 16, I l l i no i s  

INTKODJC TTON 

Three basic problems hail? ?leer encolmtere 1 I n  the 
development of processes f o r  t h e  co?ivcr;;im of cc;rzls t o  
pipeline gas by destructive hydrogenatl on a t  high r;r s -" 0 :>Lire -' s : 

1. A t  1300' t o  1500°F., the temperature rarv:e 
which permits the direct  production of  a high- 
heating-value gas, the rate of coal conversion 
i s  re la t ive ly  l ~ .  

2 .  An external source of hydrogen i s  required. 

3. The high heat release 9f the hydrogenation 
reactions cannot be u t i l i zed  t o  the f u l l e s t  
advantage; th i s  creates a serious problem i n  
the design of a reactor i n  which adequate 
temperature control and optimum process heat 
economy can be achieved; 

The f i r s t  l imitation has been pa r t i a l ly  wercome 
by using countercurrent reactor operation with a s t m p  
temperature gradient. The use of t h i s  operating schmn has 
been found t o  be effective for producing a high-heating-value 
gas i n  a single s tep  by destructive hydrogenatlon at 2000 
p.s.i.g. and 1300' t o  1700°F. (11). S e v w ~ 1 1  c ~ b i n e c !  factars 
cause this countercurrent scheme .t;o bs preferred. Ffirsl;, it 
i s  known that, ai; high levels of gasi.fj.cation, the hydro- 
gasification rates of coals increase rapLdly with increases 
i n  temperature: hut a t  low levels of gasj-fication, i n  the 
temperature mnge of 1300° to 1'700'F. the h &ogasifical;icn 
rates a re  nearly independent of temperature r l , 2 ,  5J 15). 
at  a l l  gasificetion levels, [TasificntAon rztes are  roughly 
proportional t o  the hydrogen p a r t i a l  pressure. 'l 'lrird, the 
equilibrium methane content; of the product, gas decreases with 
increases i n  temperature. For example, a t  2700'F. and 
1500 p. s.i. a., the maximum product gas methane concentration 
which can be obtained i n  the reaction of carbon with 
h drogen i s  47 mole $, while a t  2000°F., t h i i s  value i s  only 
28 mole z. 

Second, 

I n  countercurrent operhtion, a.s now contemplated, 
a large excess o f  hydrogen contacts the re la t ive ly  unreactive 

A t  the 
low-temperature end of the reactor, highly reactive feed c1ia.r 
comes i n  contact with the product gas. 
methane concentrations i n  excess of those predicted f o r  the 
carbon-hydrogen rea.ction can be produced when t h e  gas i s  i n  
contact with slightly gasified coal  char ( 1 4 ) .  T h i s ,  the 
contacting of fresh char and product gas at low temperatures 

re=i*ac .&t LL- LLLC iilgh-temperacure end of the  reactor. 

It  has been shown tha t  
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and spent char and feed hydrogen at high temperatures minimizes 
equilibrium limitations. Since the rate of gasification is 
roughly proportional to the difference between the hydrogen 
partial pressure in the gas and the hydrogen partial pressure 
in equilibrium with the char, countercurrent operation also 
provides a maximum average hydrogen partial. pressure and 
thus a maximum average gasification rate. 

operating scheme might allow further increases in gas heating 
value or reductions in reactor size. For example, a reduction 
in the residence time of the residual char,and thus a 
reduction in hydrogasifier size, might be achieved by using 
an even higher temperature in the high-temperature end of the 
reactor. 

an opportunity for reducing external hydrogen requirements. 
At temperatures of 17009. and above, it should be possible 
to supply part of the hydrogen requirements by steam 
decomposition reactions taking place simultaneously w i t h  the 
hydrogasification reactions. 
source of "free" hydrogen, the endothermic steam reaction 
has the advantage of providing a means for temperature control 
by utiUzation of the exothermic heat of the hydrogenation 
reaction. 

that pilot plant studies of the production of methane from 
solid fossil fiels should not be limited to the low tempera- 
ture range previously investigated, but should be extended 
into the temperature range above 1700°F., where very rapid 
gasification rates can be achieved. However, before prototype 
pilot plant equipnent could be designed to investigate such 
high temperature procesaes, it was necessary t o  obtain basic 
data on the gasification characteristics of the various soUd 
fossil fuels under these extreme conditions, No data of 
this type were available because of the great difficulty of 
constructing high temperature apparatus and devising 
experimental techniques capable of achieving the following 
three objectives: 

Other variations of this basic countercurrent 

Increase of the reaction temperatwe also offers 

In addition to providlng a 

On the basis of the above considerationslit appeared 

. 

1. Attainment of temperatures in excess of 
2000°F., at pressures up to 3000 p.s.i.g. 

2. Temperature control in spite of the considerable 
exothermicity o r  endothermicity of the reactions 
of interest. 

time. 
3. Control and rellable measurement of reaction 

, 
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I n  the course of the studies conducted by the 
Ins t i tu te  of Gas Technology i n  i t s  Basic Research Program 
and i n  other studies, techniques had been developed whlch 
appeared t o  give an acceptable solution t o  these problems on 
a laboratory scale (4,5). These techniques minimized un- 
cer ta int ies  resulting from the gasification of a batch f u e l  
charge during heatup, as well as the uncertain solids 
residence times encountered i n  entrained-flow systems where 
the actual rate of flow of the sol id  fue l  through the heated 
zone cannot be measured directly.  

A study of available equipment indicated that the 
above-listedtechniques could be applied t o  a reactor capable 
of operating a t  the extreme conditions desired. A suitable 
reactor was designed and bu i l t  consisting of an external 
pressure vessel operating a t  low temperature, an e l ec t r i ca l  
resistance heating system insulated from this outer shell ,  
and a thin-walled, high-temperaturey al loy s t e e l  reactor 
tube with means provided for  balanced-pressure operation 
and f i t t e d  w i t h  a bellows to  compensate for  thermal 
expansion of the reactor tube. 

Apparatus 

Figure 1 is a flow,diagrsm of the system showing 
a l l  major pieces of equipment and part  of the control 
instrumentation. Coal char w a s  fed i n  single batches from a 
feed hopper. T h i s  hopper was connected t o  the reactor by an 
air-operated, quick-opening ba l l  valve. A pressure equaliza- 
t ion l ine  was used t o  keep the hopper pressure equal to  the 
reactor pressure. A second hopper was a l s o  constructed 
which contained a rotat ing -type feeder for  continuous 
coal char feeding. 

Hydrogen was fed from a high pressure gas storage 
system and w a s  metered by an or i f ice  meter. .Hydrogen flow 
ra tes  were controlled manually. Orifice d i f fe ren t ia l  . 

pressures were sensed and converted t o  a 3- to 15-p.s.1.g. 
air signal by a d i f fe ren t ia l  pressure transmitter. 
signal was then recorded, along wlth the o r i f i ce  and 
reactor pressures, by conventional pneunas t i c  recorder a. 

This air 

Controlled rates of steam feed were obtained by 
pumping water from a weigh tank through a steam generator 
by a positive-displacement, adjustable-stroke metering pump. 
"he steam generator consisted of a c o i l  of 3/!3-inch outside 
diameter by 1/8-inch inside diameter s ta inless  s t e e l  tubing 
contained in  an e l ec t r i c  furnace. The temperature of the 
e t e m  from the steam generator was controlled manually. 
Superneated steam and hydrogen were preheated to  reactfoil 

Y 



temperature i n  passing through the upper heatin& zone of the 
reactor. 

Exit gases from the bottom of the reactor were 
cooled by being passed through a water-.cooled s ta inless  
s t ee l  coil .  Condensed steam was collected i n  a high 
pressure sight glass. To minFmize loss  of carbon dioxide 
or  other dissolved gases i n  the condensed steam, the water 
was drained from the high pressure sight glass f i r s t  into 
a low pressure f lash chamber which w a s  vented in to  the low 
pressure ex i t  gas system, before water was drained from the 
uni t .  

Exit gases were metered continuously by wet t e s t  
meter. A small portion of this stream was passed through 
a recording densitometer ( t o  a id  i n  selection of sampling 
times) and metered with a smaller wet test meter. To avoid 
distortion of the reaction rate-time relationship because of 
backmixing and gas holdup, which would occur if gas samples 
were taken a f t e r  gas metering, the gas sampllng manifold was 
instal led i n  the ex i t  gas =ne m e d i a t e l y  a f t e r  the 
pressure-reducing, back-pressure regulator, which was used 
t o  control the reactor pressure. 

The reactor, shown i n  de t a i l  i n  Figure 2, w a s  
internally insulated and contained a s ta inless  s t e e l  reactor 
tube which consisted of a length of 1 I&inch I.P.S., 
schedule 40, type 310 stainless s t e e l  pipe which was attached 
t o  two adapter f i t t i n g s  by pipe. threads. 
heated e lec t r ica l ly  by a 2 3/8-inch inside diameter heater, 
containing three 8-inch long zones. The heater was fabricated 
from a single length of heating wire whlch was tapped for 
three-zone operation. A balanced pressure was maintained on 
the reactor tube by means of an on-off type pressure-balancing 
system. Full deta i l s  of the design and o 
reactor have been described elsewhere (6y Design of this 
reactor followed closely that o f  reactors described by 
Wasilewski (13) and Hodge and others ( 9 ) .  

This tube w a s  

ra t ion of this 

Satisfactory operation was achieved a t  pressures 
up t o  1000 p.s.i.g. and reaction zone temperatures up t o  
2100'F. Higher-temperature operation should be possible by 
use of higher temperature heaters, such as s i l icon carbide, 
and refractory metal reactor tubes. Insulation having a 
higher operating temperature U t  than that of the insulation 
used here would also be required i n  the vicini ty  of the 
electr ic  heater. 

A n  inser t ,  fabricated from a length of 1-inch I.P.S., 
schedule 40, type 310 stainless s t e e l  pipe, was ins ta l led  
within the reactor tube t o  provide for  containment and complete 
recovery of the coal char charge. An integral themowell, 
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fabricated from 1/8-inch I.P.S., schedule 40, type 310 stain- 
less  s t e e l  pipe, w a s  located axial ly  within the inser t  and 
contained three Chromel-A lume 1, magne sium oxi de -insulated, 
o.062-inch outside diameter, Inconel-sheated thermocouples. 
The temperatures sensed by these thermocouples were recorded 
at approximately one-second intervals by a high speed 
potentiometric-type temperature recorder. 

off, indicating temperature controllers and three thermo- 
couples located w i t h i n  the centers of the heating elements. 
Satisfactory operation was obtained with this type of 
thermocouple mounted i n  the e lec t r ic  heaters as well as 
i n  the inser t  a t  reactor temperatures up to  2 l O O o F .  Electr ic  

a heater l i f e  as possible. 

Reactor temperatures were controlled by three on- 

.heater temperatures were kept below 23009. t o  ensure as long  

Materials 

In  t e s t s  with hydrogen feed gas and hydrogen-stem 
feed gas mixtures, the hydrogen contained a small, accurately 
measured, amount of  hellum or  argon (usually about 1 mole $)  
as a tracer for  exi t  gas flow rate measurement. 
i ne r t  gas mixtures were mixed dur ing compression and s tored .  
i n  a central  gas storage system at pressures up t o  3600 p.s.i.g. 
Commercially ava i lab le  grades of hydro en (99.987% pure), 
hellum (99.99% pure), and argon (99.998$ pure) were used. 

The coal char was separated by screening from that 
used i n  p i lo t  plant tests t o  ensure that the resu l t s  obtained 
i n  these tes ta  would be appUcable t o  work t o  be done in the 
larger, p i lo t  plant reactor system. T h i s  coal char was 
prepared by the Consolidation Coal  Co. from Pittsburgh Seam 

temperature fluidized-bed pretreatment process. 
of the feed char is  shown in Table I. 

Procedure 

In  a l l  of the  tes t s ,  a semiflow technique employing 
a flowing gas and single, s t a t i c  coal chax charge was used. 
It w a s  essent ia l ly  the  same as that used in other studies 
conducted recently on the hydrogasification of so l id  f o s s i l  
f'uels (4,5). Test periods averaged about 1000 seconds in 
length. 

internal ly  3nsulate.d reactors increase greatly when operating. 
at high pressures,it wa8 expedient t o  bring the reactor t o  
operating temperature before preasurizing it to  avoid long 

The hydrogen- 

% * & - - - a  _-__I - - - T  ---... &I-- D I - - L  -__- nT- i n  
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The analysis 

Because heat losses by f ree  convection from 



Table I. -ANALYSIS OF COAL CHAR 

Sample Designation 
Tme 

Source 
Par t ic le  Size 

U.S. standard sieve 
U l t i m a t e  Analysis, w t . $  

( dry basi 8 ) 
Carbon 
Hydrogen 
Nitrogen 
Oxygen 
sulfur 
Ash 

Total 
Proximate Analysis, w t .  $ 

Moisture 
Volatile Matter 
Fixed Carbon 
A s h  

Total 

5851 
Low -Temperature, 

Bituminous Coal Char 
Consolidation Coal Co. 

-16,+20 

76.6 
3- 25 
1.76 
10.07 

0.9 
18.1 
730 6 

100.0 
7.4 

heatup times. When the reactor had reached the run temperature, 
the reactor pressure was brought t o  the desired l eve l  by 
increasing pressure inside the reactor tube. A s  pressure 
was increased, the pressure-balancing system maintained a 
balanced pressure on the reactor tube by admitting pressurized 
nitrogen to  the insulated area surrounding the reactor tube. 
About 15 minutes was required t o  bring the pressure t o  
1000 p.s.i.g. 

A f t e r  the desired pressure was'attained, the flow 
of reactant gas through the reactor tube was in i t ia ted .  In 
tests with steam feeds, the reactor tube w a s  f i r s t  
pressurized with nitrogen and then, when the stem generator 
pressure had been increased t o  s l i gh t ly  more than the 
reactor pressure, the s$eam was admitted to  the reactor and 
the nitrogen w a s  shut off. This procedure was necessary t o  
avoid introduction of large quantit ies of steam condensate in- 
t o  the instrument lines. In addition, since non-condensable 
exit gas fl-ow rates were very small when using pure stem 
feed gases, the exit gas system w a s  purged at a controlled 
flow rate of 25 SCF per hour w i t h  hellurn t o  avoid any 
d is tor t ion  of the rate-time relationship because of backmixing 
o r  holdup in  the  e x i t  gas system. 

I 
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When feed gas flow rates, temperatures, and pressures 
had become completely stabilized, the feed gas. was sampled. 
One minute la te r ,  the  tests were in i t i a t ed  by opening the 
quick-opening b a l l  valve between the hopper and the reactor. 
Single charges of e i ther  2.5 grams o r  5 grams of  coal char 
were fed and reactant gas flow rates  of 50 SCF per hour 
were employed i n  a l l  tes ts .  The coal charge was supported 
on a stainless s t e e l  screen on top of approximately 19 
inches of h i g h  pur i t  

bottom of the coal char charge and of the centers of the top 
and bottom heating zones were recorded. Exit gas samples 
were taken, i n  the ear ly  stages of a test a t  frequent 
intervals  (as small as 10 seconds) and later as required, t o  
del-tneate the en t i re  cowse of the reaction. 

The f i rs t  reaction products appeared in the ex i t  
gas samplhg system i n  about 15 t o  35 seconds. This holdup 
time depended on the feed gas used, with holdup times be- 
the shortest in t e s t s  with pure hydrogen feeds and holdup 
times being the longest  i n  t e s t s  with pure steam feeds. In 
t e s t s  with steam-containing feed gases, a constant l iquid 
level  w a s  maintained i n  the sight glass, so that gas holdup 
times in  the ex i t  system would not vary. T h i s  was necessary 
because a sizeable v a r i a t i o n  i n  gas holdup times could 
d is tor t  the gasif icat ion rate-time relationship. When the 
reaction ra te  had reached a value too s m a l l  to be measured 
accurately, the run was stopped. The feed gas flow w a s  
stopped, the reactor heaters were turned off, and the unit 
was de-pressurized t o  minimlze fbrther reaction of the coal 
charge a f te r  the run- 

were FerfomeA hefere pa_& 
m e t e r .  
run by wet test meter to  provide a check on the flow ra tes  
calculated with the helium or  argon tracers.. Gas analyses 
were performed by ma89 spectrometer a t  high sensit ivity.  
Carbon monoxide was determined by infrared spectrophotometer, 
since it w a s  not possible t o  measure the re la t ive  amounts 
of carbon monoxide and nitrogen with sufficient accuracy i n  
the presence of methane with the maas spectrometer. 

alumina iner t s  in the form of cylinders, 
l/8-inch long and l/ 8 -inch i n  diameter. Temperatures of the 

The feed gas and helium-purge-gas or i f ice  callbrations 
:.:it” f,ks PYL~ g% yet test 

Exit gas f l o w  measurements were also made during each 

RFSJLTS 

Hydrogen-Coal Char Reaction 

Init ial  teBting was done a t  1000 p.s.1.g. 
t o  21000E”.,with hydrogen feed gas, 5-gram coal char samples, 
and feed gas flow rates of 50 SCF per hour. A t  temperatures 
of 18009. and above, no consistent effect  of temperature on 
rate of gasification could be observed. I n  addition, during 
the t e s t s  at 18009. and above, s ta inless  s t e e l  screens which 

and l700p 



had been used to  support the coal char charges were found t o  
have melted, which indicated that  very large temperature 
r i s e s  had occurred a t  some time during the course of these 
tes t s .  Heat balance calculations were -hqn made usl f ig  €in i te  
difference techniques. A heat of reaction equal t o  that fo r  
hydrogenation of beta graphite t o  methane was assumed. These 
calculations showed that, a t  the high rates of reaction 
obtained w i t h  this highly reactive feedstock, sample tempera- 
tures could eas i ly  rise t o  over 25009. from a s t a r t i ng  
temperature of 2000°FI, even w i t h  the high gas flow rates 
and small sample s izes  used. Further tests were conducted 
with 2.5-gram samples at 1700° t o  2100OF. 
s ize  was deemed the smallest which would give suf f ic ien t  
methane in the product,gas fo r  accurate measurement. How- 
ever, even with such small sample sizes, i t  was found tha t  
sample temperatures increased greatly. For example, pieces 
of -16, +20 U.S.S. sieve s ize  temperature-indicating pe l l e t s  
having fision temperatures of 1700°, 1900°, 2100°, 2250°,and 
2500°F. were mixed with the feed char i n  one check run made 
a t  17009. Here both the 1700° and 1900%’. pe l l e t s  melted. 

Therefore, three more tests were conducted with 
2.5 grams of coal char mixed w i t h  30 grams of alumina i n e r t s  
t o  ac t  as a heat sink. The r e su l t s  of these tests a t  1800° 
and 2000’F. are shown graphically i n  Figure 3 along with 
resu l t s  o f  tests conducted without i ne r t s  a t  1800~ and 
200OOF. This dilution technique was used i n  a l l  further 
tests w i t h  hydrogen feed gas and a l l  further resulta presented 
f o r  hydrogen feed gas were obtained by this method. 
should be pointed out that i n  tests where char and i n e r t s  were 
fed, the indicated bed temperature f i r s t  dropped rapidly 
several hundred degrees but by the time about 40 percent of 
the carbon was gasified, the indicated bed temperature had 
returned t o  the nominal run temperature. A s  can be seen, 
there i s  a gradual decrease in gasification rate with in- 
creasing carbon gasification which indicates a decrease i n  
char reactivity. The degree of reproducibility of these 
tests can be seen by the close agreement of the two tests 
conducted a t  1800%’. The finding that initial rates of 
gasification observed in  these tests were almost as high a8 
those i n  tests conducted without inerts is further evidence 
tha t  i n i t i a l  rates are essentially independent of temperature 
at temperatures above 13009. (5) .  

and von Fredersdorff ( U ) ,  found diffusional limitations were 
present with the carbon-steam reaction. Therefore several 
tests were conducted at 18009. with hydrogen feed gas t o  
show whether diffusional e f fec ts  may have been present i n  
the char-hydrogen system. The r e su l t s  of the tests u s i n g  
char ssmples having different pa r t i c l e  sizes are shown in 
Figure 4. 

A 2.5-gram sample 

It 

Other investigators, for example Hunt and others (10) 

It can be seen that at carbon gasifications above 

, 



about 50 percent, there are no differences i n  the rates  of 
gasification of -16, t 2 0  and -30, +40 [J.S.S. sieve-size 
particles.  
when iner ts  were fed with the char no re l iab le  Mormation 
can be obtained on t h i s  system i'or low carbon gaslfication 
levels. The resu l t s  of tcz1 s cmirIiit.:lwl at different  feed 
hydrogen f low rates  are shown i n  li'i&vrc 5.  
gasifications above about 50 psrcent, there i s  apparently 
no effect  of hydrogen flow rate on gasification rate.  

Because o f  the temperature upsets which occurred 

Again, a t  carbon 

Steam-Hydrogen Coal C h a r  Reactlon 

The next s e t  of tests was conducted w i t h  equimolar 
steam-hydrogen mixtures, at 1700' t o  21009., with 50-SCF 
per hour feed gas flow rates,  and w i t h  2.5-gram coal char 
samples. The resu l t s  of these t e s t s  are  shown grhphically 
i n  Figure 6. Temperature-indicating pel le ts ,  which were 
mixed w i t h  the coal char i n  these tes ts ,  did not indicate 
the presence of large heat e f fec ts  which were found in  t e s t s  
w i t h  hydrogen feed gas. Heat-balance calculations indicated 
that temperature changes during the course of these t e s t s  
would be less than IOOOF. I n  general, the r a t e  of  gasifica- 
t ion increased w i t h  increases i n  temperature. These resu l t s  
also indicate that  greater  s t ruc tura l  changes result ing i n  
los t  reactivity may occur a f t e r  prolonged exposures of the 
char to  steam-hydrogen mixtures at 2lOOOF. than a t  lower 
temperatures, o r  i n  gasif icat ion w i t h  pure hydrogen. 

of formation of carbon oxides and methane, shown graphically 
i n  Figure 7, i s  more pronounced than the effect  of 
temperature on the t o t a l  gasification rate.  Since some 
carbon oxides are evolved d u r i n g  the ear ly  stages of gasifica- 
t ion with hydrogen, these data are also included f o r  comparison. 
A t  higher temperatures, the char i s  apparently more reactlve 
toward steam than toward hydrogen. However, it was not 
possible t o  quantitativelymeasure the rates of the steam- 
char and hydrogen-char reactions here, since it i s  possible 
for  some of the methane formed by the char-hydrogen reaction 
t o  undergo reforming t o  carbon monoxide and hydrogen i n  the 
gas phase or by secondary reaction catalyzed by the coal 
surface. Further work, using isotope- o r  radioactive-tracer 
techniques t o  measure these primary reactions, would be 
desirable. 

about operation of h i g h  temperature hydrogasification 
reactors w i t h  steam-hydrogen feeds. F i r s t ,  since the r a t e  
of carbon oxides formation i s  greater than that of methane 
formation above 1900'F. and i s  less below 1900°F., tempera- 
ture control should not be a severe problem i n  steam-hydrogen 
coai gasifiers.  For exampie, i f  bed ~efrip6P~ikl'eS begmi to  
increase, carbon oxide-forming reactions, which a re  
endothermic, should eventually predominate and provide an 

The effect  of temperature on the re la t ive  rates 

Several conclusions can be drawn from these resu l t s  

I 
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upper Umit on the bed temperature. If, on the other hand, 
the temperatwe began to decrease, exokhermic'methane- 
foiming reactions should eventually predomlnate and provi.de 
a lower limit on the bed temperature. Second, the reactivity 
of the char f o r  carbon oxide-forming reactions and for 
methane-forming reactions depends strongly on the carbon 
gasification level. Thus, selection of operating conditions 
for process design will also depend on the carbon gasification 
level in the reactor. 

carbon system also indicate that temperature control should 
not be a severe, problem in steam-hydrogen coal gasifiers. 
Figure 8 shows the effects of temperature, for three pressure 
levels, on the equilibrium gas composition for steam-hydrogen 
gasification of carbon. In calculating these equilibrium 
compositions, ideal gas behavior and a unit activity for 
carbon were assumed. It can be seen that as temperature 
increases, the yield of methane and carbon dioxide decreases 
and the yield of carbon monoxide increases. 
equilibrium limitations will exert a temperature-moderating 
influence on the reactions. 

The equilibrium relationships for the steam-hydrogen- 

Thus chemical 

It should be pointed out that,since the concentration 
of reaction products in the exit gas was very small in all 
tests, the relative rates of the various gasification reactions 
would probably be somewhat different under actual operating 
conditions than is shown in Figure 7. However, the approximate 
trends shown should still be valld. 

Calculations were also performed to show the degree 
of approach to the carbon monoxide shift reaction equilibrium 
in these tests. 
products in the exit gas was too small at high carbon 
gasification levels for making these calculations accurately, 
it was possible to make calculations for carbon gasifications 
below abaut 50 percent. At temperatures of 2000' and 21009. 
the equilibrium was approached quite closely, but below 20006F. 
the approach to equilibrium became progressively less with 
decreases in temperature. At 17009. the experimentally 
determined value for the ratio : 
approximately 0.55 times the equilibrium value calculated 
from thermodynamic data. 

Steam-Coal Char Reaction 

The final set of tests was conducted with pure 
steam feeds, at 1700° to 2050?., with 50-SCF per hour steam 
rates. Because of the generally lower gasification rates 
measured with steam feed gas, it was necessary to use larger, 
5-gram coal char samples so that the concentration of gaseous 
products in the exit gas would be large enough f o r  measurement 

Although the concentration of reactioa 

(COz ) (& )/( CO ( G O )  averaged 

. .. 
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by existing techniques. 
also have been increased by using a lower helium sweep gas 
flow rate ,  but this would have resulted in longer holdup times 
i n  the exi t  gas system, which could came distortion of the 
rate-time relationship by 4eclanixing. Proportionately greater 
losses of dissolved carbon dioxide in the condensed steam 
with smaller sample sizes would be a further reason for  
using larger coal char sample sizes. The resul ts  of these 
t e s t s  are shown graphically i n  Figure 9. 

ship i s  somewhat different  from that with steam-hydrogen 
mixtures o r  hydrogen. Here, the rate of gasification i s  
strongly influenced by temperature a t  a l l  levels of  carbon 
gasification, and the char react ivi ty  decreases with increases 
in carbon gasification. The react ivi ty  begins t o  drop very 
rapidly for all temperatures a f t e r  about 100 t o  150 seconds 
from the s t a r t  of the run. A similar, buk less pronounced 
behavior was observed in a t e s t  a t  2100q.. w i t h  steam- 
hydrogen feed gas, which w a s  discussed ear l ie r .  These 
resul ts  would indicate that, a t  higher temperatures, the 
react ivi ty  of the char may be affected by i t s  previous gas 
environment. T h i s  loss iri react ivi ty  with steam-containing 
feed gases may apparently be countmxmimd by operation a t  
higher temperaturesyhowevw3 so th& D M s  should not be a 
serious limitation. 

The concentration of products could 

The carbon gasification-gasification rate  relation- 

f 2 0  u.s.s 
flow ra t e  
It can be 

The combined resu l t s  of t e s t s  conducted with -16, 

are presented graphically i n  Figure 10 and Figure 11. 
seen tha t  a t  lower temperatures, the rate of 

gasification with hydrogen i s  many times tha t  w i t h  steam, 
but as temperature i s  increased, the ra te  of steam gasification 
apprwa~iiw iiiai I"wr hyiuogen. 

. sieve s ize  char and at a 50-SCF per hour feed gas 

The resu l t s  of these t e s t s  do differ from those 
conducted at lower temperatures and pressures with less  
reactive feedstocks. 
at h drogen p a r t i a l  pressures below 30 atmospheres and a t  

i n  the methane formation ra te ,  (3,7,8,16), but no such "activating" 
effect  was found here. 
with previous work conducted a t  the Ins t i t u t e  (5) .  
Figure 11, it can be seen that the methane content of the 
product gas varies almost inversely with the feed gas steam 
content, a t  higher carbon gasification levels. T h i s  decrease 
i n  methane yield with increases i n  feed gas stem content may, 
of course, be pa r t i a l ly  due to  increased steam reforming of * 

product methane with increases i n  steam partial pressure 
which was discussed earlier. I n  addition, the high yields of 
carbcm mddes et h ! = w  c s ~ b o n  gssif icat ion levels  mil a t  law 
feed gas steam concentrations are par t ly  due t o  devolatiliza- 
t ion reactions which occur during the ear ly  phases of 
gasification- 

Previous invegtigators have found that, 
1300 B t o  17009., the addition of steam caused an increase 

This llesult i s  i n  agrement 
From 

The re la t ive ly  high oxygen content of this 
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coal char (10.07 wt. $), along with the fact that these carbon 
oxide-forming reactions occur very rapidly and in the very 
early stages of gasification (5) would cause the effects of 
these reactions to be accentuated. 

Other investigators have observed an iubition 
of the steam-char reactions by hydrogen when working with 
highly devolatillzed chars (3,8,16). In work done recently 
with low-temperature bituminous coal chars at 1700°F., this 
inhibiting effect was also observed during inltial stages of 
gasification (5). The results shown in Figures 10 and 11 
were studied, therefore, to see whether there was evidence 
of hydrogen inhibition of the steam-char #reactions. If a 
first order rate relationshi for the formation of carbon 
oxides by steam is assumed, t)i.e., the rate of formation of 
carbon oxides proportional to the steam partial pressure), 
the carbon oxide-formation rates per unit steam partial 
pressure were apparently no less in the tests with steam- 
hydrogen mixtures than in the tests with pure steam. This 
result may be due to experimental conditions being somewhat 
different In these tests from previous work (5). h the 
previous work with coal%har the residence times of the exit 
gas in the heated portion of the reactor were only about 
one-quarter as large as those in this work. Therefore, since 
there may have been more steam reforming of exit methane in 
these tests, inhibition by hydrogen may have been obscured. 
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FOREIGN DEVELOPMENTS I N  COAL GASIFICATION 
by Harry P e r r y  

D i r e c t o r  of Coal Research,  Bureau of Mines 
U. S .  Department of t h e  I n t e r i o r  

INTRODUCTION 

The manufacture of  e i t h e r  producer ,  s y n t h e s i s ,  o r  h i g h e r  h e a t i n g  v a l u e  gases  
from c o a l  cont inues  t o  a t t r a c t  worldwide a t t e n t i o n  even though l a r g e  new r e s e r v e s  
of n a t u r a l  gas  have been d i scove red  and p roduc t ion  of gas  from 011 r a t h e r  
than  c o a l  appears  t o  be more economic i n  many c o u n t r i e s  a t  p r e s e n t .  Because 
proved r e s e r v e s  of c o a l  a r e  much l a r g e r  than  t h o s e  o f  o i l  and gas, c o a l  i s  
expected ul t imatel-y t o  be t h e  raw m a t e r i a l  used t o  supplement t h e s e  more convenient  
energy forms. The t iming ,  however, w i l l  depend on how r a p i d l y  new r e s e r v e s  of 
o i l  and gas  a r e  d i s c o v e r e d ,  t h e i r  p r i c e ,  and a l s o  on t h e  success  of r e s e a r c h  
and development e f f o r t s  on c o a l  conve r s ion  p r o c e s s e s .  

Many f a c t o r s  i n f l u e n c e  t h e  degree  of i n t e r e s t  i n  g a s i f i c a t i o n  r e s e a r c h .  
For example, a review of t h e  S o v i e t  l i t e r a t u r e  shows a sharp  d e c l i n e  i n  r e s e a r c h  
on c o a l  g a s i f i c a t i o n  s t a r t i n g  about  1959 and i n d i c a t e s  t h e  s h i f t  i n  emphasis 
t o  o t h e r  f u e l s .  In many c o u n t r i e s ,  t h e  r e d u c t i o n  i n  t h e  number of miners  
employed a s  a r e s u l t  of a d e c l i n e  i n  t o t a l  c o a l  p roduc t ion  o r  because of g r e a t e r  
p r o d u c t i v i t y  per  man h a s  caused s e r i o u s  economic d i s l o c a t i o n s  and s o c i a l  problems. 
For  t h i s  reason  and because of a d e s i r e  t o  use indigenous r e s o u r c e s  r a t h e r  than  
impor ts ,  t h e r e  i s  s t i l l  a good d e a l  of i n t e r e s t  i n  t h e  development of new 
p r o c e s s e s  f o r  economically c o n v e r t i n g  c o a l  t o  e i t h e r  o i l  o r  gas .  E i t h e r  of t h e s e  
p o t e n t i a l  o u t l e t s  promises l a r g e  new markets  f o r  c o a l .  

Conversion processes  t h a t  make gas  from c o a l  can be c l a s s i f i e d  b e s t  by t h e  
t y p e  of gas  t h a t  i s  produced. Producer  g a s ,  enr iched  producer  g a s ,  w a t e r  g a s ,  
enr iched  water  gas ,  s y n t h e s i s  g a s ,  and s y n t h e t i c  methane a r e  t h e  major t y p e s  
of products  t h a t  a r e  u s u a l l y  made. 
o r  superatmospheric  p r e s s u r e s .  Coal ,  coke,  and char  can be g a s i f i e d  i n  f i x e d  
beds i n  f l u i d i z e d  beds, and by en t r a inmen t  

Processes  are opera ted  a t  e i t h e r  a tmosphe r i c  

I n  t h e  U.S. a f t e r  World War 11, i n t e r e s t  i n  g a s i f i c a t i o n  was c e n t e r e d  
upon t h e  product ion  of s y n t h e s i s  gas  f o r  subsequent  u s e  i n  t h e  manufacture  of 
e i t h e r  l i q u i d  o r  gaseous f u e l s .  
a t  e l e v a t e d  p r e s s u r e s ,  s i g n i f i c a n t  s a v i n g s  a r e  p o s s i b l e  i f  p r e s s u r e  g a s i f i c a t i o n  
is  used.  Moreover, because t h e  manufactured products  would be needed f i r s t  i n  
t h e  dense ly  populated e a s t e r n  p o r t i o n  of  t h e  U.S., processes  were sought  t h a t  
could use  t h e  s t r o n g l y  cok ing  c o a l s  t h a t  a r e  found i n  t h e  e a s t .  

S ince  most s y n t h e t i c  f u e l  processes  use  gas  

I n t e r e s t  i n  producer  gas  and water  gas  d e c l i n e d  r a p i d l y  as n a t u r a l  gas  
became a v a i l a b l e  i n  those  markets  a t  r e l a t i v e l y  low c o s t .  
have cont inued to r i s e  s t e a d i l y  d u r i n g  t h e  p a s t  15 y e a r s ,  t h e r e  h a s  been a 
r e v i v a l  of i n t e r e s t  i n  t h e  manufac tu re  of a c l e a n  hot  producer  gas  from c o a l  f o r  
i n d u s t r i a l  u s e .  
w i t h  methane made from c o a l  a p p e a r s  t o  be most promising.  

However, as gas  p r i c e s  

I n  t h e  more d i s t a n t  f u t u r e ,  supplementing n a t u r a l  gas  r e s e r v e s  

I n  most f o r e i g n  c o u n t r i e s  gas  of  lower h e a t i n g  v a l u e  than  methane i s  
d i s t r i b u t e d ,  and processes  making such g a s e s  have been e x t e n s i v e l y  i n v e s t i g a t e d .  
Lurg i  g e n e r a t o r s ,  which o p e r a t e  a t  h igh  p r e s s u r e  and produce a c o n s i d e r a b l e  
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percentage  of methane i n  t h e  s y n t h e s i s  g a s ,  a r e  p a r t i c u l a r l y  w e l l  s u i t e d  f o r  
t h i s  type  of market .  However, i n  many f o r e i g n  c o u n t r i e s  noncoking o r  weakly 
coking  c o a l s ,  which t h e  L u r g i  g c n e r a t o r s  r e q u i r e ,  a r e  u s u a l l y  r e a d i l y  a v a i l a b l e .  

GASIFICATION WITH A I R  AND STEAN 

While t h e  U.S. c o a l  i n d u s t r y . h a s  i n d i c a t e d  renewed i n t e r e s t l /  i n  t h e  development 

- 1/ Garvey, James R.  Report  i n  Proceedings  of Nat iona l  Coal Assoc. 4 4 t h  
Anniversary Meeting, Washington, D.C. ,  J u n e  6-8, 1961, pp. 59-68. 

of lower c o s t  p r o c e s s e s  f o r  t h e  manufacture  of producer  g a s  f o r  i n d u s t r i a l  u s e ,  
as y e t  no new r e s e a r c h  h a s  been i n i t i a t e d .  T h i s  same s i t u a t i o n  e x , i s t s  i n  many 
f o r e i g n  c o u n t r i e s .  I n  Germany, t h e  v o r t e x  p toducerz /  developed by Ruhrgas i s  n o t  

- 2 1  N i s t l e r ,  F .  The Ruhrgas Vortex Coal Dust Producer .  Coke and Gas, Vol. 1 9 ,  
No. 213, February 1957, pp. 54-57. 

be ing  o p e r a t e d ,  a l t h o u g h  a similar g a s  g e n e r a t o r  has  been c o n s t r u c t e d  i n  England 
a t  t h e  Manvers Main Coke Works. A t  such i n s t a l l a t i o n s ,  t h e  manufactured producer  
g a s  i s  used t o  h e a t  coke ovens,  t h u s  r e l e a s i n g  t h e  h i g h e r  h e a t i n g  v a l u e  coke-oven 
g a s  f o r  d i s t r i b u t i o n .  

0 

I n  Japan ,  r e s e a r c h  has  been c a r r i e d  o u t  a t  t h e  Tokyo I n s t i t u t e  of  Technology?/ 

- 3/  Kensuki Kawashimo, and Kozo Katayama. Combustion of Coal by G a s i f i c a t i o n .  
B u l l e t i n  Japanese  SOC. of Mech. Eng., Vol. 4, November 1961. 

\ 
on developing  novel  methods of making producer  gas t o  be used f o r  combustion i n  
b o i l e r s ,  gas  t u t b i n e s ,  or i n d u s t r i a l  f u r n a c e s .  I n  e a r l y  exper iments ,  12 n o z z l e s  
were used t o  i n j e c t  two- th i rds  of t h e  a i r  t a n g e n t i a l l y  i n t o  a f ixed-bed  producer .  
The o t h e r  one- th i rd  w a s  in t roduced  beneath t h e  r o t a t i n g  g r a t e  t o  reduce  t h e  carbon 

used t o  manufacture  a s a t i s f a c t o r y  producer  g a s .  
5- c o n t e n t  of t h e  a s h .  These t e s t s  proved t h a t  high-ash low-qual i ty  c o a l s  could be 

I n  more r e c e n t  exper iments ,  t h e  producer  w a s  en larged  from 800 t o  1,350 mm. i n  
d iameter .  I n  J u l y  1963, a r e c t a n g u l a r  producer  1,400 by 2,800 mm. w i t h  a number 
of c y l i n d r i c a l ,  h o r i z o n t a l ,  r o t a t i n g  g r a t e s  was placed i n  o p e r a t i o n  and is  now 
under  t e s t .  

A t  t h e  I n d u s t r i a l  Research I n s t i t u t e  of  Hokkaido,’/ exper iments  have been 

- 41 P r i v a t e  correspondence,  Rinzo Midorikawa, D i r e c t o r  of Ind .  Research ,  I n s t i t u t e  
of Hokkaido. 

i 

J /  

conducted on making producer  gas  from high-ash  c o a l s ,  l i g n i t e ,  and p e a t  i n  a f i x e d  
bed. Coals  w i t h  a s h  c o n t e n t s  as h igh  as  40 p e r c e n t  gave low thermal  e f f i c i e n c i e s ,  
bu t  l i g n i t e s  and p e a t s  w e r e  more e a s i l y  conver ted  and gave a g a s  of h igher  q u a l i t y .  
Gas obtained from t h e  d r a i n a g e  of methane from c o a l  seams and c o n t a i n i n g  up t o  
45 p e r c e n t  of a i r  w a s  conver ted  t o  an oxygen-free gas i n  t h e  p r o d u c e r ,  but t h e  
methane i n  t h e  g a s  w a s  decomposed i n  t h e  p r o c e s s .  . 

Although t h e r e  h a s  been a d e c l i n e  i n  i n t e r e s t  i n  c o a l  g a s i f i c a t i o n  i n  France  
because of t h e  d i s c o v e r y  of l a r g e  d e p o s i t s  of  n a t u r a l  gas ,  work on a f l u i d i z e d - b e d  

. -. 



p r o c e s s  was pursued u n t i l  r e c e n t l y . ? /  Most of  t h e  t e s t s  used e i t h e r  l i g n i t e  o r  

- 51 J e q u i e r ,  L . ,  L .  Longchambon, and G .  Van De P u t t e .  The G a s i f i c a t i o n  of Coal 
F i n e s .  J .  I n s t .  F u e l ,  Vol. 33,  No. 239, December 1960,  p p .  584-591. 

a n t h r a c i t e  a s  f u e l ,  a l t h o u g h  a few tes ts  were made w i t h  bi tuminous c o a l .  Temperatures  
had t o  be c o n t r o l l e d  c l o s e l y  t o  permi t  proper  removal of t h e  a s h ,  b u t  g a s i f i c a t i o n  
of f i n e s  u s i n g  a g a s i f i e r  w i t h  s p e c i a l l y  designed bot tom s e c t i o n s  and c a r e f u l l y  
c o n t r o l l e d  i n j e c t i o n  of g a s e s  made t h i s  p o s s i b l e .  As a r e s u l t  of t h i s  work, i t  was 
concluded t h a t  a l a r g e - s c a l e  p l a n t  could be b u i l t  and o p e r a t e d  s u c c e s s f u l l y .  

In Germany, i n c r e a s e d  c a p a c i t y  of  water  g a s  s e t s  h a s  been a t t a i n e d ,  and gases  
s u i t a b l e  f o r  town gas  d i s t r i b u t i o n  can be produced through o i l  c a r b u r e t i o n  d u r i n g  
t h e  down r u n  per iod .  This development w i l l  pe rmi t  producers  u s i n g  c o a l  and coke 
t o  com%gte e f f e c t i v e l y  i n  some areas w i t h  gas  produced from pe t ro leum products  
a lone . -  

- 61 Domann, Von F r i e d r i c h .  Methods of Gas P r o d u c t i o n  - The E f f e c t  of New Ty.pes 
of  Gas, Repr in ted  from I n t e r n a t i o n a l e  Z e i t s c h r i f t  f u r  Gaswarme ( I n t e r n a h o n a l  
Gas Heat Journa l ,  V o l .  12,  1963, pp. 177-179. 

~ ~ ~ ~ ~~ ~ ~ ~~ 

In a n o t h e r  m o d i f i c a t i o n  o f  t h e  water  g a s  p r o c e s s ,  t h e  g e n e r a t i o n  of  water gas  
from c o a l  r a t h e r  than  coke h a s  been developed i n  o r d e r  t o  be a b l e  t o  u s e  ind igenous  
noncoking c o a l s  and avoid  t h e  u s e  of  more expens ive  c o k e . l l  In t h i s  p r o c e s s ,  t h e  

- 7 1  Domann, Von F r i e d r i c h  and Hubert  Schmi t t .  The Product ion  of C i t y  Gas by Low- 
Temperature  Carboniza t ion  of Coal i n  Tokyo andFre iburg  ( B r e i s g a u ) . ,  R e p r i n t  f rom 
"Erdol und Kohl" Volume 12 ,  1959, p p .  883-90. 

v e s s e l  above t h e  gas  g e n e r a t o r  is  designed so t h a t  t h e r e  i s  s u f f i c i e n t  r e s i d e n c e  time 
f o r  t h e  c o a l  t o  be carbonized  b e f o r e  i t  r e a c h e s  t h e  gas  g e n e r a t o r .  

GASIFICATION WITH OXYGEN-ENRICHED AIR AND STEAM 

S t a r t i n g  i n  t h e  m i d - l 9 5 0 ' s ,  r e s e a r c h  i n  The Nether lands  u s i n g  oxygen-enricnea 
a i r  (50  p e r c e n t  oxygen) i n  f ixed-bed  g a s i f i e r s  showed t h a t  such equipment could 
be o p e r a t e d  u s i n g  coke as t h e  f u e l  and with t h e  removal of a s h  a s  s l a g .  These tes ts  
were cont inued  u n t i l  1960, u s i n g  oxygen c o n c e n t r a t i o n s  as h i g h  a s  90 p e r c e n t  
because  g a s e s  produced i n  t h i s  manner gave g r e a t e r  f l e x i b i l i t y  and were more 
economical ly  a t t r a c t i v e  t h a n  e i t h e r  s t r a i g h t  producer  or water gas .  Work on t h i s  
p r o c e s s  w a s  d i s c o n t i n u e d  w i t h  t h e  r e c e n t  d i s c o v e r y  of l a r g e  r e s e r v e s  of  n a t u r a l  g a s  
i n  The Nether lands .  

The "bottom blown" g a s i f i e r  r e q u i r e s  only  a r e l a t i v e l y  sha l low f u e l  bed because 
of t h e  more uniform d i s t r i b u t i o n  of  t h e  g a s i f y i n g  medium and t h e  bottom f l o w  
c h a r a c t e r i s t i c s  of t h e  f u e l  bed .  
depend on t h e  r a t e  of c a r b o n i z a t i o n  of  t h e  c o a l  under t h e  c o n d i t i o n s  i n  t h e  g a s i f i e r  

over  of  f i n e s  and whether  t h e y  can  be r e c y c l e d ,  and (2)  t h e  c a r b o n i z a t i o n  t i m e  of 
t h e  c o a l  i n  t h e ' g a s i f i e r .  
needed t o  de te rmine  t h e  h e a t  l o s s e s  i n  t h e  water -cooled  g r a t e s  and t h e  r e d u c t i o n  
i n  c o a l  g a s  e f f i c i e n c y  because  of h i g h e r  e x i t  g a s  t e m p e r a t u r e s  i n  t h e  sha l low f u e l  
bed. 

However, t h e  a c t u a l  depth  of bed r e q u i r e d  w i l l  

Experimental  work i s  stil-1 r e q u i r e d  t o  de te rmine  (1) t h e  e x t e n t  of t h e  c a r r y -  

L a r g e - s c a l e  exper imenta l  work under  p r e s s u r e  i s  a l s o  
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Badische A n i l i n  and Soda F a b r i k  of Germany h a s  developed a s l a g g i n g  gas  
producer  o p e r a t i n g  a t  a tmospher ic  p r e s s u r e  t h a t  can produce s y n t h e s i s  g a s ,  
u s i n g  as a f u e l  e i t h e r  coke o r  a mixture  of coke and h y d r o c a r b o n s . g /  

- 10/ Duftschmidt ,  F. and F .  Flnrker t .  

The d e s i g n  

Large-Scale  S lagging  Producers  of Gas f o r  
Chemical Syntheses  (Entwicklung von g r o s s t e c h n i s c h e n  Abs t ichgenera toren  z u r  
Synthesegas-Erzeugung) Chemie-Ing-Tcchn., Vol. 3 2 ,  No. 1 2 ,  1960, p p .  806-811. 

a 

of the  s l a g g i n g  s e c t i o n  was r e p o r t e d  t o  be p a r t i c u l a r l y  s a t i s f a c t o r y ,  a d  l i t t l e  
. d i f f i c u l t y  has  been r e p o r t e d  from f a i l u r e  of r e f r a c t o r i e s  o r  w i t h  removal of t h e  

s l a g .  A b a t h  of s l a g  is maintained a t  t h e  base  of t h e  g e n e r a t o r  and s l a g  i s  
tapped i n t e r m i t t e n t l y .  S a t i s f a c t o r y  removal of t h e  a s h  r e q u i r e s  t h e  a d d i t i o n  
of  a l imes tone  f l u x .  The r e a c t i o n  of l i m e s t o n e  w i t h  t h e  coke a s h  t o  g ive  a 
f r e e  f lowing  s l a g  t a k e s  p l a c e  mainly i n  t h e  s l a g  b a t h  so t h a t  good d i s t r i b u t i o n  
of t h e  l imes tone  and adequate  r e s i d e n c e  t i m e  of t h e  s l a g  b a t h  are r e q u i r e d  f o r  
s a t i s f a c t o r y  o p e r a t i o n .  The c a r r y o v e r  d u s t  i s  r e c i r c u l a t e d  and i s  i n j e c t e d  i n t o  
t h e  g a s i f i e r  i n  a s t r e a m  of t h e  g a s i f i c a t i o n  medium. F o r t y  t o  f i f t y  p e r c e n t  
g a s i f i c a t i o n  of  d u s t  i s  accomplished i n  one r e i n j e c t i o n .  T a b l e  1 shows t y p i c a l  
r e s u l t s  o b t a i n e d  i n  t h i s  g a s i f i e r .  

A t  t h e  Regional  Research Labora tory  a t  Hyderabad, I n d i a ,  i n t e r e s t  i n  
I\ g a s i f i c a t i o n  i s  c e n t e r e d  about  t h e  u s e  of c o a l s  c o n t a i n i n g  from 25 t o  35 p e r c e n t  

a s h .  A s l a g g i n g  f ixed-bed g a s i f i e r  w i t h  a c o a l  r a t e  of  30 t o  40 pounds p e r  hour  
h a s  been e r e c t e d  w i t h  a s h a f t  6 inches  i n  I . D .  and a s l a g g i n g  s e c t i o n  1 2  t o  14 
i n c h e s  i n  I.D.G/ Four water-cooled t u y e r e s  of  3 / 8  i n c h  I . D .  and 1 / 2  inch  

'4 - 11/ Some Aspects  i n  t h e  Design of G a s i f i e r .  I n d i a n  Chemical Engineer ,  J u l y  

d iameter  c e n t r a l l y  l o c a t e d  t a p h o l e  have been provided .  To d a t e  only  p r e l i m i n a r y  
experiments  have been made u s i n g  low-temperature  coke as f u e l  and b l a s t - f u r n a c e  
s l a g  as a f l u x i n g  medium. These f i r s t  exper iments  are b e i n g  d i r e c t e d  toward 
developing  a s a t i s f a c t o r y  method of s l a g  removal, and w i t h  a weight  r a t i o  of 
coke to s l a g  of 7 to  3, s a t i s f a c t o r y  o p e r a t i o n s  of from 45 minutes  to 3 hours 
have been achieved .  

Table  1.-Atmospheric p r e s s u r e  f ixed-bed  s l a g g i n g  
g a s i f i c a t i o n  u s i n g  coke \, 

" 1 

\ 

1/ Material requirements-  

Coke (87% C),  pounds 27.8 
Steam, pounds 18.9 
Oxygen (go%), cu.  f t .  240 
Steam g e n e r a t e d ,  pounds 1 0 . 8  
Superheated steam, pounds 3.8 

Gas a n a l y s i s ,  volume p e r c e n t  

6 
6 2  co 

H2 31 

co2 

N2 1 
- 1/ P e r  1,000 cu. f t .  CO +Hp 
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The Koppqrs Totzek p r o c e s s ,  which u s e s  a wide range of s o l i d  and l i q u i d  
f u e l s  a s  f e e d s t o c k ,  has  been i n s t a l l e d  i n  a number of l o c a t i o n s  throughout  t h e  
world However, no r e c e n t  developments  have been r e p o r t e d  i n  oxygen g a s i f i c a t i o n  

- 121 Osthaus,  K .  H . ,  and T .  W .  Austen.  P roduc t ion  of Gas from a Wide Range of 
S o l i d  and Liquid Feeds tocks  by t h e  Koppers Totzek P rocess .  Gas World, Vol.  
1 5 7 ,  No. 4091, Jan;12,  1963,  p p .  98-103. 

u s ing  e n t r a i n e d  p rocesses .  

Improvements have a l s o  been r e p o r t e d z ’  i n  t h e  f lu id -bed  Winkler g e n e r a t o r ,  

- 13/  F l e s c h ,  Von Wilhelm, and Gunter  V e l l i n g .  The G a s i f i c a t i o n  of Coal i n  t h e  
Winkler-Generator .  Erdol  und Kohle,  Vol. 15 ,  No. 9 ,  September 1962, pp. 
710-713: 

. -  
which i s  capab le  of g a s i f y i n g  bo th  l i g n i t i c  and bi tuminous c o a l s .  M o d i f i c a t i o n s  
have been made i n  des ign  t o  accommodate coking c o a l s ,  and improvements i n  t h e  
g e n e r a t o r  a r e  r epor t ed  to  g i v e  inc reased  economies. By f e e d i n g  a p o r t i o n  of . the 
oxygen and steam i n t o  t h e  uppe r  p a r t  of t h e  f l u i d i z e d  bed, i t  is  p o s s i b l e  t o  g e t  
h igh  ca rbon  conversions w i t h o u t  slag fo rma t ion .  

P r e s s u r e  G a s i f i c a t i o n  

For  many uses ,  s y n t h e s i s  g a s  i s  r e q u i r e d  a t  p r e s s u r e s  of 30 atmospheres  o r  
more. 
o p e r a t i n g  a t  e l e v a t e d  p r e s s u r e s ,  s i n c e  c o n s i d e r a b l e  sav ings  are  p o s s i b l e  i f  t h e  
p roduc t  gas  is t o  be used a t  t h e s e  p r e s s u r e s .  

Thus ther.e h a s  been a c o n t i n u i n g  i n t e r e s t  i n  g a s i f i c a t i o n  p rocesses  

Because o f  l i m i t a t i o n s  i n h e r e n t  i n  e n t r a i n e d  and f l u i d - b e d  p rocesses ,  t h e  
most economic method f o r  p roduc ing  s y n t h e s i s  gas  from s o l i d  f u e l s  a t  p r e s s u r e  
a p p e a r s  t o  be.f ixed-bed o p e r a t i o n  removing the  a s h  e i t h e r  d ry  o r  a s  a s l a g .  
Fixed-bed p rocesses ,  however, r e q u i r e  a s i z e d  f u e l ,  and i f  c o a l  i s  used ,  i t  must 
be noncoking o r  weakly coking.  
low throughput  pe r  u n i t  volume of  g a s i f i e r  t o  keep t h e  a s h  i n  a c o n d i t i o n  t o  be 
s u c c e s s f u l l y  handled.  The removal o f  s l a g  under p r e s s u r e ,  however, i n t r o d u c e s  
many d i f f i c u l t  o p e r a t i n g  and d e s i g n  problems f o r  which s o l u t i o n s  a r e  s t i l l  
be ing  sough t .  

D r y  ash rnmnval requires an cxccss nf s t e a m  and 

A number of Lurgi i n s t a l l a t i o n s  u s i n g  d r y  a s h  removal have been i n s t a l l e d  
i n  many c o u n t r i e s .  0pe ra . t i ng  r e s u l t s  of t h e  Wes t f i e ld  Lurg i  P l a n t  i n  S c o t l a n d ,  
which i s  t h e  most modern p l a n t  f o r  which d a t a  are  a v a i l a b l e ,  have r e c e n t l y  been 
p u b l i s h e d E /  

- 141 R i c k e t t s ,  T .  S .  

and a r e  shown i n  T a b l e  2. 

The O p e r a t i o n  of t h e  Wes t f i e ld  L u r g i  P l a n t  and High-pressure 
Gr id  System. The I n s t i t u t i o n  of  Gas Engineers .  .Coovright  P u b l i c a t i o n  633. - , . I  - 
May 1963, 2 1  p p .  

A major improvement i n  L u r g i  p l a n t  d e s i g n  h a s  been accomplished r e c e n t l y  i n  
Germany by changing from wa te r - coo led  t o  steam-cooled g r a t e s ,  u s i n g  t h e  wet steam 
f r o m  t h e  g a s i f i e r  f o r  t h i s  pu rpose ,  and by r educ ing  t h e  amount of s team t o  t h e  
g a s i f i e r .  A t  Dorsten,  t h e  steam requ i remen t  was c u t  n e a r l y  i n  h a l f ,  and t h e  
volume of  gas  produced could t h e n  by inc reased  by 70 p e r c e n t  w i t h  on ly  a 45 -pe rcen t  
i n c r e a s e  i n  oxygen consumption. 

I 

./’ 
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Tab le  2.-Operat ing r e s u l t s  of Lurg i  g a s i f i e r  a t  Wes t f i e ld  

M a t e r i a l  requirements  11 
Coal ,  pounds 
Steam, pounds 
Oxygen, cu.  f t .  

Gas a n a l y s i s ,  ( c rude ) ,  volume p e r c e n t  

55 .5  
56 .1  

238 

CQ2 24.6 
CnHm 1.1 
co 24 .6  
H2 3 9 . 8  

8 . 7  
1 . 2  

CH4 
N2 

- 1/ Per 1,000 cu. f t .  CO + H2 

Two o t h e r  improvements i n  t h e  Lurg i  p rocess  have been in t roduced  a t  Dorsten.  
I n  t h e  f i r s t ,  t h e  carbon monoxide i n  t h e  crude gas is cozve r t ed  over  a c o b a l t -  
molybdenum c a t a l y s t  (by water gas  s h i f t )  t oca r inn  d i o x i d e  b e f o r e  the  gas  is 
p u r i f i e d .  Th i s  r e s u l t s  i n  a lower c o s t  gas  s i n c e  no a d d i t i o n a l  s team must be 
added as m u s t  be done i n  conven t iona l  carbon monoxide conver s ion  where the  excess  
steam is f i r s t  removed from tile raw gas and then  addsd back b e f o r e  s h i f t  
conversion.  I n  t h e  second improvement, a i r  was added t o  che g a s i f y i n g  medium 
( t h i s  is s a t i s f a c t o r y  f o r  c e r t a i n  types  of gases  i n  town use )  and r e s u l t e d  i n  
f u r t h e r  improvement i n  p l a n t  o p e r a t i o n .  Steam decomposi t ion was increased; thus 
reducing steam requ i r emen t s ,  and because p a r t  of t h e  oxygen w a s  introduced as 
a i r ,  t h e r e  w a s  a s u b s t a n t i a l  r e d u c t i o n  i n  power r equ i r emen t s  t o  produce oxygen. 

In Germany experiments  were conducted on p r e t r e a t i n g  t h e  c o a l  i n  t h e  l o c k  
hopper of t h e  c o a l  f e e d i n g  dev ice  t o  r educe  t h e  coking c h a r a c t e r i s t i c s  of t h e  
c o a l s  so t h a t  a wider r ange  of c o a l s  could be used.  The c o a l  w a s  t r e a t e d  w i t h  
a mix tu re  of  carbon d i o x i d e ,  n i t r o g e n ,  and 1 pe rcen t  02 at ZOOo t o  2500 C f o r  
15  minutes;  however, on t h e  c o a l s  t e s t e d ,  l i t t l e  d i f f e r e n c e  was noted i n  t h e  
o p e r a t i n g  r e s u l t s .  These tes t s ,  a long  w i t h  o t h e r s ,  i n d i c a t e d  t h a t  f o r  a g iven  
c o a l ,  coking problems were more seve re  i n  t h e  smaller tes t  g e n e r a t o r s  than they  
are i n  t h e  f u l l - s c a l e  u n i t s .  Because o f  t h e  p o t e n t i a l  advan tages  of s l a g g i n g  
o p e r a t i o n ,  t h e  most r e c e n t  f ixed-bed p r e s s u r e  g a s i f i c a t i o n  expe r imen ta t ion  h a s  
used t h i s  t ype  of  a s h  removal.  Research i s  underway on t h i s  method i n  the  U.S., 
England, t h e  U.S.S.R., and Germany. 

The on ly  r e c e n t  r e p o r t  on g a s i f i c a t i o n  from t h e  S o v i e t  Union d e s c r i b e s  
tes ts  wi th  a f ixed-bed s l a g g i n g  g a s i f i e r  o p e r a t i n g  a t  5 atmospheres  u s i n g  
a n t h r a c i t e  as t h e  f u e l .  
u s i n g  up t o  50 p e r c e n t  pu lve r i zed  f u e l .  

These tests a l s o  involved r e f i r i n g  c a r r y o v e r  d u s t  and 

I n  England, r e s e a r c h  on p r e s s u r e  g a s i f i c a t i o n  u s i n g  a s l a g g i n g  f ixed-bed 
g a s i f i e r  has  been conducted by t h e  Gas Counci l  a t  t h e  Midlands Research S t a t i o n  
and by t h e  M i n i s t r y  of Power a t  t h e  B.C.U.R.A. Research S t a t i o n  a t  Leatherhead.  
T h i s  la t ter  program w a s  terminated i n  March 1962 a f t e r  demons t r a t ing  that s l a g g i n g  
o p e r a t i o n  under p r e s s u r e  could be accomplished. I n  a d d i t i o n ,  t h e s e  experiments  
i n d i c a t e d  p robab le  methods f o r  " s c a l i n g  up" through t h e  u s e  of m u l t i p l e  t u y e r e s  
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and has  shown t h e  p o t e n t i a l s  f o r  u s i n g  c o a l  r a t h e r  than coke as  a f u e l , -  

- 15/ Kasterman, S .  O . ,  and W . A . P e e t .  
Fixed Bed G a s i f i e r .  P r o c .  of t h e  J o i n t  Conf. on G a s i f i c a t i o n  ( I n s t i t u t i o n  
of Gas Engineers  and I n s t i t u t e  of Fuel), Has t ings ,  September 1962. 

The Development of a P r e s s u r i z e d  S lagg ing  

A t  t h e  Midland Research S t a t i o n ,  work is  c o n t i n u i n g  on t h e  s l a g g i n g  g a s i f i e r  
i n  a new p i l o t  p l a n t  t h a t  w a s  i n s t a l l e d  i n  1962. The g a s i f i e r  has  a 3 - foo t  
I . D . ,  o p e r a t e s  a t  p r e s s u r e s  up t o  375 p s i ,  and i s  designed t o  produce 5 m i l l i o n  
c u b i c  f e e t  p e r  day of gas .  

U n t i l  now t h e  program has  been aimed a t  t h e  development of t h e  h e a r t h ,  
s l a g  t a p ,  and s l a g  d i s c h a r g e  system. To avo id  unnecessary expe r imen ta l  
d i f f i c u l t i e s ,  graded coke has been used a s  a f u e l ,  and t h e  p l a n t  has  been 
o p e r a t e d  f o r  as long as 90 h o u r s  a t  p r e s s u r e s  of 300 p s i  and a t  3 m i l l i o n  c u b i c  
f e e t  per day throughput .  S l a g  i s  tapped i n t e r m i t t e n t l y  and i s  quenched i n  water 
a t  t h e  o p e r a t i n g  p res su re .  Experiments  on t h e  u s e  of  c o a l  as a f u e l  were s t a r t e d  
i n  l a te  November. 

HYDROGASIFICATION OF COAL 

I n t e r e s t  con t inues  on the h y d r o g a s i f i c a t i o n  of c o a l ,  which w a s  s t a r t e d  
a t  t h e  Midland Research S t a t i o n ,  b u t  expe r imen ta l  work has  been delayed 
because of t h e  p r e s e n t  emphasis inEnglard m t h e u s e  of petroleum f e e d s t o c k s .  
For t h e  type  of  gas d i s t r i b u t e d  i n  England, t h e  p rocess  s e l e c t e d l 6 1  f o r  s tudy 

- 16/ Dent,  F. J. Chemical Eng inee r ing  i n  the  P roduc t ion  of Town Gas by P r e s s u r e  
G a s i f i c a t i o n  P rocesses .  P r o c .  of t h e  J o i n t  Conf. on G a s i f i c a t i o n  ( I n s t i t u t i o n  
of Gas Engineers  and I n s t i t u t e  of F u e l ) ,  Has t ings ,  September 1962. 

i n v o l v e s  a two-stage hydrogena t ion  of c o a l  i n  f l u i d i z e d  beds a t  70 atmospheres  
p r e s s u r e .  The f i r s t  s t a g e  w i l l  o p e r a t e  a t  1,475" t o  1,560" F .  t o  hydrogenate  t h e  
v o l a t i l e  mat ter  a t  lower t e m p e r a t u r e s ,  which thermodynamically f avor  a h i g h e r  
h e a t  c o n t e n t  of  the g a s .  Char w i l l  be r ecyc led  t o  enab le  use  of a l l  types of 
coals. The second s t a g e  w i l l  o p e r a t e  a t  1,650" t o  1,740" F .  t o  t ake  advantage 
of cite ~ ~ S L C L  ~ r d i t i u n  r a t e s  ~t thc  h;gb.=r temporet12res r e q u i r e d  f o r  t h e  less 
r e a c t i v e  c h a r .  The r e s i d u e  of t h e  hydrogenat ion i s  g a s i f i e d ,  u s i n g  oxygen and 
steam i n  a f l u i d i z e d  bed. The r e s i d u e  from the g a s i f i e r  i s  used f o r  steam 
produc t ion .  

In similar r e s e a r c h  i n  A u s t r a l i a ,  tes ts  have been made on t h e  hydrogena t ion  
of brown coal i n  f l u i d i z e d  beds  a t  p r e s s u r e s  of 300 t o  600 psi and a t  t empera tu res  
between 930' and 1,740" F. E a r l y  t e s t s  u s i n g  c o c u r r e n t  f low have been r epor t ed ,= /  

- 1 7 /  Birch ,  T . J . ,  K .  R . H a l l ,  and R .  W.  Urie. G a s i f i c a t i o n  of Brown Coal w i th  
Hydrogen i n  a Cont inuous Fluidized-Bed Reac to r .  J. I n s t .  F u e l ,  Vol. 33,  
N o .  2 3 6 ,  September 1960, p p .  422-435. 

but  t h e  la tes t  des ign  u s e s  c o u n t e r c u r r e n t  f low o f  r e a c t a n t s .  
i n d i c a t e d  t h a t  t he  r e a c t i o n  o c c u r s  i n  t w o  s t a g e s  wi th  t h e  f i r s t  s t a g e  i n v o l v i n g  
a r a p i d  r e a c t i o n  of t h e  oxygen-containing f u n c t i o n a l  groups.  
i nvo lves  a much slower r e a c t i o n  o f  t h e  hydrogen wi th  condensed ca rbon  and r e q u i r e d  
a much h i g h e r  c o n c e n t r a t i o n  of hydrogen and h i g h e r  t empera tu res  t o  g e t  r easonab le  
r e a c t i o n  rates.  

The f i r s t  experiments  

The second s t a g e  

Experiments  w i th  the  c o u n t e r c u r r e n t  a p p a r a t u s  are s t i l l  underway. To t a k e  
advantage of t h e  r a p i d  hydrogena t ion  a t  low t empera tu res  d u r i n g  t h e  i n i t i a l  pe r iod  



1. 
and y e t  o b t a i n  t h e  h i g h e r  tempera tures  r e q u i r e d  f o r  t h e  second s t a g e ,  t h e  2 0 -  
f o o t  r e a c t o r  i s  d iv ided  by p e r f o r a t e d  p l a t e s  i n t o  a number o f  s e p a r a t e  f l u i d i z e d  
beds operated i s  p r o g r e s s i v e l y  changing t e m p e r a t u r e s . g ’  

- l S /  Bcnnct t ,  B .  B .  The G a s i f i c a t i o n  of La t robe  Val ley  Brown Coal .  Presented 

Secause of t h e  d i f f i c u l t i e s  
b 

a t  Coni. on G a s i f i c a t i o n  of L i g n i t e  and I n f e r i o r  F u e l s ,  Belgrade ,  Yugoslavia ,  
SeDtember 16-18, 1963. 

encountered w i t h  e x c e s s i v e  d e v o l a t i l i z a t i o n  i n  t h e  c o a l  d e l i v e r y  t u b e ,  only c h a r s  
have been used u n t i l  now f o r  extended r u n s .  Comparison of t h e s e  r e s u l t s  wi th  
those  i n  the c o c u r r e n t  a p p a r a t u s  cannot  be made as y e t  because of t h e  use  of 
char  aad o t h e r  d i f f e r e n c e s  i n  o p e r a t i n g  c o n d i t i o n s .  P r e l i m i n a r y  r e s u l t s  u s i n g  
t h i s  a p p a r a t u s  are shown i n  Table  3. 

Table  3 . -Hydrogas i f ica t ion  of La t robe  Val ley  Coal 

V o l a t i l e  m a t t e r  i n  c h a r ,  p e r c e n t  ---- 
P r e s s u r e ,  p s i  
Temperature, OF. 

E f f e c t i v e  r e a c t o r  l e n g t h ,  f e e t  
Cii4 conten t  o u t l e t ,  percent  
Char g a s i f i e d .  u e r c e n t  

4 
1 7 . 3  
50.2 

18.0 
600 
1,380 
6% 
2 7 . 2  
63.3 

SPECIAL GASIFICATIOK I’ROCESSES 

Usin:, e n t r a i n e d  g a s i f i c a t i o n  systems w i t h  f i n e  cocil, h i g h  carbon convers ions  
can only be a t t a i n e d  w i t h  h igh oxygen requi rements .  The i:un::nelxl s i n g l e - s h a f t  

- 191 Rummel, Roman. G a s i f i c a t i o n  i n  a S l a g  Bath.  Coke and Gas, Vol. 2 1 ,  No. 2 4 7 ,  
December 1959, p p .  493-501, 520. 

g e n e r a t o r  i n  which t h e  oxygen-coal and steam are i n j e c t e d  i n t o  a r o t a t i n g  s l a g  
ba th  i s  a n  a p p a r a t u s  designed t o  provide  e x t r a  r e s i d e n c e  time t o  g e t  more complete 
g a s i f i c a t i o n  a t  reduced g a s i f i e r  volumes. Other  p o t e n t i a l  advantages  a r e  i t s  
a b i l i t y  t o  use  a h igh-ash  c o a l ,  t o  o p e r a t e  w i t h  both coking  and noncoking c o a l s ,  
and t o  use  a l a r g e r  s i z e d  feed .  I f  a i r  i s  u s e d  i n  p l a c e  of oxygen, producer g a s  
can b e  manufactured. 

Another m o d i f i c a t i o n  of t h e  s l a g  b a t h  g e n e r a t o r  u s e s  a double  s h a f t  i n s t e a d  
of t h e  s i n g l e  s h a f t ,  s u b s t i t u t e s  a i r  f o r  oxygen, and s t i l l  produces a n i t r o g e n -  
f r e e  mixture  of carbon monoxide and hydrogen. The s l a g  b a t h  conta ined  i n  t h e  
bottom of a c i r c u l a r  s h a f t  i s  d i v i d e d  i n t o  s e c t i o n s  by two v e r t i c a l  d i v i d i n g  
wal l s .  On one s i d e  c o a l  and s team a r e  i n j e c t e d  i n t o  t h e  r o t a t i n g  s l a g  b a t h ,  and 
t h e  c o a l  i s  d e v o l a t i l i z e d  and p a r t l y  g a s i f i e d  by t h e  s team, u s i n g  h e a t  suppl ied  
by t h e  molten s l a g .  I n  t he  second s e c t i o n ,  t h e  ba lance  of t h e  c o a l  and some f r e s h  
f u e l  a r e  burned t o  raise t h e  tempera ture  of t h e  s l a g  and t o  o x i d i z e  t h e  s l a g  
c o n s t i t u e n t s  t h a t  were reduced i n  t h e  g a s i f i c a t i o n  s e c t i o n .  

An experimencal  prograx  on  t h e  d o u b l e - s h a f t  g e n e r a t o r  i s  b e i n g  c a r r i e d  o u t  
a t  t h e  Bromly-by-Bow Works of t h e  North Thames Gas Board t o  de te rmine  i t s  
f e a s i b i l i t y  and t o  p r e d i c t  t h e  c o s t  of making gas  i n  a f u l l  scale p l a n t .  The 
p l a n t  was designed t o  have a c a p a c i t y  of  95,000 s tandard  c u b i c  f e e t  per  hour, 
and a gas composi t ion of 3 . 9 . p e r c e n t  C02, 45.2 p e r c e n t  CO, 50.5 p e r c e n t  H2, and 
0.4 p e r c e n t  H2S ( n i t r o g e n - f r e e  b a s i s )  w a s  expected.  
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I n  i n i t i a l  t e s t s  (June 1962) c o a l  was f i r e d  i n t o  t h e  combustion s h a f t  w i t h  
t h e  s e p a r a t i n g  c u r t a i n s  a b s e n t  so  t h a t  t h e  s l a g  could f low unimpeded from one 
chamber t o  another .  The s l a g  flowed e a s i l y  a t  2 f e e t  per  second w i t h  a mass 
f low of about  200 t o n s  per  h o u r .  I n  subsequent  tes ts  c o a l  was in t roduced  i n t o  
t h e  g a s i f i c a t i o n  chamber b u t  t h e  seal between t h e  two chambers was n o t  used 
because even i n  i ts  absence i n s u f f i c i e n t  h e a t  was t r a n s f e r r e d  t o  t h e  s l a g  by 
t h e  combustion of c o a l .  In a d d i t i o n ,  t h e  p o i n t s  of admission of t h e  steam and 
c o a l  i n  t h e  g a s i f i c a t i o n  chamber were such t h a t  c o n t a c t  between t h e  r e a c t a n t s  
w a s  poor .  

A f t e r  s u i t a b l e  m o d i f i c a t i o n s ,  t h e  h e a t  t r a n s f e r  t o  s l a g  w a s  increased  by 
r a i s i n g  t h e  b l a s t  p r e s s u r e  f rom 18 t o  100 inches  of wa te r  gauge, and t h e  s l a g  
c i r c u l a t i o n  r a t e  w a s  i n c r e a s e d  t o  500 t o n s  per  hour .  B e t t e r  c o n t a c t  between 
t h e  c o a l  and steam was o b t a i n e d  by a d m i t t i n g  t h e s e  r e a c t a n t s  t o  t h e  g a s i f i c a t i o n  
chamber i n  a s i n g l e  t u y e r e  submerged below t h e  s l a g  s u r f a c e .  A f t e r  t h e  s e a l  
between the two chambers was p u t  i n t o  p l a c e ,  a g a s  o u t p u t  of 40,000 s t a n d a r d  
c u b i c  f e e t  p e r  hour was o b t a i n e d .  Gas composi t ion was: 

P e r c e n t  

co2 
co 

8 . 5  
23.0 
45.0 

0 . 3  
2 . 5  
0 . 5  

20.2 

O v e r a l l  e f f i c i e n c y  w a s  20 p e r c e n t  ( h e a t i n g  v a l u e  of gas  d i v i d e d  by t h e  

Improvements i n  t h e  t u y e r e s  a r e  being 
h e a t i n g  v a l u e  of c o a l  consumed), a l t h o u g h  t h e  co r re spond ing  e f f i c i e n c y  c o n s i d e r -  
i n g  only  process  c o a l  was 69 p e r c e n t .  
made t h a t  a r e  expected t o  i n c r e a s e  t h e  e f f i c i e n c y  t o  30 t o  35 p e r c e n t .  

, ' 

An economic a p p r a i s a l  of t h e  p r o c e s s  i s  now underway and i f  it can be shown 
t o  be economically a t t r a c t i v e ,  i t  5U-tO bU-percent e f f i c i e n c y  can be  a c n i e v e a ,  
a n  a t t e m p t  w i l l  be made to  demons t r a t e  t h a t  such an e f f i c i e n c y . c a n  be obta ined  
by r e d e s i g n  of  the g a s i f i e r .  

SUMMARY 

Although improvements have been made i n  many of t h e  c o a l  g a s i f i c a t i o n  
p r o c e s s e s  t h a t  have been developed ,  t h e  compe t i t i on  from new d i s c o v e r i e s  of 
n a t u r a l  gas  and from oil g a s i f i c a t i o n  p r o c e s s e s  makes t h e i r  widespread a p p l i c a t i o n  
d i f f i c u l t  t o  a t t a i n  both i n  t h e  U.S.  and abroad .  
however, i s  being c a r r i e d  o u t  on t h e  most promising p r o c e s s e s ,  and a d d i t i o n a l  
r e d u c t i o n s  i n  the  c o s t  of manufactur ing a s u i t a b l e  gas  f o r  d i s t r i b u t i o n  can b e  
expec ted .  
a p p l i c a t i o n  t o  U.S. c o n d i t i o n s ,  because a lower h e a t i n g  v a l u e  gas  i s  being 
s o u g h t ,  t h e r e  i s  some d i f f e r e n c e  i n  emphasis between f o r e i g n  and U.S. programs. 
Of s p e c i a l  i n t e r e s t  a t  p r e s e n t  a r e  t h e  expe r imen ta l  p r o j e c t s  on s l a g g i n g  f i x e d -  
bed p r e s s u r e '  g a s i f i c a t i o n  and t h e  d i r e c t  h y d r o g a s i f i c a t i o n  of c o a l  t o  a h i g h e r  
h e a t i n g  v a l u e  gas .  

Continued exper imenta t ion ,  

While many of t h e  f o r e i g n  r e s e a r c h  programs i n  t h i s  f i e l d  have d i r e c t  

I 
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INTRODUCTION 

b Gas i f i ca t ion  of coa l  with steam and oxygen t o  produce s y n t h e s i s  gas is one of  
t he  promising b a s i c  s t a r t i n g  procedures for conver t ing  our v a s t  c o a l  reserves  i n t o  
the  convenient f l u i d  f u e l s ,  gas and o i l .  Perhaps t h e  most a t t r a c t i v e  g a s i f i c a t i o n  
method, from the  s tandpoin t  of thermal e f f i c i e n c y ,  is t h e  fixed-bed system with i ts  
inherent  good hea t  exchange between t h e  countercur ren t  flowing c o a l  and h o t  gases .  
Fixed-bed e a s i f i c a t i o n  is l imi t ed  t o  those  f u e l s  t h a t  do not  agglomerate under t h e  
condi t ions  e x i s t i n g  i n  t h e  g a s i f i e r  s h a f t .  
is we l l  s u i t e d  f o r  t h i s  process.  

\ 

, !  

b ,  
Lign i t e ,  being a nonaggloinerating f u e l ,  

b 

I n  1 9 5 8  the  Bureau of  Mines began development of a high-pressure,  fixed-bed, 
h s l agg ing  g a s i f i c a t i o n  p i l o t  p l an t  a t  Grand Forks, N .  Dak. The ob jec t ives  of t h e  

program were t o  develop a s u i t a b l e  p i l o t  p l a n t  technique f o r  s l agg ing  g a s i f i c a t i o n  
of l i g n i t e  and o t h e r  noncaking f u e l s  a t  p re s su res  t o  400 p i g  and t o  ob ta in  process 
d a t a  as a func t ion  of opera t ing  pressure  and o the r  va r i ab le s .  

p re s su re  g a s i f i e r ,  which ope ra t e s  with dry  a sh  removal. 
p red ic t ed  f o r  s l agg ing  opera t ion  were increased  capac i ty ,  increased  thermal e f f i -  
c iency ,  reduced steam consumption, and reduced quan t i ty  of waste l iquor s .  
advantages of  a s l agg ing  g a s i f i e r  are its a b i l i t y  t o  use c o a l s  having low a s h  
fus ion  temperatures and t h e  absence of a mechanical g r a t e ,  which can r equ i r e  con- 
s i d e r a b l e  maintenance i n  a l a r g e  commercial g a s i f i e r .  

.l It w a s  hoped t h a t  
, t h e  new process would show s i g n i f i c a n t  advantages over t h e  convent iona l  Lurg i l  

Some of t h e  advantages 

Other 

B 

c 
Slagging pressure  g a s i f i c a t i o n  does,  however, pose some formidable problems i n  

r e f r a c t o r y  e ros ion  and i n  methods of d ischarg ing  molten s l a g  from a pressure  v e s s e l .  

The g a s i f i e r  was o r i g i n a l l y  equipped wi th  a low-pressure bottom sec t ion ,  and 
t h e  e a r l y  development work was done a t  80 ps ig .  
was used as  feed m a t e r i a l  f o r  t h e  i n i t i a l  tests because it was t a r - f r e e ,  and t h e  
cha r  ash ,  when f luxed  with b las t - furnace  s l a g ,  had very d e s i r a b l e  flow charac te r -  
i s t ics .  In genera l ,  t h e  development procedwe has  been t o  e s t a b l i s h  a s a t i s f a c t o r y  
s l agg ing  technique f o r  a given des ign  and p res su re ,  us ing  Disco char ,  and then, 
a f t e r  developing necessary  techniques ,  t o  switch t o  dpe ra t ion  wi th  l i g n i t e .  

A bituminous c o a l  char ,  Disco, 

Based on t h e  experience and d a t a  obta ined  a t  80 ps ig ,  a new high-pressure 
bottom s e c t i o n  was designed for t h e  g a s i f i e r .  This u n i t  was i n s t a l l e d  i n  October 
1962, and s ince  then ,  t h e  g a s i f i c a t i o n  p i l o t  p l a n t  has been opera ted  a t  p re s su res  

Trade names are used for i d e n t i f i c a t i o n  only,  and endorsement by t h e  B m a u  of 
Mines is not implied. 
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t o  400 ps ig .  
a series of t e s t s  was s t a r t e d  t o  demonstrate t h e  o p e r a b i l i t y  of t h e  g a s i f i e r  a t  
h igh  p res su res  using North Dakota l i g n i t e .  
a t  p re s su res  from 200 t o  400 p s i g ,  and t h i s  paper w i l l  be p r imar i ly  concerned with 
t h e  experiences and r e s u l t s  from these  tests. 

3 i sco  char  w a s  used f o r  t h e  f i r s t  high-pressure t e s t s ,  b u t  i n  i h j j  1963 

Since then ,  e i g h t  t e s t s  have been run 

DESCRIPTIOS OF THE PROCESS 

A flowsheet of t h e  s l agg ing  g a s i f i c a t i o n  p i l o t  p l an t  is presented i n  f i g u r e  1. 
The f u e l ,  which is p e r i o d i c a l l y  charged t o  t h e  c o a l  lock, moves by g r a v i t y  flow i n t o  
t h e  gene ra to r  and is  cont inuoys ly  g a s i f i e d  by a n  oxygen-steam mixture introduced 
through four water-cooled tuye res  a t  t h e  bottom of t h e  g a s i f i e r .  
a t  t h e  h e a r t h  and flows through a c e n t r a l  1-inch-diameter taphole  i n t o  a water quench 
ba th .  

Molten s l a g  is formed 

The slag-water s l u r r y  i s  p e r i o d i c a l l y  discharged from t h e  s l a g  lock. 

The product gas leav ing  t h e  g a s i f i e r  and conta in ing  water vapor and t a r  is 
scrubbed i n  t h e  spray coo le r  w i t h  recyc led  l i q u o r  t h a t  has been condensed out  of t h e  
gas.  The washed gas is  then  cooled  t o  about 60° F i n  an i n d i r e c t  c o o l e r  before  
be ing  sampled, metered, and f l a r e d .  

Some cooled product gas i s  compressed and recyc led  through t h e  c o a l  lock t o  
prevent  steam and tar vapors from condensing on t h e  cold f u e l .  

Gas from the  high-temperature r eac t ion  zone can be drawn through t h e  taphole  t o  
a i d  s l a g  flow. This gas  i s  cooled and metered i n  a sepa ra t e  c i r c u i t .  

A cross-sec t ion  view of t h e  g a s i f i e r  is presented  i n  f i g u r e  2. The i n s i d e  diam- 
e t e r  of  t h e  u n i t  i s  16-5/8 inches ,  g iv ing  a f u e l  bed area of 1-1/2 square  feet. 
a v a i l a b l e  maximum f u e l  bed depth  of 15  f e e t  provides h e a t  exchange and gas  res idence  
times similar t o  those  i n  a commercial Lurgi u n i t .  

A n  

For a d d i t i o n a l  d e t a i l s  on equipment design and opera t ing  procedure,  r e f e r  t o  the  
r ecen t  Bureau of Mines Report of Inves t iga t ions  6085 (1). 

FUELS AND FLUXES TESTED 

North Dakota l i g n i t e  as-mined usua l ly  con ta ins  from 35 t o  40 percent  moisture. 
Before being charged t o  t h e  g a s i f i e r ,  t h i s  l igni te  is d r i e d  t o  20 t o  25 percent  
moisture i n  a F le i s sne r  steam d r i e r  and then screened t o  3/4 by 1 /4  inch. 
a n a l y s i s  of a d r i ed  l i g n i t e  as charged t o  t h e  g a s i f i e r  is snown i n  t a b l e  1, along 
wi th  an a n a l y s i s  of Disco char.  

A t y p i c a l  

One of t h e  most important c r i t e r i a  f o r  a coa l  t o  be used i n  any s l agg ing  process 
is t h a t  t h e  molten s l a g  must have a s u f f i c i e n t l y  low v i s c o s i t y  t o  flow r e a d i l y  a t  
t h e  temperatures and atmospheres developed i n  t h e  process.  As an a i d  t o  pred ic t ing  
d e s i r a b l e  f u e l  and f l u x  combinations t o  be used i n  tne  s l agg ing  g a s i f i e ? ,  v i scos i ty  
de te rmina t ions  were made by an i n d u s t r i a l  l abo ra to ry  on a number of prepared sarqles .  
Figure  3 shows viscosity-versus-temperature curves f o r  Disco char  ash ,  f o r  l i g n i t e  
a sh ,  and for these  ashes f luxed  with b las t - furnace  s l a g  i n  t h e  r a t i o  of 3 pounds f l u x  
p e r  pound of ash. Chemical compositions f o r  t h e  var ious  ma te r i a l s  are Eiven in  t a b l e  2 

i 

1 
/ 

I 

The Disco ash,  e i t h e r  a lone  or fluxed with b l a s t - fu rnace  s l a g ,  exh ib i t ed  essen- 
t i a l l y  Newtonian flow ove r  t h e  temperature range inves t iga t ed ,  and t h e  f l u x  was very 
e f f e c t i v e  i n  reducing t h e  s l a g  v i s c o s i t y .  
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TABLE 1. - Typical  a n a l y s i s  of fuels g a s i f i e d  

North Dakota 
l i g n i t e  

22.4 
31.4 
39.8 

6.4 

Disco char  

2.5 
19.2 
67.8 
10.5 

Proximate a n a l y s i s ,  percent :  
Moisture 
V o l a t i l e  ma t t e r  
Fixed carbon 
Ash 

Ultimate a n a l y s i s ,  percent :  
Hydrogen 
Carbon 
Nitrogen 
Oxygen 
S u l f u r  
Ash 

5.9 
52.4 
0.9 

34.0 
0.4 
6.4 

3.6 
72.0 

1.6 
10.4 

1.9 
10.5 

I 

? 

Heating va lue ,  Btu/lb 

Ash f u s i b i l i t y  temperature,  OF: 
I n i t i a l  deformation 
Softening 
F l u i d  

8,610 12,100 

2 , 100 
2,135 
2,170 

2,130 
2,190 
2,500 

c 

TAaLE 2. - Typical chemical a n a l y s i s  of var ious f u e l  ashes  and f l u x e s  

'\ Blast 
L ign i t e  

a sh  
furnace Disco cha r  

a s h  
L i g n i t e  
c l i n k e r  

41. 8 
17.1 
8.0 
0.8 

16.9 
4.4 
8.5 
0.9 
2.6 

s l a e  
Analysis ,  percent :  

Si02 
A1203 
Fe233 
Ti02 
CaO 

Na20 
MgO 

K20 
so3 
1dn3oll 

36.3 
11.8 

3.9 
0.3 

36.6 
9.0 
0.4 
0.3 
0.9 
0.5 

33.0 
13.5 

7.3 
0.6 

14.5 
4.4 

12.1 
1.0 

13.8 -- 

48.0 
23.0 
18.5 

1.0 
3.3 
1.0 
0.3 
1.9 
2.7 -- -- 

Ash f u s i b i l i t y ,  OF: 
I n i t i a l  defor- 
mation 1,910 2,020 2,050 2,440 

Softening 2,050 2,050 2,140 2,480 
F lu id  2,140 2,140 2,430 2,520 

The l i g n i t e  ash had r e l a t i v e l y  low v i s c o s i t y  i n  t h e  f l u i d  range b u t  e x h i b i t e d  a 
sna rp  dev ia t ion  from Newtonian flow a t  about  2,000° F. This  p o i n t  at which t h e  v i s -  
c o s i t y  i n c r e a s e s  r a p i d l y  with a s m a l l  drop i n  temperature is c a l l e d  t h e  "temperature 
o f  c r i t i c a l  viscosi ty ."  
b i l i t y  of t h e  l i g n i t e  ash by inc reas ing  t h e  "temperature of c r i t i ca l  v i scos i ty"  by 
about 350° F. 

The a d d i t i o n  of blast-furnace s l a g  reduced t h e  s l a g  tappa- 
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Tne laboratory-determined ash v i s c o s i t i e s  are h e l p f u l  i n  a s ses s ing  s u i t a b i l i t y  
of  f u e l - f l u x  combinations f o r  s l agg ing  g a s i f i c a t i o n ,  ana we have had some success  
i n  c o r r e l a t i n g  these  d a t a  wi th  a c t u a l  performance i n  t h e  g a s i f i e r .  
l abo ra to ry  condi t ions  where t h e  sample is slowly heated and allowed t o  come t o  equi- 
l i b r ium at each temperature are q u i t e  d i f f e r e n t  from condi t ions  i n  t h e  g a s i f i e r  
where t h e  s l a g  upon formation flows r a p i d l y  to the  t apho le  and may not  react com- 
p l e t e l y  wi th  t h e  f l u x  ma te r i a l .  Also, t h e  atmosphere surrounding t h e  s l a g  i n  t h e  
g a s i f i e r  may b e  q u i t e  d i f f e r e n t  from t h e  atmosphere i n  t h e  l abora to ry  test. 

However, t h e  

I n  our  small g a s i f i e r  it i s  sometimes necessary t o  add f l u x i n g  material w i t h  
c e r t a i n  f u e l s  t o  reduce t h e  s l a g  v i s c o s i t y ,  and it is usua l ly  d e s i r a b l e  t o  inc rease  
t h e  q u a n t i t y  of s l a g  flowing through t h e  taphole  and thus  reduce h e a t  loss per  pound 
of s l a g  flowing. 

GASIFICATION OF NORTH DAKOTA LIGNITE 

I n  some of the  e a r l y  lignite tests, b las t - furnace  s l a g  was t r i e d  as a f lux ing  
ma te r i a l ,  b u t ,  as p red ic t ed  from t h e  l abora to ry  v i s c o s i t y  d a t a ,  r e l i a b l e  s l agg ing  
opera t ion  could  not be obta ined .  

c l i n k e r s  from a l o c a l  powerplant t o  t h e  l i g n i t e  charge. 
composition o f  t he  ash is not  apprec iab ly  changed, and t h e  s l a g  flow can be increased  
t o  any d e s i r e d  r a t e .  
ranged from 30 t o  10 pounds p e r  100 pounds of l i g n i t e ,  depending upon t h e  g a s i f i c a -  
t i o n  rate. 
p e r  hour. 

Various methods f o r  improving t n e  l i g n i t e  s l a g  flow 
.were t r i e d ,  bu t  t he  most success fu l  procedure has been t o  add s i z e d  combustion 

By t h i s  method t h e  chemical 

The ra t io  of c l i n k e r s  to  l i g n i t e  for t h e  tests t o  d a t e  has 

The average s l a g  flow rates have gene ra l ly  been from 150 t o  200 pounds 

The o p e r a b i l i t y  of t h e  gasifier on l i g n i t e  a t  pressures to 400 psig was gene ra l ly  
s a t i s f a c t o r y ,  although i n  some tests d i f f i c u l t i e s  i n  maintaining s l a g  flow were 
encountered a f te r  5 to  10 hours  of s l agg ing  opera t ion .  As w i l l  b e  d iscussed  l a t e r  
i n  t h e  r e p o r t ,  t h i s  problem seems t o  be  r e l a t e d  t o  i r o n  seg rega t ion  on t h e  hear th .  

Contrary t o  expec ta t ions ,  no t r o u b l e  has been experienced i n  ca r ry ing  tar vapors 
out of t h e  g a s i f i e r  d e s p i t e  t h e  low gas  o f f t a k e  tempera tures ,  o f t en  less than  300° F. 

TEST RESULTS 

The gas  production rate is  determined by the  oxygen-steam inpu t  rates, and dur ing  
t h i s  s e r i e s  o f  e i g h t  t e s t s ,  oxygen rates used were from 4,000 t o  6,500 cubic  feet  
pe r  hour. 
tests. 
capac i ty  was l i m i t e d  t o  6,500 cubic  feet per  hour oxygen rate. 

The oxygen-steam molar r a t i o  was maintained a t  approximately 0.9 for a l l  
Because of l i m i t a t i o n s  on gas cool ing  and metering equipment, t h e  maximum 

Typica l  r e s u l t s  from g a s i f i c a t i o n  of l ignite a t  400 p s i g  and 6,000 cubic  f e e t  
pe r  hour oxygen input  are g iven  i n  t a b l e  3.  
char  test at  t h e  same p r e s s u r e  and oxygen r a t e  are also given. The gas production 
rate is about 29,000 cubic  feet pe r  hour,  o r  19,300 cubic f e e t  pe r  square  foo t  per 
hour, for both  tests. 
pe r  hour is t h e  rate f o r  Disco. 
CH4 and C02 as a r e s u l t  of inc reased  py ro lys i s  gas from t h i s  f u e l .  
of sulfur compounds i n  t h e \ p r o d u c t  gases  a re  approximately p ropor t iona l  t o  t h e  t o t a l  
s u l f u r  i npu t  i n  t h e  fue l .  

For comparison, r e s u l t s  from a Disco 

The l i g n i t e  feed  r a t e  is  1,442 pounds p e r  hour;  934 pounds 
The gas  a n a l y s i s  for t h e  l i g n i t e  t es t  shows h ighe r  

The concent ra t ion  

Table 4 is a t y p i c a l  material ba lance  f o r  a L ign i t e  test a t  400 p i g ,  and 
table 5 is a hea t  ba lance  for  t h e  same test .  
and t h e  o theo  unaccounted for  l o s s e s  are 4.0 pe rcen t  of t h e  t o t a l  input  heat. 

The h e a t  loss  t o  t h e  s l a g  i s  1.3 percent ,  
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T A d i E  3 . . Typical  r e s u l t s  from g a s i f i c a t i o n  a t  400 p s i g  

Oxygen rate ............................. scf /hrL/  
Oxygedsteam ra t io  .................. mole/mole 
Fuel ra te  ................................ lb/’nr 
Fuel  r a t e  (maf) .......................... l b / h r  
Flux r a t i o  ...................... &/lo0 l b  f u e l  
Total gas rate .......................... s c f / h r  
S p e c i f i c  gas  ra te  ................... s c f / f t 2 / h r  
S lag  discharge ra te  ...................... l b / h r  
ilaterial requirements  p e r  Mft3 crude gas:  

Oxygen ................................ f t  3 
Steam .................................. lb 
Fuel  (maf) ............................. lb 

Oxygen ............................... f t 3  
Steam .................................. 1 
Fuel  (maf) ............................. lb 

Yaterial requirements  p e r  ~ f t 3  ( c o + ~ I ~ )  : 

Cold gas  e f f i c i e n c y  .................... percent21  
Opera t iona l  e f f i c i e n c y  ................... .d 0. . 3/ 
Average gas  o f f t a k e  temperature  ............. OF 
Steam decomposition .................... percent51  
Crude gas ana lys i s : /  

C02 .................................. do .. 
02 .................................. do .. 
C 2 ~ 6  ................................. do .. 
CH4 .................................. do .. 

i ieat ing value .......................... a t u / f t 3  
X ~ S  .............................. gra ins / loo  f t 3  
Organic s u l f u r  .................. grains/100 f t 3  

1/ A l l  eas volumes a t  30 in . Hg and 600 F . 

I l lurninants  .......................... do.. 

ti2 ................................... do.. 
CO ................................... do.. 

Fuel  
Steam-dried 

l i g n i t e  

6 .  000 
0.9 

1. 442 
9 a7 
1 0  

29. 000 
19. 300 

214 

207 
10.9 
34.0 

245 
12.9 
40.2 

9L.O 
84.5 

50 a - 
7.5 
0.4 
0.1 

56.2 
0.5 
6.9 
354 
10 7 

20 

28.4 

Disco c h a r  

6. 000 
0.8 
934 
792 
15  

29. 100 
19. 400 

231 

206 
12.2 
27.2 

227 
13.5 
30.0 

89.5 

83.4 

3.3 
0 . 1  
0.2 

29.7 
61.2 

0.0 
5.5 
345 
284 

73 

89.5 

aao 

. 
2 /  Cold-gas e f f i c i e n c y  = p o t e n t i a l  h e a t  i n  gas . x 100 . 
. 3/ Opera t iona l  e f f i c i e n c y  = p o t e n t i a l  h e a t  of gas t p o t e n t i a l  h e a t  of t a r  x 100 . 

p o t e n t i a l  hea t  i n  f u e l  
4/ Steam decomposition = f i p  i n  gas t t a r  . H.2 i n  m f  f u e l  . x 100 . 
5/  

p o t e n t i a l  h e a t  i n  f u e l  

H 2  i n  steam 

Gas a n a l y s i s  i s  c a l c u l a t e d  t o  n i t rogen-f ree  b a s i s  t o  correct fo r  i n e r t  
gas added to t h e  system, and gas product ion rates are given on t h i s  b a s i s  . . 



TABLE 4. - Typica l  material balance from g a s i f i c a t i o n  of l i g n i t e  
a t  400 p s i g  

Mate r i a l  i n :  
' Steam 

Oxygen 
. Fuel  

Flux 
T o t a l  

Ma te r i a l  ou t :  
Product gas  
S lag  
Condensate t t a r  
Unaccounted f o r  

T o t a l  

Pounds pe r  hour 

316 
507 

1,442 
144 

2,409 
- 

1,701 ' 

214 
49 5 
-1 

. 2,409 
- .  

Percent 

13.1 , 

21.0 
59.9 
6.0 

100.0 
- .  

70.6 
8.9 

20.5 . 
' 0.0 
100 .o 
- 

TABLE 5. - Typica l  h e a t  ba lance  from g a s i f i c a t i o n  of l i g n i t e  
at  400 p s i g  

Heat i n :  
Fue l  
Steam 
Oxygen 

Total 

Heat ou t :  . 
Product gas: 

P o t e n t i a l  
Sens ib l e  

S lag  
Water vapor 
Tar  ( p o t e n t i a l )  
Unaccounted f o r  l o s s e s  

Total 

M Btu p e r  hour 

12,153 
40 1 

54 
12,608 
- 

10,273 
27u 
166 
620 
781 
49 8 

12,608 
- 

-- Pez'cent , 

96. 4 
3.2 
0 ;4 

100.0 
- 

81.,5 
2 . i  
1.3 
4.9 
6.2 
4.0 

100 .o 
- 

Figure  4 shows t h e  v a r i a t i o n  i n  gas  a n a l y s i s  wi th  ope ra t ing  p res su res  when gas i -  
f y i n g  lignite a t  pressures  from 80 t o  400 ps ig .  
crease s l i g h t l y  with p re s su re ,  and t h e  C02 and CH4 concent ra t ions  inc rease  s l i g h t l y .  

The CO and H2 concent ra t ions  de- 

I LIGNITE .TAR 

I n  a fixed-bed g a s i f i e r  of t h i s  t ype ,  t h e  moisture and py ro lys i s  products  of 
t h e  f u e l  are c a r r i e d  out  of t h e  g a s i f i e r  with t h e  product gas. 
vapors are condensed i n  t h e  s p r a y  washer by d i r e c t  con tac t  with cooled r ecyc led  
l i quor .  The tar is discharged  from t h e  spray  washer i n  the form of a tar-water 
emulsion t h a t  u sua l ly  con ta ins  from 40 t o  50 pe rcen t  water. 
'of t h e  t a r  is very close t o  unity, and no s a t i s f a c t o r y  method of breaking  t h i s  

These t a r  and water 

The s p e c i f i c  g r a v i t y  



eniulsicn has  been found. 
lerri ( 2 ) .  
rangins  from 10 to  20 g a l l o n s  of moisture-free t a r  per  ton  of moisture- and ash-free 
l i g n i t e .  
t h e  t a r  s e p a r a t i o n  and recovery problems. 

Commercial Lurgi p l a n t s  a r e  a l s o  plagued wi th  t h i s  prob- 
The t a r  recovery iias var ied  considerably dur ing  t h e  t e s t  program, u s u a l l y  

T’ne v a r i a t i o n s  i n  y i e l d  are be l ieved  t o  b e  caused, t o  a l a r g e  e x t e n t ,  by 

Table 6 snows d a t a  on l i g n i t e  tar obtained a t  opera t ing  p r e s s u r e s  from 80 t o  
I n  genera l ,  t h e r e  appears t o  be l i t t l e  d i f f e r e n c e  between t n e  var ious tars. 400 ps ig .  

TAaLS 6. - ?ro?erties of tars  and t a r  f r a c t i o n s  from t h e  
Dressure gas iEica t ion  of Yortn Dakota l i g n i t e  

Run number 5 1  P-15 P- 16 P-20 
Pressure ,  o s i g  80 200 ‘300 400 

Moisture, weight-percent : 
D i s t i l l a t i o n  t o  cracking 

Primary d i s t i l l a t i o n ,  weight- 
percent  of dry t a r :  

Dist i l la te  
P i t c h  
LOSS 

Temperature of decomposition, OC 
Comaosi t ion  of d i s t i l l a t e  , 

weight-percent : 
Tar a c i d s  
Tar bases  
Weutral o i l  

weight-percent: 
T o  95O C 

Disti l late,  Hempel d i s t i l l a t i o n ,  

95-105 
105-170 
170-185 
185-200 
200-210 
210-235 
235-270 
2 70-deconpos i ti on 

P i t a  
Loss 

Temperature of decomposition, O C  

Tar recovery,  g a l  t a r  p e r  t o n  
maf coal 

S p e c i f i c  g r a v i t y ,  25/25 O C  

3ltimate a n a l y s i s ,  percent :  
CarDon 
iiydrogen 
!Iitrogen 
Oxygen 
S u l f u r  

51.6 

. 82.6 
11.8 

5.6 
300 

44.0 
1.2 

54.8 

4.2 
0.9 
3.7 
4.3 
7.5 
5.1 

12.7 
13.9 
30.9 
13.8 

3.0 
360 

21.0 
1.0208 

83.8 
9.1 - - - 

52.2 

74.8 
19.6 

5.6 
3 10 

39 .O 
0.4 

60.6 

6.6 
0.9 
1.9 
2.7 
6.0 
7.0 

14.6 
10.3 
40.5 
6.7 
2.8 
370 

8.7 
1.0570 

83.2 
8.4 
1.0 
6.7 
0.7 

55.0 

79.6 
15.5 

4.9 
300 

39.2’ 
0.4 

60.4 

5.5 
0.1 
1.9 
6.2 
6.6 
6.2 

10.0 
13.9 
39.2 

7.7 
2.7 
382 

13.8 
1.0423 

82.9 
8.6 
0.9 
6.9 
0.7 

42.1 

76.4 
18.3 

5.3 
332 

36.9 
0.5 

62.6 

2.1 
0.5 
5.5 
4.5 

10.9 
6.3 

11.3 
10.2 
39.7 

7.0 
1.4 
376 

10.8 
1.0453 

83.3 
8.4 
1.0 
6.6 
0.7 
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SIZE DEGRADATION I N  THE FUEL BED 

A s  t h e  l i g n i t e  passes  down through t h e  dry ing  and carbonizing zones i n  t h e  gas i -  
f ier ,  s i g n i f i c a n t  s i z e  r educ t ion  occurs.  
t h e  tu rbu len t  zones o f  t h e  raceways i n  f r o n t  of  each tuye're. 
ana lyses  of t h e  mater ia l  charged t o  t h e  g a s i f i e r  and o f  t h e  material i n  t h e  upper and 
lower p o r t i o n s  o f  t h e  bed after a test  us ing  e i t h e r  l i g n i t e  o r  Disco char.  
l i g n i t e - c l i n k e r  mixture as charged con ta ins  about 66 percent  p lus  1/2-inch material 
and about  2 percent  minus 1/8 inch. 
bed a t  t h e  conclusion of a t e s t  showed 4.4 percent  of t h e  p l u s  1/2-inch material 
and 54.4 percent  of t h e  minus 1/8-inch material. 
o u t  t h i s  f i n e  ma te r i a l ,  and no f u e l  bed car ryover  has been noted  a t  400 p s i g  wi th  
g a s i f i c a t i o n  r a t e s  as high as 20,000 cubic  f e e t  pe r  squa re  f o o t  p e r  hour. 
t h e  s i z e  degradation i n  t h e  Disco cha r  tests w e r e  much less than  for l ignite.  

Addi t iona l  f i n e s  are probably produced i n  
Figure 5 shows screen 

The 

Screen ana lys i s  of  t h e  lower 3 f e e t  o f  t h e  f u e l  

The deep f u e l  bed tends  t o  f i l t e r  

As shown, 

Because of t h e  g r e a t e r  amount of  f i n e s  when gas i fy ing  l i g n i t e  and t h e  r e s u l t a n t  
greater pressure  drop f o r  a g iven  g a s i f i c a t i o n  r a t e ,  it is  expected t h a t  t h e  maximum 
capac i ty  w i l l  be less f o r  l i g n i t e  than  f o r  Disco char.  

EFFECT OF COAL CHARGE CYCLE 

During t h e  high-capacity tests a t  400 ps ig ,  t h e  f u e l  f l u x  f eed  rate w a s  about  
1,510 pounds p e r  hour, o r  about 1,000 pounds p e r  square  f o o t  p e r  hour. 
r equ i r ed  charging the  coa l  lock every 45 minutes. 
r equ i r ed  about 11 minutes, and s i n c e  n o  f u e l  w a s  be ing  f e d  t o  t h e  s h a f t  dur ing  th i s  
time, t h e  fuel  bed l e v e l  d r o p p e d a n  e s t ima ted  4 t o  5 inches  pe r  minute, or a to ta l  
of about 4 feet. This f l u c t u a t i o n  i n  f u e l  bed he igh t  has  a great effect on the gas 
o f f t a k e  temperature and some effect on t h e  gas composition. As shown i n  f i g u r e  6 ,  
the gas  o f f t a k e  temperature is 300° t o  400° F du r ing  t h e  t i m e  t h a t  coal is being  
f e d  t o  the s h a f t ,  bu t  when t h e  coal lock  becomes empty, t h i s  temperature quick ly  
rises t o  1,500° t o  1,600° F. 
p l o t t e d  in f i g u r e  6 and shows n o  effect of the  charge cyc le  bu t  remains cons t an t  
a t  about 2,390° F. 

This  rate 
The charging opera t ion  u s u a l l y  

The bed tempera ture  10 feet above t h e  h e a r t h  is a l s o  

The C02 i n  t h e  product gas is continuously monitored by an  i n f r a r e d  ana lyze r ,  
ti,ese d&.b.io ~ - . =  a&v rloztad s *  -_ nn > _ -__  -L--3-- 1..-..-- *L- 

A I L =  b.Vz U V p V  VUaApAy U U I A I A t j  LII- 

charging pe r iod  by as much as 5 percent .  

The drop i n  f u e l  bed h e i g h t  du r ing  charg ing  could  u l t ima te ly  l i m i t  t h e  m a x i m u m  
capac i ty  of t h e  g a s i f i e r  because the remaining fuel  bed w i l l  conta in  a g r e a t e r  per- 
centage of f i n e s  and w i l l  t h u s  f l u i d i z e  more e a s i l y .  
he ight  v a r i a t i o n  could be so lved  by adding another  coal lock  t o  t h e  g a s i f i e r ,  e i t h e r  
in series or p a r a l l e l  with t h e  p re sen t  u n i t .  To do  t h i s  now would r e q u i r e  ex tens ive  
modi f ica t ions  t o  the  gasifier and suppor t ing  s t r u c t u r e ,  and t h i s  change is not  
p re sen t ly  be ing  considered. 

This problem of f u e l  bed 

SLAG FLOW PROBLEMS 

A s  w a s  s t a t e d  e a r l i e r ,  some of t h e  tests i n  t h i s  series proceeded smoothly f o r  
5 t o  10 hours of  s lagging  ope ra t ion ,  and then  sudden f r e e z i n g  of material i n  t h e  
t apho le  caused premature shutdown. I n  most of t hese  i n s t a n c e s ,  s e v e r a l  pounds of 
i r o n  agglomerates were found on t h e  h e a r t h  bottom dur ing  c leanout ,  and s o l i d i f i e d  
iron streams ind ica t ed  f l o w  toward or i n s i d e  of t h e  taphole .  I t  appears t h a t  t h e  
l i g n i t e  s l a g  itself is very  f l u i d  and f lows  well u n t i l  t h e  i r o n  pools become l a r g e  
enough and start flowing toward t h e  taphole .  

i 

. I  
1 
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Ind ica t ions  a r e  t h a t  most of  t h e  metallic i r o n  produced flows uniformly through 

t h e  taphole  with t h e  s l ag .  
coa l -c l inker  charge contained t h e  equ iva len t  of  about 9.5 pounds of i r o n .  
of  t h e  s l a g  c o l l e c t e d  per  charge showed 2.2 pounds of magnetic m a t e r i a l ,  which 
would i n d i c a t e  t h a t  about 25 percent  of t h e  i r o n  is being reduced. 
c l i n k e r  charge produces about 2.2 pounds of  i r o n  pe r  45 minutes and t h e  trouble- 
some i r o n  agglomerate of s e v e r a l  pounds does n o t  occur u n t i l  a f te r  5 t o  10  hours 
of  opera t ion ,  it follows t h a t  most of t h e  i r o n  produced flows uniformly through 
t h e  taphole  with the  s l ag .  The phenomenon caus ing  t h e  i r o n  agglomerates on the  
hea r th  bottom and t h e  r e s u l t a n t  flow problems a r e  no t  understood bu t  a r e  cu r ren t ly  
being s tudied .  The sepa ra t ed  i r o n  may have a h igher  melting temperature than  t h e  
l i g n i t e  s l a g ,  and t h e  in t ima te  con tac t  between t h e  hea r th  bottom and t h e  i r o n  may 
be respons ib le  f o r  t h e  i r o n  f r eez ing  before  discharge.  

For example, i n  one tes t  it w a s  es t imated  t h a t  each 
Analysis 

Since a coal- 

COMPARISON OF R~SULTS WITH COMMERCIAL LURGI 

Deta i led  r e s u l t s  f r o m  t h e  new Yes t f i e ld  Lurgi g a s i f i c a t i o n  p l a n t  i n  Scotland 
have r ecen t ly  been published (3, 41, and i n  t a b l e  7 t h e  pre l iminary  high-pressure 
r e s u l t s  f r o m  t h e  experimental  s l agg ing  g a s i f i e r  are compared wi th  those  from t h e  
dry-ash Lurgi p lan t .  

The Westfield p l a n t  uses a bituminous coa l ;  however, on an as-charged b a s i s ,  
t h e  v o l a t i l e  matter and f i x e d  carbon con ten t s  of t h i s  f u e l  are about t h e  same as 
f o r  t h e  steam-dried l i g n i t e .  

R icke t t s  s t a t e s  t h a t  gas  production rates of 11,000 cubic  feet of crude gas 
p e r  square  foo t  p e r  hour have been obta ined  a t  Westfield and i n d i c a t e s  t h a t  even 
h ighe r  rates may be poss ib le .  
square  foot p e r  hour'which has  p re sen t ly  been obta ined  with t h e  s l agg ing  g a s i f i e r .  
We be l i eve  t h i s  rate w i l l  be inc reased  s u b s t a n t i a l l y  i n  f u t u r e  tests. 
b a s i s  of  (CO+H2), t h e  s l agg ing  gasifier 

product gas from t h e  s l agg ing  opera t ion .  

This compares with a r a t e  of 19,300 cubic  feet p e r  

On t h e  
ate pe r  square foot is about 2.4 times 

t h a t  of t h e  conventional Lurgi because/ ?i e much h igher  CO and lower C02 i n  t h e  

The material requirements pe r  1,000 cub ic  feet (COfH2) for  t h e  two processes  
me also given i n  table 7. 
s l agg ing  g a s i f i e r  v s  47.4 pounds f o r  t h e  Lurgi. 
245 cubic  f e e t  vs 267 cubic feet f o r  t h e  Lurgi. 
steam requirements;  t h e  s l agg ing  g a s i f i e r  u ses  only 12.9 pounds, compared with 
67.4 pounds f o r  t h e  dry ash u n i t .  The average gas  o f f t a k e  temperature f o r  t h e  
Westfield g a s i f i e r  is about 900° t o  1,000" F, compared wi th  500° F f o r  t h e  s l agg ing  
g a s i f i e r  . 

The maf f u e l  requirements are 40.2 pounds f o r  t h e  
The oxygen requirements are 
The l a r g e s t  d i f f e r e n c e  i s  i n  t h e  

SUMMARY 

Slagging g a s i f i c a t i o n  of North Dakota l igni te  a t  p res su res  t o  400 p s i g  has 
been demonstrated i n  a beginning series of eight tests a t  high pressure. 
of t h e  g a s i f i c a t i o n  p i l o t  p l a n t  dur ing  t h e s e  tests w a s  g e n e r a l l y  good, although 
taphole  plugging l i m i t e d  some tests t o  about 5 t o  10 hours of s l agg ing  opera t ion .  
This taphole  f r eez ing  problem appears t o  b e  d i r e c t l y  r e l a t e d  t o  i r o n  segrega t ion  
and agglomeration on t h e  h e a r t h  and c o n s t i t u t e s  t h e  most serious impediment t o  
extended opera t ion  of t h e  g a s i f i e r  a t  t h e  p re sen t  t i m e .  
l i g n i t e ,  and, neg lec t ing  t h e  i r o n  segrega t ion ,  t h e  slag was very f l u i d  and flowed 
n i c e l y  through t h e  taphole ,  i n d i c a t i n g  t h e  suitability of figoite for a s h g g i n g  
process.  

Performance 

No f l u x  was used with t h e  

. .  
. .  . 



TAaLE 7. - Comparison of r e s u l t s  f r o m  s l agg ing  g a s i f i e r  and 
commercial Lurgi p l a n t  

West f ie ld  Lurgi 
Slagging g a s i f i e r  p l a n t  

Operating p res su re ,  ps ig  400 355 
Fuel g a s i f i e d  Steam-dried l i g n i t e  Bituminous 
Fuel a n a l y s i s ,  proximate, pe rcen t  

Moisture 22.4 16 .O 

Gas 

Gas 

Ash 
Volatile ma t t e r  
Fixed carbon 

product ion  rate: 
Crude gas ,  f t 3 / f t 2 / h r  
(CO+H2), f t 3 / f t 2 / h r  

a n a l y s i s ,  percent:  
co2 
02 
N2 

H2 
CH4 

co 

C2H6 
CnHm 

Heating va lue ,  B tu / f t3  
Material requirements p e r  H f t 3  (COtH2) : 

Fuel,  lb: 
As-charged 
Moisture- and ash- f ree  
Fixed carbon 

Steam, lb 
Oxygen, e t 3  

Average gas offtake tempcra t~re ,  OF 
Cold gas  e f f ic iency ,&/  percent  

6.4 
31.4 
39.8 

19,300 
16,300 

7.5 
0.1 - 

56.2 
28.4 
6.9 
0.5 
0.4 
351, 

58.8 
40.2 
22.4 
12.9 

245 

84.5 
c n n  J"" 

11 co ld  gas efficiency = P o t e n t i a l  h e a t  i n  product gas  ' 

P o t e n t i a l  h e a t  i n  t h e  c o a l  - 

14.3 
28.5 
41.2 

11,000 
6,970 

26.1 

0.8 
26.0 
37.4 
9.1 

0.6 
3 10 

- 

- 

68.0 
47.4 
28.0 
67.4 

267 
9Ou-i,uuu 

81.0 

Considerable process d a t a  were obta ined  from t h e  l i g n i t e  tests a t  var ious  
p re s su res  t o  400 p i g .  
ments p e r  u n i t  syn thes i s  gas showed only sma l l  v a r i a t i o n  with ope ra t ing  pressure.  

The gas  composition, t a r  composition, and material r equ i r e -  

The maximum gas production rate dur ing  t h i s  s e r i e s  was l i m i t e d  t o  about 20,000 
cub ic  feet p e r  square  f o o t  p e r  hour because of l i m i t a t i o n s  on gas  metering and 
cool ing  equipment. 
of f u e l  bed c a x q o v e r .  
ob ta ined  i n  f u t u r e  tests. 

However, a t  t h i s  ra te  and a t  400 ps ig ,  t h e r e  was no i n d i c a t i o n  
It is expec ted  that  cons iderably  h i g h e r  r a t e s  w i l l  be 

Comparison of r e s u l t s  wi th  t h o s e  of t h e  Westfield dry-ash Lurgi p l an t  shows 
favorable  material requirements of t h e  s l agg ing  g a s i f i e r  p e r  u n i t  of s y n t h e s i s  gas, 
and production rates per  squa re  f o o t  are more than  double t h o s e  from t h e  i u r g i  p l a n t  
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Because of t he  drop i n  f u e l  bed he igh t  while coa l  is being charged t o  t h e  gas i -  
f i e r ,  t h e  gas o f f t a k e  temperature inc reases  from 300° t o  1,600° F and t h e  Cog i n  
t h e  product gas decreases by about 5 percent .  
could be avoided e i t h e r  by us ing  double lock-noppers f o r  t h e  c o a l  f e e d  o r  by s e v e r a l  
o the r  poss ib l e  modi f ica t ions  of t h e  fuel-charging system. 

This f l u c t u a t i o n  i s  undes i rab le  and 

No t roub le  nas been experienced i n  ca r ry ing  t a r  vapors ou t  of t h e  g a s i f i e r  de- 
s p i t e  t h e  genera l ly  low gas o f f t a k e  temperatures.  
s epa ra t ion  a r e  blamed f o r  i n c o n s i s t e n t  r e s u l t s  i n  t a r  y i e l d s  p e r  ton  of l i g n i t e ,  
which range from 10 t o  20 ga l lons  of mois ture- f ree  tar p e r  ton  of moisture- and 
ash- f ree  l i g n i t e .  

D i f f i c u l t i e s  i n  ta r -water  emulsion 

S i z e  degradation i n  t h e  s h a f t  i s  q u i t e  s eve re  when us ing  l i g n i t e ,  and over 50 
percent  of t h e  material i n  t h e  lower p a r t  o f  t h e  s h a f t  is minus 1 / 0  inch. 
f u e l  bed a c t s  as an e f f i c i e n t  f i l t e r  t o  prevent dus t  car ryover ;  however, t h e  addi- 
t i o n a l  p re s su re  drop caused by t h e  f i n e  material should  cause hangup of t h e  f u e l  
bed a t  l o n e r  gas  production rates with l i g n i t e  than  wi th  Disco char.  

The deep 

The hea r th  design as developed f o r  t h i s  small p i l o t  g a s i f i e r  would not be 
s u i t a b l e  f o r  scale-up f o r  a commercial u n i t .  
t aphole  i s  less than 50 hours,  and some type  of water-cooled hea r th  and taphole  i s  
envisioned f o r  a l a r g e  g a s i f i e r .  In  add i t ion ,  some means of  hea t ing  t h e  taphole  
dur ing  per iods  of low load  o r  temporary shutdown would probably be requi red .  
B r i t i s h  i n v e s t i g a t o r s  have made s i g n i f i c a n t  progress  i n  t h e  development o f  t hese  
items (5,  6) .  

The l i f e  expectancy of  t h e  r e f r a c t o r y  

The 

The p i l o t  p l an t  is now being  modified t o  permi t  h ighe r  capac i ty  opera t ion ,  and 
tests w i l l  be continued i n  o rde r  t o  determine maximum capac i ty  and o t h e r  process d a t a  
as a func t ion  of ope ra t ing  p res su re  and o t h e r  va r i ab le s .  

1. 

2. 

3. 

4. 

5. 

6. 
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Fig. I Process flow diogrom for pressure gasification pilot plant. 

1 

f ig .  2 Crosr section o f  pressure gasifier. 
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Fig. 3 Measured viscosity- lemperoture relationships for various coal 
oshes and for mixture of cool oshes and flux. 
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Developent of Catalysts and Reactor Systems for  Methanation 

J. H .  Field, J. J. Demeter, A. J. Forney, and D. Bienstock 
U.  S. Bureau of  Mines, 4800 Forbes Avenue, 

Pittsburgh, Pennsylvania 15213 

IWIlRODUCTION 

The continued increase i n  the consumption of natural gas, the slowly 
declining reserves-to-consumption rat io ,  and the slow but steady increase 
i n  the price of natural gas have extended the interest  in production of 
high-Btu gas f rom coal. Estimates of the time when supplemental gas w i l l  
be required range from about 10 t o  25 years, de nding on the estimated 
r i se  i n  consumption and ultimate reserves (4) . T k s p i t e  record production, 
reserves of natural gas are  s t i l l  increasing slowly. 
U.S. production increased t o  13.75 t r i l l i o n  cubic fee t  in 1962, the reserves 
a t  the end of 1962 were 285.3 t r i l l i o n  cubic fee t ,  an increase of 8 t r i l l i on  
csbic fee t  for  the year, w i t h  gas w e l l  ccnnpletions at an a l l  time high at  
5,848 (5) .  
liquefied methane by tanker are other factors  that w i l l  affect the need 
for  supplemental gas. Nevertheless, synthetic pipeline gas frm coal can 
insure a long-time dmest ic  source of gas f r o m  an abundant raw material. 

For example, while 

Importation ,of gas fram C a n a d a  and &xico and possibly of 

Research is continuing on the principal methods of producing high-Btu 
gas by coal hydrogenation, C + 2H2 + CQ, and catalyt ic  methanation of 
synthesis gas, 3H2 + CO + C!H4 + H20. !The synthesis gas is obtained by 
gasifying coal with steam. 
efficiency and requires only about half as  much gas as methanation--l,500 
t o  2,000 cubic fee t  of hydrogen as compared with 3,000 t o  4,000 cubic feet 
of synthesis gas per 1,000 cubic feet  of methane. 
value is  achieved by u t i l i z ing  some of the hydrogen in the coal and con- 
verting only part of the carbon. The lower requirement of 3,000 cubic 
feet of synthesis g a s  for  catalyt ic  methanation can be realized when a 
gasification process i s  employed that yields a gas containing about 10 
percent methane. 

Direct hydrogenation has a h i a e r  possible thermal 

The 1,500-cubic-foot 

Despite the inherent advantage of hydrogenation over catalyt ic  
methanation, there are two reasons justifying continued developnent of the 
catalyt ic  method. F i r s t ,  catalyt ic  methanation, being a gas phase reaction 
conducted a t  mild conditions of about 300" t o  350" C and 20 t o  30 atmospheres, 
is much simpler t o  operate and technical feas ib i l i ty  i s  apparent. Earever, 

lJ Underlined numbers in parentheses indicate items In the bibliography at  
the end of this paper. 



process improvements are needed t o  improve the econmics of catalyt ic  
methanation and its continued developent is warranted. 
catalyt ic  methanation may be necessary in  conjunction w i t 3  direct  hydro- 
genation t o  increase the heating value of the gas by converting the carbon 
oxides and residual hydrogen t o  methane. 

Additionally, 

In the past 20 years catalyt ic  methanation has been investigated in  
The principal objectives have been t o  fixed-bed and fluidized reactors.  

develop reactor systems that permit effective removal of the exothermic 
heat of reaction in  order t o  provide &qUate temperature control and main- 
tain a long catalyst  life. 
have been made in the past 20 years  by Dent (g), Dirksen and Linden (J), 
Schlesinger, Demeter, and Greyson (6, 1) and Wainwright (g),  and the i r  
coworkers. 
deve lopent  of  a hot-gas-recycle system (2). 
methanation studies using hot-gas recycle and bench-scale t e s t s  of a newer 
reactor system, the tube-wall reactor, in which the wall of the tube is 
coated with catalyst .  

Important contributions in catalyt ic  methanation 

Our group a t  the Bureau of Mhes has reported previously the 
This gaper covers further 

EQUIPMENE AND EXPERIMEWAL RESUEiB 

In the hot-gas-recycle system, the temperature is  controlled by recycling 
several volumes of tail gas t o  the reactor inlet per volume of feed gas. 
IDW resistance t o  &as f law BCI'OBB the bed is  necessary to keep the pressure 
drop low and t o  avoid the high canpression coat of gas recycle. 
using two reactors i n  ser ies  has been reported (A). 
of the system is shown i n  figure 1. 
converted over steel lathe turnings as catalyst  in the f i r s t  reactor; the 
remainder was converted Over nickel catalyst i n  a second reactor. plis . 
system was tested in 3- and 12-inch-diameter reactors. 

Earlier work 
A simplified flowsheet 

lphe bulk of the synthesis gas was 

Recently, catalyst  p r e m e d  by flame spraying a thin coat of Raney 
nickel on m e t a l  plates has been tested,  figure 2, using 
gas or the product gas from a reactor using s t e e l  turnings. This gas contains 
hydrogen, carbon monoxide, carbon dioxide, metbane, ana Cg t o  C hydrocarbons, 
and is similar t o  the product gas *om hydrogenation except ths2 it is  same- 
w h a t  higher in carbon oxides. As 
shown in table 1 (column 2), the sprayed nickel after extraction and ac t i -  
vation is highly effective fo r  reacting product gas to increase the heating 
value. Most of the carbon oxides are hydrogenated, and the Cp t o  C hydro- 
carbons are by3rocracked t o  methane. The in l e t  and outlet  reactor Lra- 
tures in the tes t  sham were 300" and 338" C and the gas recycle r a t i o  
was 8 t o  1. 

synthesis 

It is, however, essent ia l ly  sulfur-free. 
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In the  tests using &+EO gas with s m  catslJret in  a single reactor, 
gas w i t h  a heating value of 900 Btu per cubic foot has beem produced. 
Typical resul ts  are sham in table  1 (column 1).  Rather Limited conditions 
haw'been tried to date.  By modifying the gas throuepput, temperatures, 
a& &w recycle ratio,  increased gas conversion and heating value can be 
Obtained. 

Recently most of the emphasis i n  methanation has been given t o  studies 
of a tube-wall reactor. 
concentric pipes; the inner is made of 3/4-inch pipe or l-l/&inch tubing, 
and the outer is made of 1-l/2-incn stainhss steel pipe. 
of a 6-inch length of the inaer tube is coated Wltb a layer of catalyst 
about 0.02 inch thick, Sna the synthesis gas psses over 
thc ennuluB of about 0.15 to 0.18 inch between tbe tubes. A concentric 
tube arrsngement is used because the catalyst  is applied by f h  s ~ p a ~ l i n g  
and tAe inner w a l l  of a small diameter pipe cannot be coated by this 
technique. The heat of reaction generated on the tube surABce during 
methanation is transferred effectively t o  Doutbxm located w i t h i n  the center 
tube. The outer tube of stainless steel is not a metbanation catalyst at 

catalyst surface are made w i t h  a slldiag tbennocauple positioned in a well 
located in the anmiLus: 

%e reactor, sham in figure 3, consists of two 

outer s m e  

catalyst in 

the aperating temperatures anployed. lksuper8ture mea6urmneIlta along the 

! A h a  sprayed w i t h  Raney nickel a m  activated by immersing them in a 
2-percent solution of sodium hydroxide a t  30" t o  95" C u n t l l  60 to  85 percent 

is mshed thoroqhly to remave excesa alkali. 

usually at an hourly s p c e  velocity of 7,000 Wed on the annular v o w e .  
Oas recycle is seldcm usea because it is not -ired for heat =oval or 
temperature control. synthesis ie clmtirmad until  tke heating value of the 
product &as is less than 900 Btu per cubic foot (W2- a d  &-fme). 
catalyst  coating must be activated and pretreated in a prescribed manner to 
obtain a long catalyst Ilfe. 
declined rapidly vithin 100 hours or less of eynl&eeis becawe a ca-t 
spalled material wus largely nickel carbide. 

carbide was not present. 
activation prcmoted the reaction 

of the alunlnlnn in the coating ie caaverted to 19aA102 O R  Al&&. me tube 

After a prefjrealment w i t h  hydrogen, synthesis follows w i t h  p I 2 c 1 c O  (pas, 

Ih 

Several tests were made in uhich tbt convereian 

Smiled and dropped off  the tube X - w  -is tbat the 
In other tests at similar 

It is believed that a l l d l  w s  f r a n  the 
operating conditions, the catalyst nmained intact apd active, ami nickel 

3i + CO + E2 -+ B&C + &O. 

Illis p r o b h  was oy~rccme by prol-d rinsing af t h  catLbat following 
the activation. 

i 

i 
t 
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TABLE 1.- Experiments using sprayed Raney nickel catalyst  

&tal base 
Feed gas 
Space velocity 
Recycle ra t io ,  

Reactor temperature, O C  

Top, i n l e t  
Bottom, outlet  

Conversion, pct 
H.2 
co 
H&O 

recycle-to-fresh 

Heating value of product 

Product @as ccmposition, 
gas, Btu/cu ft2/ 
vol-pct 

H.2 
co 
CO.2 
rn 

Experiment 30 

Carboa s t e e l  
3H2+1co 
1,500 

26:i 

242 
284 

92.3 
95.6 
93.1 

907 

22.6 
4.3 
0.2 

65.3 
4.6 
2.6 
0.4 

Experiment 29 

Stainless s t e e l  

8:l 

300 
338 

943 

7.5 
0.8 
2.1 

87.2 
1.0 
0.6 
0.8 

r/ H2 56.7 pct co 4.0 
COB 8.7 

23.6 

N2 - 
c3-c5 2.4 

1.1 
100.0 pct 

Overall conversion of H&O in synthesis gas. 
Volumes of dry gas a t  600 F and 30 inches Eg. 

1 

4 
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Following the water rinse and drying, a hydrogen pretreatment has been 
found desirable for maximum catalyst  act ivi ty .  
the catalyst  had considerable act ivi ty  without hydrogen treatment 
(experiment 46), for most of  the time on stream the heating value'was lower 
than for  caparable  experiments. The gas conversion decreased from 97.4 
t o  95.4 percent relatively quickly in experiment 46, whereas in the other 
experiments in which the catalyst  had been pretreated with hydrogen, the 
conversion remained near the i n i t i a l  level  f o r  several weeks. 
value of the product gas changes appreciably with mal l  changes of the 
conversion a t  these high conversion levels.  
declined to  905 Btu per cubic foot a t  300 hours, while i n  experiments 43 
and 44 it was about 950 Btu per cubic foot. 
act ivi ty  was obtained i n  experiment 44 where the catalyst  was pretreated 
a t  3 0 "  C and 100 psig for  20 hours and at  300 psig for  0.1hour. 

the catalyst  layer was studied. Data for  these tests are  given in table 3. 
Synthesis could not be sustained on the 0.009-inch layer used i n  experbent 
19, and the desired heating value of the pcduct  gas could be obtained for 
only 8 hours. In tests 39 and 41, where the catalyst  thicknesses were 0.019 
and 0.057 inch, respectively, no difference in conversion and catalyst  life 
was observed. It was possible t o  renew the act ivi ty  of the thicker coating 
used in experhent 41 by scraping the fouled surface and repeating the 
caustic treatment of the new surface. 
ultimate l i f e  of the 0.057-inch layer would be three times that of the 0.019- 
inch layer t o  canpensate f o r  the additional amount of catalyst  applied. 

typical  tests are sham i n  figure 4. 
CH4 and the balance &, Cog, and CO as shown in table 4. 
operating time t o  date with the prescribed minimum heating value of p 3  is 
slightly more than 1,200 hours. The production of hi&-Btu gas within this 
period amounted t o  180,OOO cubic feet  per pound of catalyst ,  giving a l o w  
catalyst  cost of under 1 cent per 1,000 cubic fee t  based on a cost of $1.50 
per paund for the applied and treated catalyst .  

As  shown i n  table 2 ,  while 

The heating 

Thus for  experiment 46 it had 

The maximwn prolonged hi& 

In experiments 19, 39, and 41 the effect  of varying the thickness of 

However, it is not likely that the 

Plots of the heating value of the product gas w i t h  time on stream for 
The product contains 80 t o  85 percent 

lphe maximum 

Tempratwe control bas been excellent in  the tube-wall reactor. 
Figure 5 s h m  temperature profiles along the catalyst  surface as indicated 
f r a n  the readings of the movable thermocouple during an early and later period 
of operation. 
the reaction occurs is located initially about 1 inch below the gas inlet, 
and then moves down the tube with time on stream. 
for  t h i s  Occurrence is that the surface gradually becoanes deactivated because 
traces of sulf'ur in the synthesis gas react with the nickel. Aaalyses of tbe 
coating indicate sane localized accumulation of sulfur. 

The temperature peak indicating the area where the buUr of 

A possible explanation 
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TA~)IE 2. - Variation of hydrogen pre t rea tmend 
9/ 

~ i m e  on synthesis, hr. Synthsis3 
20 300 500 life, hr. 

Bydrogen Expt 
No. pretreatanent 

20 hr. at 25 psig, H&O conversion, pct. 98.1 97.5 95. 479 
Heating sue, W/CU ftL1 964 952 898 

20 hr .  a t  100 psig, -0 conversion, pct. 97.7 97.7 97.4 1,200 
Heating value, Btu/cu f t  953 956 949 

46 No pretreatment H&O conversion, pct. 97.4 95.4 95.2 730 
Heating value, Btu/cu Ft 949 905 901 

~ ~ ~ ~ ~~ 

1/ Catalyst coating about 0.02 inch; 12.4 @;ram catalyst  activated; activated v i t h  
2 percent NaOH solution and water washed 24 hours t o  remove excess alkali. 
Hours at 7,000 hourly space velocity with the heating value of the product at 
least 900 gtu/cubic foot. 

Volumes of ilry gas a t  60" F and 30 inches Hg. 

TABIE 3.- Variation of thickness of catalyst  coating 

!&icknesa Catalyst 
Expt. catalyst  activated, Time on synthesis, hr. Synthesis 
No. Laye r, in. m 20 300 500 l i f e ,  hr. 

-- 8 19 0.009 6.7 H H O  conversion, vct. -- -- 
Heating value, Btu/cu ft z/ -- -- -- 

39 .01g 12.0 H&O conversion, pct. 98.2 97.4 95.7 650 
Heating value, Btu/cu ft 967 949 912 

957 944 926 
41 * 057 12.1 H&CO conversion, pct. 98.0 97.3 96.4 678 

Hours  at  7,000 hourly apace velocity with the heating value of the product a t  

Volumes of d r y  gas at 60" F and 30 inches Hg. 
least 900 Btu per cpbic fout. 
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TABU 4.- p r a t i n g  ancl yield data,. tube-wall reactor,  
experiment 44 

Catalyst age, hr. 
Hourly space velocity of feed gas 
Average catalyst  temperature, O C  

Maximum catalyst  temperature, O C  

Location of maximum temperature, 

H2 conversion, pct. 
CO conversion, pct. 
H&O conversion, pct. 
Product gas analysis, vol pct. 

inches frm top 

H 2  

CO2 
m4 
C S 6  
N2 

co 

Heating value of product gas 
(COP- and N 2 - h e ) ,  Btu/cu. f%.g 

263 
7,000 

363 
390 

1 
97.0 
100 

97.8 

7.7 
0 

5.2 
85.2 
0.1 
1.8 

957 

1,107 
7,000 

366 
390 

2.3  
95.2 
98.8 
96.1 

12.0 
1.0 
5.6 

80.1 
0.4 
0.9 

920 
-- 2/ Volumes of dry gas a t  60" F and 30 inches Hg. 

Ihe effectiveness of heat removal i n  the tube-wall reactor can be 
sham fram the heat transfer coefficient.  Based on the estimated heat 
release and the different ia l  between the average temperature of the tube 
surface and that of the boiling Dowthem of 30" F, an overal l  heat transfer 
coefficient of 250 Btu per hour-square f0ot-O F has been calculated for the 
reactor. 
l i t t l e  significance and that the heat is evolved at the catalyst  surface and 
i s  removed through the tube wall t o  the boiling Dowtherm. 

Plis high value indicates that convective heat t ransfer  i s  of 

COR? IUSIONS 

Progress has been made i n  developing reactor systems for methanation 
that provide effective heat t ransfer  and excellent temperature control. 
Raney nickel sprayed on plates or tube surfaces and extracted w i t h  alkali 
has proved t o  be an active and durable catalyst .  
u t i l ized by being applied in a thin layer. 'Ihe l ife of the catalyst  has 
been sufficient t o  a t t a in  a l a w  catalyst  cost per un i t  of product gas. 
This is an important objective because the catalyst  is the most expensive 
i t e m  i n  the methsnation step regardless of the type of reactor.  Because 
e i ther  pIztlC0 synthesis gas or partially converted ms can be reacted, 
product gas f roan hydrogenation of coal can be upgraded i n  heating value. 

The nickel is thoroughly 
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A tubular reactor with a catalyst  coating on the wall shows p r a i s e  
for methanation. Potentially the tube-wall reactor has advantages of need 
for little or no &SS recycle, e f f ic ien t  catalyst  ut i l izat ion,  low pressure 
drop and parer consumption, and the combined function of reactor and heat 
recovery i n  one vessel. Low capi ta l  and operating costs for  the methanation 
s tep  can resul t  from these features. 
usea, and f’urther investigation w i l l  be made i n  a larger reactor. For full- 
scale operatinn the reactor is visualized as a carmnonmultipss tube and 
shell heat exchanger w i t h  the  tubes coated on their outer surface and the 
gas passing across the baffled tubes. 
a 10-foot-diameter she l l  containing 2-inch tubes on 3-3/8-inch centers and 
30 f e e t  long, would be ample for  a gO-rnillion-cubic-foot-per-day methanation 
plant. 

Thus far, only a small tube has been 

S i x  reactors, each comprised of 

1 
, 

I 
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Evaluation of Processes and Costs of Separating Mixtures of Hydrogen and Methane 

W. P. Haynes, J. W. Mulvihill, S. Katell, and J. H. Field 
U. S. Bureau of Mines, 4800 Forbes Avenue, 

Pittsburgh, Pennsylvania 15213 

INTRODUCTION 

In the hydrogenation of coal a t  pressures of 60 t o  400 atmospheres t o  
produce synthetic fuel  gas, the product contain 
with the balance principally hydrogen (1, 20).9 Small quantit ies of car- 
bon oxides, sulfur compounds, higher molecular weight hydrocarbons including 
aromatics, and water vapor constitute the remainder of the gas. By sepa- 
rating the hydrogen from the methane and increasing the methane content o f  
the product t o  about 90 percent, the heating value can be increased t o  9 0  
Btu per cu f t .  
mde available for  recycle t o  the hydrogenation reactor (36). 

5 t o  80 percent methane, 

A further benefit of separation is  that the hydrogen is  

The objectives of t h i s  pper are t o  determine whether separation i s  
economically feasible by existing techniques and t o  determine the effect  
of  the methane concentration on the cost of separation. This l a t t e r  in- 
formation i s  valuable f o r  guiding the direction of research on hydrogasi- 
fication, because some operating techniques inherently produce gases of 
low methane content. 

Five types of processes are  applicable for  separating mixtures of 
methane and hydrogen as  follows: 

1. Adsorption by solid agents (4, 5, 2, 17, $, 2, 35): 
a. Activated carbon. 
b. Molecular sieves, s i l i c a  gel, and activated alumina. 
c. N l e r ' s  ear th  (hydrous Al-Mg-silicate). 

2. Absorption by l iquids (16, 2): 
a. High molecular weight oils--gas o i l .  
b. Low molecular weight hydrocarbons--propane and butane (at  

l o w  temperature). 

3. Diffusion (2, 13, 21, 22, 26, 28, 2, 2): 
(1) Palladium and palladium-silver. 
(2) Nickel. 

b. Plast ic  membranes: 
(1) ~ o l y v i n y l  acetate. 
(2) Polystyrene. 
(3)  Ethyl cellulose. 

a. Metallic i&nbxneranr tubes  : 

11 Underlined numbers in parentheses indicate items in the  bibliography a t  
the end of t h i s  paper. 

- 



c. Mechanical means: 
(1) perforated plates and screens. 
(2). Centrifugal devices. 

d. Thermal diffusion. 

4. Refrigeration and liquefaction of methane (A, 12, 2, a): 
a. p r i n c i p l l y  compression-expansion systems: 

1) Joule-Thompson effect. 
2) Expansion engines. 

b. Cascade type  using auxiliary refrigerants: 
(1) Vapor recompression system. 
(2) Expansion engines. 

Formation of methane hydrate (9). 5 .  

For treating the large quantities of gas for a 90 million cu f t  per day 
p h n t ,  adsorption, absorption, and liquefaction have been selected as being 
most practical .  DifPuslonal systems were ruled out because low gas through- 
put is inherent, requiring a tremendous number of multiple uni ts  of high 
capi ta l  cost. The formation of methane hydrate was eliminated because pub- 
l ished information Indicated that the space and i n i t i a l  refrigeration require- 
ments were several times greater than f o r  liquefaction processes (2). 

Adsorption with act ive carbon was selected over molecular sieves because 
the adsorptive capacity of carbon is considerably greater a t  high partial pres- 
sures of methane (15, 18, 25, 35). Moreover, the cost of the  activated carbon 
is l ess  than o n e - m f  at3 Zeves.  
b i t r a r i l y  selected for t h i s  s t a y  instead of a fixed-bed system. 
fixed-bed adsorption accompanied by regeneration by pressure letdown offers 
a very promising method of separation according t o  costs reported for puri- 

A moving-bed adsorption operation was ar- 
However, 

fying hydrogen (5). 
With regard t o  l iquid absorption, although methane is highly soluble i n  

-*-..*a ----- -..a x . . .+ -~~  -o -41 V S ~  ehnapn p-8 rclvpn+. nver li$id O m F e  rryuiu y2.Vrcy.b - " I L I A . - ,  pr- --- ..-- ------ 
and butane because It can be wed a t  ambient temperature (16). 
molecular weight materials operate a t  low temperatures requiring some refrig- 
eration. 
because its thermodynamic efficiency is greater than compression-expansion 
systems (L). 
however. 

The lower 

Finally a cascade system was chosen f o r  separation by liquefaction 

Higher capi ta l  costs w e r e  anticipated for  a cascade system, 

Plant capacity was set a t  90 million std cu f t  per day of high-Btu gas 
containing about 90 percent methane. Cases 1 through 3, respectively, des- 
ignate the  methane content of the feed gas at 5 ,  20, and 50 percent. 
feed gas, obtained from r aw hydrogasification product gas a f t e r  the removal 
of most of the carbon dioxide and hydrogen sulfide, i s  assumed t o  have the 
following composition: 

The 
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case 1 Case 2 Case 3 -vr 20.0 50.0 

0.05 0.2 0.5 
.2 .8 2.0 
.2 .2 0.2 

.04 .16 0.4 

.06 
,0016 .a016 .0016 

44.84 
CH4 
H2 94.25 77.78 
C2% co 
N2 .e .8 2.0 
co;! 

C@6 
H20 
H2S (trace) 

.06 .06 

At these concentrations, the effects of the contaminants (gases exclusive of 
methane and hydrogen) are unknown with respect to the adsorptive capacity o f  
charcoal, and are considered negligible in oil absorption. 
sumptions, therefore, neglect the presence of contaminants in the moving-bed 
adsorption plant and in the case of the oil absorption plant arbitrarily as- 
sign ethane, carbon dioxide, benzene, water, and hydrogen sulfide contaminants 
to the methane product stream, and carbon monoxide and nitrogen contaminants 
to the hydrogen byproduct stream. 
prepurification of the feed gas is niandatory and is comidered in this evalu- 
ation. 
constant at a pressure level of about 1,500 psia and at ambient tempemtures. 

The estimate of the working capital comprises a 30- to &-day supply of 
malreup material, 3 months payroll overhead, 3 months operating supplies, and 
4 months indirect cost, fixed charges, spare par-b-ts, and miscellsneous ex- 
penses. Basic rates for operating costs we*: 

The design as- 

In the case of the liquefaction process, 

Idlet and outlet conditions f o r  all separation schemes were held nearly 

\ 

Cost 
each 

Electricity ...................$.008 per hhr 
Cooling water ................. .01 per 1,OOO gal 
Direct labor: 

operating labor ......... .&.E 
Supervision .............. 15 percent of aperating labor 

kbor ................. ..$6,OOO per man-yr 
Supervision ............. 20 percent of maintenance labor 
l rppter ia l  ................ 50 percent of mabtenance labor 

hymU overhead ............. 18.5 percent of payroll 
operating supplies ........... 20 percent of plant maintenance 
Indirect cost ................ 50 percent of labor 
FiBed costa: 

per nran-hr 

Plant maintenance: 

Taxes and insurance ..... 2 percent of tatal plsnt cast 
Depreciation ............ 5 percent of total plant cost and 

rates for itears suchLee ste4nn and rSn material vary and are presented for 

interest durw construction 

PrOCeSS. 
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hsve demonstrated the feas ib i l i ty  of separating methane-hydrogen mixtures. The 
distiiictive feature of the process i s  i t s  use of a moving bed of activated c8r- 
bon for the selective adsorption of gases and vapors. 

Data by Fro l ich  and White (3.5) on the adsorption o f  mixtures of methane and 
hydrogen on activated charcoal a t  pressures ranging up t o  140 atmospheres show 
that methane is  selectively adsorbed w i t h  v i r tua l  exclusion of hydrogen. 
flowsheet of the sewrat ion of methane-hydrogen mixtures by the moving-bed char- 
coal adsorption process a t  essent ia l ly  1,500 psi  is s h m  i n  figure 1. Feed 
gas enters the downward-flowing bed of activated carbon, about 12 t o  30 Tyler 
mesh size, at the  adsorption zone where the methane is adsorbed and carried 
down into the rect i f icat ion zone. The methane-free hydrogen flows upward and 
leaves the adsorber a t  the top of the adsorption zone. Part of the  byproduct 
hydrogen continues upward through the cooling zone t o  dry and cool the in- 
coming carbon. 
water vapor. Cooling water tubes prwide additional cooling. Hot hydrogen 
from the cooling zone i s  cooled and dehumidified i n  a cooler-condenser. 

A 

Much cooling of the carbon is  done by desorption of residual 

Activated carbon containing adsorbed methane flows downward by gravity 
from the adsorption zone in to  the rect i f icat ion zone where a reflux stream 
of methane desorbs the small quantity of hydrogen l e f t  on the carbon. The 
activated carbon then flows t o  the stripping zone where methane is stripped 
f r o m  the carbon by steam a t  650" F. A Dowtherm heating system provides ad- 
dit ional  heat to the stripping zone. 

m e  activated carbon, saturated w l t h  water vapor but stripped of methane 
and hydrogen, is  returned t o  the top of the adsorber column by a gas l i f t  
conveying system. 
remove heavy hydrocarbons and maintain a high methane capacity. 

A small stream of csrbon is stripped wlth 800" F steam t o  

The methane and steam f l o w  from the adsorber column t o  a cooler-condenser 
where the methane is cooled and the steam i s  condensed. The methane is  then 
hlenrlpd v i t h  iigtm=ntt=d f e d  FPR to give the  f l n n l  prdiict. contnininp 9 ?T-- 

cent methane and 10 percent hydrogen. 

The s ize  of an adsorber column is 5 f t  ID by 81 f t  high, w i t h  6-1/2-in 
wall thickness. 
through 3, respectively. 

The number of columns required is 57, 14, and 6 for  cases 1 

I n  the design of the process, published isotherm data (g) f o r  methane 
adsorbed on activated carbon was extrapolated t o  estimate the methane adsorbed 
a t  high prtial pressures. 
rate was assumed to be 0.005 percent of the rate  of carbon recirculation. Ad- 
di t ional  unit costs w e r e :  

From comments by Kehde e t  al @), carbon a t t r i t i o n  

Fuel ............................... $0.25 per mlllion Btu 
Stem--l,510 pslg, 800" F .......... .35 per thousand lb 
Steam--l,5lO psig, 650" F .......... .29 per thousand l b  
Steam--1,485 psig, 600" F .......... .27 per thousand l b  

.40 per l b  Activated carbon ................... 
A breakdown of the capi ta l  investment costs and operating costs for  the 

moving-bed adsorption process is ehown, resbc t ive ly ,  i n  tables 1 and 2. The 
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adsorber columns were the highest cost equipment items with the i r  installed 
costs amounting t o  n, 62, and 55 percent of t o t a l  instal led equipment costs 
for  cases 1 through 3, respectively; the cost  of steam, the highest direct  
cost  i t e m ,  respectively amounts t o  23, 25, and 27 percent of t o t a l  operat- 
ing cost. 

OIL ABSORPTION PRCCESS 

The o i l  absorption process uses an o i l  enrichment step patented by 

By 
Davis (2) because existing solvents are not selective enough t o  get the 
desired separation by conventional absorption-stripping techniques. 
the enrichment s tep,  methane-rich o i l  can be fur ther  enriched with methane 
t o  insure getting a methane concentration of more than 90 percent in the 
flashed and stripped product gases. 
process i s  shown i n  figure 2 for  case 1. 

A flowsheet of the o i l  absorption 

Feed gas enters t h e  bottom of the  primary absorber, countercurrent 
t o  the lean o i l  passing downward through the t ray column. Absorption oc- 
curs at 100' F w i t h  a total system pressure of 1,500 psia. Effluent gas 
f r o m  the primary absorber, which i s  mainly hydrogen, i s  combined with ef- 
f luent hydrogen f r o m  a secondary absorber. Enriched o i l  from the primary 
absorber enters a secondary absorber a t  a suitable point for  further en- 
richment with methane. 

The secondary absorber selectively s t r ips  hydrogen from--and adds 
methane to--the incoming methane-enriched o i l  by forcing absorption of 
additional methane-rich gas entering et  the bottom. 
the top of the secondary absorber to remove residual methane from the 
l iberated hydrogen. 
ondary absorber and passes through an o i l  turbine where approxinrately 46 
percent of the theoret ical  expamion work is  recovered by pressure letdown 
of the  l iquid and expansion of dissolved gases. Rich o i l  from the  turbine 
c y v c I o  - UIU IW F sii& Yj p a 2 .  Fisheci met'nane is removed ana 
recompressed t o  1,500 psia. Some of th i s  gas i s  sent t o  the eecondary ab- 
sorber. 
column t o  form the  high-Btu product gas. 

Lean o i l  also enters 

The methane-rich o i l  leaves the bottom of the sec- 

I e , - - L  .a--- ^I , A n 0  

The remainder combines with methane-rich gas f r o m  the stripping 

Rich o i l  leaving the f lash drum is heated to  240" F prior t o  entering 
the top of the stripping column where the o i l  i s  stripped of absorbed gases 
by steam. 
exchanger and e cooler and is f ina l ly  pumped t o  both absorbers. 
methane concentration in  the feed gas i s  increased from 20 percent t o  50 
percent, as in going from case 2 t o  case 3, the flash drum pressure and the 
o i l  feed t o  the secondary absorber a re  appropriately modified t o  take ad- 
vantage of the reduced need for  o i l  enrichment. 

Lean o i l  from the stripping column i s  recirculated through a heat 
When the 

A 200 nolecular-weight o i l  was selected as the absorbent. Data of Dean 
and Tooke (ll) and of Sage and Lacey (30) were used f o r  estimating values of 
K f o r  the s x u b i l i t y  of hydrogen and methane, respectively. 

The inside diame'ter and the wall thickness of both the pr imry  and sec- 
ondary absorbers were 7.5 f t  and 6.5 in., respectively. In case 1 the  
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reabsorption section of the secondary absorber had an inside diameter of 3.3 
ft and a wall thickness of 3 in. 
20 to 40 percent, absorber heights ranged from 5 to 110 ft. 
number of absorbers was €16 follows: 

With overall plate efficiencies taken at 
The estimated 

Percent methane Primary Secondary 
Case in feed absorber absorber 
1 5 191 239 
2 20 48 139 
3 50 17 6 

Capital and operating costs of the oil absorption process are shown in 
tables 3 and 4, respectively. 
were the highest and amounted to 65, 43, and 34 percent of the installed equip- 
ment cost f o r  cases 1 through 3, respectively. 
the next highest cost equipment. 
operating cost aside from the fixed cost. 
were, respectively, 34, 45, and 44'percent of total operating costs. 

Of the installed equipment cost, absorber costs 

Heat exchangers were usually 
Power costs constituted the largest single 

For cases 1 through 3, power costs 

CASCADE LIQUEFACTION PROCESS 

The cascade liquefaction process uses a series of auxiliary refrigerants 
in its approach to the temperature of liquefaction of the product methane. 
prevent the accumulation of frozen solids in the liquefaction step, the feed 
gas must undergo three prepurification steps prior to liquefaction. A sim- 
plified flowsheet of the overall liquefaction is shown in figure 3. 'Only cases 
2 and 3, 20 and 50 percent methane in feed gas, are considered. Scrubbing the 
feed gas with monoethanolamine-diethylene glycol solution lowers carbon dioxide 
to 50 pp, hydrogen sulfide by 80 percent, and water vapor to 0.03 mole-percent. 
Adsorption with activated charcoal removes benzene (2). 
sieves lowers the water vapor content to a dewpoint of -1W0 F. Finally, in 
the liquefaction step, only methane and traces of other hydrocarbon are liq- 
uefied. 
uefaction occurs at a pressure of about 1,400 psia. 

To 

Adsorption with molecular 

Some hydrogen physically dissolves in the liquefied gas because liq- 

The complex cascade liquefaction step is illustmted by the flowsheet for 
case 2 presented in figure 4. 
essentially the same as that proposed by Keesom (9). 
three refrigerants--ammonia, ethylene, and methane-are arranged so that evap 
oration of the higher boiling refrigerant produces liquefaction of the next 
lower boiling refrigerant. Thus ammonia liquefies the ethylene in evaporator 
VI, ethylene liquefies methane refrigerant in evaporator V2, and methane re- 
frigerant liquefies methane product in evaporator V3. A gas phase product of 
approxinrately 90 percent methane at about 1,400 psia is obtained by reevapo- 
rating the liquefied product gas through heat exchange with incoming feed gas 
at exchangers E6, E5, E7, and evaporator V4. 

methane 
methane h 3 . The unit cost of steam was $0.9 and $0.153 per thousand pounds, 
at the respective pressures of 184 and 25 p s h .  

With slight modifications, the flow 6cheme is 
In this scheme, the 

%me of the published data used in the design include the enthalpy of 
14) , enthalpy of hydrogen (33), and the solubility of hydrogen in 
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capi ta l  costs and operating costs a r e  presented i n  tables 5 and 6 for 
methane-hydrogen sepsmtion by the cascade liquefaction precess. As shown 
in table 5, the cost of prepurification equipent  i s  smal l  compared to  the 
cost of the e q u i p n t  in the cascade liquefaction step. Evaporators and 
heat exchangers in the liquefaction section comprise well wer half of the 
t o t a l  installed equipment costs. The largest  d i rec t  cost item, e lec t r ic  
m e r ,  amounts t o  32 and 33 percent of t o t a l  operating costs for cases 2 and 
3. Practically a l l  of t h i s  mer is used in the compression of refrigerants. 

!FABLE 5.- Total estimated capi ta l  requirelpents, 
cascade liquefaction process 

Case 2, 20 pct methane Case 3, >O pct methane 
Unit Dollars Percent Dollars Percent 
Amine-glycol 793,300 1.8 1.6 
Activated carbon 1,l=,900 2.5 %:E 2.3 
Molecular sieves 307,100 -7  195,800 .7 
Lique mc t ion 32,603,100 - 73.4 19,390,900 - 73.8 

equipoent 34,&6,400 78.4 20,616,000 78.4 
Plant f a c i l i t i e s  3,482,- 7.8 2,061,600 7.9 

recyuirements 48,ocQ - .1 24,600 - .1 

tmsea) k,954,100 96.7 25,423,500 96.8 

struct ion 859,100 - 2.0 508,500 - 1.9 

preclation 43,613,200 9 . 7  25,932,000 w. 7 - 1oo.o 
Total installed 

2 721 300 
s k E b U %  

10.4 
& 5 & % T m  

Plant utilities 

I n i t i a l  sdaorbent 
Total cvllstruction 

Total plant cost 
(ineuI.ancc and tax 

Interest during con- 

Subtatal for de- 

345 OOo 1.3 Worldng capital. 
Total inrrestaent 



TABLE 6.- Estimated annual operating costs, 
cascade liquefaction process 
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Direct cost: 

Direct labor 
Plant maintenance 
Payroll overhead * 

Operating supplies 
Total direct  cost 

Indirect cost 
Fixed cost 

Eav m t e r i a l s  and u t i l i t i e s  

Taxes and insurance 
Depmciation 
'pow operating cost 

Case 2, 20 pct methane Case 3, 50 pct methane 
Dollars Percent Dollars Percent 

2,168,100 34.0 1,298,400 34.2 
277,000 4.3 166,200 4.4 
357,000 5.6 214,200 5.6 
97,900 1.5 58,700 1.5 

42800 1.1 
T m  

5.6 
a &imhB 5.5 2n,600 

352 t 700 

859,100 13.5 508,500 13.4 
34.2 - 2190700 - 34.5 1 2% 600 

z k 3 k j  . 100.0 100.0 
Benzene credit  per thousand 

Operating cost per thousand 
scf of product gas 035 

scf of product &as * a 5  

. 009 

.u8 

The economic merit of the three processes considered decreases in the 
following order: Moving-bed charcoal adsorption, cascade liquefaction, and 
o i l  absorption. As shown in figures 5 and 6, respectively, the operating 
costs and capi ta l  costs a re  lowest for the moving-bed charcaal adsorption 
process at all levels of feed gas composition. 

With total operating costs for the overall  hydrogasification process 
estirmted t o  range f r o m  $0.70 t o  $0.85 per M cu f t  of high-Btu product gas, 
operat- costs for the o i l  absorption process, as shown i n  figure 5 ,  are  
impractically high a t  the 5- and 20-percent methane feed levels ,  while op- 
erating cost for the cascade liquefaction process shows some merit a t  $0.13 
per M cu ft of product for 50 percent methane in the feed gas. 
coal adsorption in a moving bed is the nost economic method of separation and 
is of practical  interest  a t  methane feed concentrations as low as 20 percent. 
As shown also in figure 5, unit  operating costs of all three separating proc- 
esses decline as the percent methane in the feed gas increases from 5 t o  50 
percent. 
gas approaches 50 percent. 

However, char- 

These costs tend t o  leve l  out as the percent methane in  the feed 

The relationship of the capi ta l  investment costs of the three processes, 

-ion for a complete hyfkogasification 
as sham by figure 6, palal le ls  that of the operating costs. 
t o t a l  inves-t cost of $70 t o  
plant producing 9 million std cu ft per day of high-Btu pipeline gas, capi- 
tal investments ranging from $26 t o  $40 million for the cascade liquefaction 
and the oil absorption pmcesees are far too high for pract ical  coneideration. 
However, capi ta l  costs for the c h a r c d  adsorber process are at t ract ive,  
amounting t o  l e s s  than $15 xoinian at feed &as concentmtione of 20 percent 

contpared to a 
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methane and higher. 
t o  deliver both hydrogen and methane streams a t  pressure without additional 
recompression is of great value t o  any high pressure process requiring a 
separating step with recycle of  e i ther  gas a t  high pressure. 

The a b i l i t y  of the moving-bed charcoal adsorption process 

Should the impurities in  the feed gas significantly lower the effic- 
iency of the maying-bed charcoal adsorption process, the maximum penalty 
inf l ic table  upon the opera t ing  cost  is between $0.04 ami $0.03 per M cu ft 
of product gas for cases 2 and 3, respectively, based upon the prepurification 
costs in the  liquefaction process. Even in t h i s  instance the relat ive stand- 
ings of the processes are not cbanged. Hawever, t H e  assuaptions made in t h i s  
estimate regarding the adsorptivity o f  activated carbon in the presence of 
possible contaminants and the  overall loss  of carbon should be substantiated 
experintentally t o  verify the validity of t h i s  estimate. 

In sp i te  of the fac t  that the cascade liquefkction process is t h e m -  
dylramically more e f f ic ien t  than other liquefaction processes, the recovery 
of methane from methane-hydrogen mixtures by the cascade liqgefaction proc- 
ess was not found t o  be as econumic 88 recovery by a l iquefaction process 
proposed by Mann and Pryor (27) that u t i l i ze s  Joule-Thompson cooling. O p  
erating costs for the Nsnn and Pryor liquefaction process f o r  98 percent 
hydrogen i n  the recycle stream were $0.13 and $0.07 per M cu ft af product 
for the 20- and 50-percent methane cases, respectively; whereas, the cor- 
responding operating costs for cascade liquefaction are $0.22 and $0.13 
per M cu f t  of product. 
due to  the capi ta l  costs of the cascade l iquefaction being over four tlms 
those estimated for the process of Mann and Pryor. Opexating coats of the 
process o f  Msxm and Prydr are nearly as l a w  as those estimated for the 
moving-b;ed charcoal adaarption process. When the product gas is t o  be 
stored cryogenically before use, inatead of being transmitted irmaediately 
by p ipe lhe ,  separation and storage by 8 liquefaction process employing 
Joule-Thumpson ccroling my be superior t o  separation by movinn-bed charcoal 
adsol-ption followed by cryogenic storage of product gas. 

. 

These differences in O p e A t b g  costs are primarily 

A t  present, the prospects of the oi l  scrubbing process being greatly 
improved are poor. 
a solvent with high capacity and select ivi ty  for methane and the need t o  
recompress the flashed methane product from essent ia l ly  atmospheric pressure 
t o  pipeline pressure. 

Major obstacles t o  its improvement are; the lack of 

I 
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PETROLEUM R E S I D U A I S  I N  PREUKED CARBON ANODE EIHDERS 

By 
. ' :, 
M. B. Del l  

Alcoa Research Iabora tor ies  
N e w  Kensington, Pa. 

INTRODUCTION 

In t h e  Hall-Heroult Process f o r  producing aluminum, alumina dissolved i n  

Anodes a r e  made by miXing about 18 per cent  binder with 
molten c r y o l i t e  a t  950-1000% i s  e lec t ro lyzed  us ing  a carbon l ined  c e l l  as  cathode 
and baked carbon as  anode. 
82 per cent  carefu l ly  s ized  calcined p t r o l e u m  coke and molding a green block, which 
i s  subsequently baked a t  llOOo in  an i n e r t  atmosphere t o  coke t h e  binder.  

During e l e c t r o l y s i s  the  anode i n  slowly consumed. Carbon consumption is 
caused by: (1) combination of carbon with the  oqygen released a t  the anode, 
combination of carbon with CO;, i n i t i a l l y  formed, 
of t h e  anode, and 
i n t o  t h e  bath i f  the binder coke i s  more r e a c t i v e  than t h e  petroleum coke. 
t h e  f i r s t  are atrongly a f f e c t e d  by t h e  r e a c t i v i t y  of t h e  carbon anode, and t h i s  in 
turn  i s  dependent on the  q u a l i t y  of t h e  coke formed by t h e  binder. 

(2) f u r t h e r  
(3) air-burning of t h e  exposed t o p  

(4) d i s i n t e g r a t i o n  caused by p a r t i c l e s  of petroleum coke f a l l i n g  
All b u t  

Numerous t e s t s  have been proposed f o r  charac te r iz ing  binders. 
been reviewed comprehensively by Thomas3 and somewhat more c r i t i c a l l y  by 'deiler4. 
It i s  genera l ly  agreed t h a t  t h e  binder  should meet a sof tening point  requirement f o r  
ease of processing, must have a low ash content  to  prevent contamination of  the  ba th  
and a l s o  t o  avoid catalyzing carbon r e a c t i v i t y ,  and should be low in sulfur because 
of corrosion problems. 
reac t ive  anode w i t h  good e l e c t r i c a l  conductivity.  
i s  very aromatic and meets a l l  t h e s e  requirements. It is t h e  binder used almost 
exclusively i n  the  United S ta tes .  
mater ia ls ,  such as those der ived from petroleum, can be blended with coke-oven p i t c h  
t o  produce anodes equivalent in a l l  s i g n i f i c a n t  proper t ies  t o  conventional anodes. 

They have 

In addi t ion ,  high a romat ic i ty1  i s  des i rab le  t o  form a l e s s  
Coke-oven p i tch  derived from c o a l  

We have now found t h a t  c e r t a i n  less-armatic 

ANALYTICAL F'ROCEDLIRES 

Softening Point  

'Cube-in-air method. B a r r e t t  Test  No. D-7, Al l ied Chemical and Dye 
Corporation, New York, New York. 

Reac t iv i tx  

Sodium sulfate  r e a c t i v i t y  i s  t h e  l o s s  i n  weight on immersing a 1-in. 
cylinder of carbon 0.5-in. long f o r  30 minutes i n  sodium sulphate  a t  980°C. 
is oxidized by molten sodium sulphate2. 
binder i s  always run with t h i s  t e s t  f o r  comparison. 
s ince for some of the  e a r l i e r  t e s t s  the procedure was modified s l i g h t l y .  

Carbon 

Both r e s u l t s  a r e  reported here  
A reference carbon containing a standard 

Infrared Index of Aromaticity 

This  is taken as the  r a t i o  of t h e  a l i p h a t i c  t ransmit tance a t  3.4 1;icrons 
. .  
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l i i lrared Index of Aromaticity 

ciividzd b:- 'tile aro!r!ntic t r a ! ~ s ~ . i t t a n c e  a t  3.3 riicrons as previousl:.r described1. 

14.scibil i tg Test 

, This t e s t  measures t h e  compat ib i l i ty  of a binder with coke-oven tar. A 
1:l i:;j;cture of t!ie biqder under t es t  and coke-oven tar i s  heated about 30 degrees above 
t h e  softanin: point.  
on 3 ho t  p l a t e  a id  covered with a cover &ass. 
applied to  the  cover g l a s s  t o  reduce t h e  fib; th ickness  so  t h a t  it w i l l  transr?At l i g h t .  
Niei? viewed under t!ie ixicroscope a t  200X, absence of f loccu la t ion  of t h e  C - I  p a r t i c l e s  
n o r i d l y  present  i n  coke-oven p i t c h  ind ica t e s  compat ib i l i ty  of t he  binder.  

A s n l a l l  d rop le t  i s  t ranszer red  t o  a warp. g l a s s  ndcroscope s l i d e  
)mi le  s t i l l  warm, s l i g h t  pressure i s  

A t y p i c a l  ana lys i s  of coke-oven p i t c h  binder f o r  prebaked e l ec t rodes  i s  
given i n  Table I. The softening poin t  corresponds t o  about 215-239F ring-and-ball. 

TACIA I 

TYPICAL PiZowImis OF COI'J-om 1 

PITCIi 61iKZX3 FOR PRi;XAFD A'JODES 

Softening point,  cube-in a i r  105-115 

Sulfur ,  '5 G.5 

Ash, $ c.1 

Infrared index 1.3 

For caroon anodes nade with unblended bmders .  t h e  r e a  t iv i t -c  i nc re  sed 
w i t i i  cecreasin:; a roxa t i c i ty  of tile binder a s  lneasul-ed b;: i n f r a red  index (Figure I). 
t h e  bas i s  of in f ra red  index binders ma;; be divided soxewhat a r b i t r a r i l y  i n t o  t h r e e  
a r c n a t i c i q  c lasses :  

O n  

hixh 01.2), i n t e rxed ia t e  (L.6 t o  1.2) and low (<0.6). 

Coke-oven p i t ch  i s  about t h e  only member of t h i s  class. In prebaked anodes 
a l r x s t  any hi~li-teLiperature, coke-oven p i t c h  can produce a good anode. 

Lit e rzed ia t  e Aro!?at i c  i t y  Tinder s 

Pitches derived f ron  v e r t i c a l  r e t o r t  t a r s  or  o i l -gas  tar, and petroleum 
res idua l s  frci; high teniperature cracking processes f a l l  in t h i s  c lass .  

L0:i krona t i c i ty  Binders 

kiang these  a r e  p i tches  der ived  from low-temperature coa l  t a r ,  so lvent  
e-utracts of p e t r o l e m  and most petroleum res idua ls .  

Lq genera l  low and intermediate a ror ra t ic i ty  b inders  do not  produce good 
anodes and a r e  not  used alone i n  carbon anodes. 
ai.ous?c ol' oil-gas p i t ch  i s  used in 50:50 blends with coke-oven pitch.  

I n  t h e  United S t a t e s  a very minor 
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Low Aromaticity Binders 

. . .  . .  . .  

Ir! a search f o r  low cos t  b inders  der ived  from petroleum, seve ra l  r e s idua l s  
were found which unexpectedly produced good anodes in blends. .  T:?pical laborator:: rz- 
sults a r e  'presented i n  Table 11, and similar good r e s u l t s  have been obtained i n  p l a n t  
operation f o r  s eve ra l  of t hese  binders.  

. . . . . . . . . , ., , 

A l l  in te rmedia te  a romat ic i ty  binders t e s t e d  produced good anodes wken blend- 
ed with coke-oven p i tch .  
have been used f o r  some time i n  anodes. 
cess lng  by high-temperature cracking have become ava i lab le .  
a romat ic i ty  (A and B in  Table 1 1 )  should f ind  app l i ca t ion  blended i n  anode binders. 
of t h e  petroleum res idua l s  t e s t e d  had a romat i c i t i e s  a s  high a s  coke-oven p i tches .  

These results were n o t  unexpected s ince  blends of o i l -cas  p i tch  
Recently r e s idua l s  produced i n  petroleum pro- 

Those having intermedlate 
'.one 

Certain low aromat ic i ty  b inders  when blended with coke-oven p i t c h  produced 
good binders. 
deasphalting of an Ordovician crude and a p i t ch  (D)  derived from low-temperature 
l i g n i t e  tar .  
produced poor bindws.  
was t h e  n i s c i b i l i t y  t e s t .  
produced poor binders (E and F in Figure 2).  
d i spersed  (A and C in Figure 2 )  t h e  blend produced good anodes. 

These included a petroleum r e s i d u a l  (C - Table 11)  produced by propane 

Other low aromat ic i ty  binders,  such a s  air-blown asphal t  (E i n  Table II), 
The only l abora to ry  t e s t  which d i f f e r e n t i a t e d  among these  binders 

Those blends i n  which t h e  C-I  p a r t i c l e s  were f loccula ted  
If t h e  C-I p a r t i c l e s  renained uniformly 

While some of t h e s e  b inders  d id  produce good anodes, t h e i r  t r u e  coking 
This did not seem t o  a f f e c t  values were lower than t h a t  of mke-oven p i t ch  (Table 11).  

t h e i r  u t i l i t y ,  bu t  t h e i r  economic va lue  was lowered s ince  less carbon would be ava i l ab le  
f o r  r eac t ion  with owgen produced a t  t h e  anode in smelting cells .  

CONCLUSION . 

High aromat ic i ty  b inders  can be used alone t o  produce good anodes. 
mediate a romat ic i ty  b inders  blended with coke-oven p i t c h  produced good anodes. 
blends low aromat ic i ty  b inders  which were misc ib le  with coke-oven p i t ch  produced good 
anodes. 

In t e r -  
I n  
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Aspects o f  t he  R e a c t i v i t y  o f  Porous Carbons w i t h  Carbon D iox ide  

J. H. Blake (a), G. R. Bopp (b), J. F. Jones (c), M, G. M i . l le r  (c), W. Tambo (d) 

(a) Chemical Engineer ing Department, U n i v e r s i t y  o f  Colorado 

(b) Present address, Chemical Engineer ing Department, S tan fo rd  U n i v e r s i t y  

(c) FMC Corp., Chemical Research and Development Center 

(d) Present address, Cabot Corp., Boston, Massachusetts 

1 .  I n t roduc t i on  

Th is  work was undertaken i n  o rder  t o  develop a s imple and e f f e c t i v e  t e s t  t h a t  
would compare the  r e a c t i v i t i e s  o f  g ranu lar  carbons. The carbons s tud ied  were samples 
o f  formed m e t a l l u r g i c a l  coke and o f  ca l c ined  coal  char made f rom subbituminous coa l  
i n  the  process developed by FMC Corp., and demonstrated i n  a semi works p l a n t  a t  
Kemmerer, Wyoming ( I ) .  This coke i s  permeated by a system o f  very  f i n e  pores, i t  has 
a h i g h l y  amorphous s o l i d  s t ruc tu re ,  and i t  i s  very  r e a c t i v e  compared t o  byproduct o r  
beehive cokes. The r e a c t i v i t y  i s  be l ieved t o  be an important p r o p e r t y  o f  cokes used 
as reducing agents. 

As a second ob jec t i ve ,  some knowledge o f  the  i n f l uence  o f  r a t h e r  m i l d  thermal 
t rea tment  on the  r e a c t i v i t y  o f  these cokes was sought. 

Carbon d iox ide  was se lec ted  as the  o x i d i z i n g  agent f o r  t h e  r e a c t i v i t y  tes ts ,  
s ince  i t s  reac t i on  w i t h  carbon i s  no t  compl icated by secondary e f f e c t s  such as t h e  
water  gas s h i f t .  The reac t i on  was fo l lowed by measuring the  weight o f  carbon as a 
f u n c t i o n  o f  time, and t h i s  p ro tedure  proved t o  be bo th  s imple and p rec i se .  

While the  va r iab les  a f f e c t i n g  the r e s u l t s  o f  t he  t e s t  were s tud ied  i n  a semi- 
emp i r i ca l  manner, c e r t a i n  i n t e r e s t i n g  i n fo rma t ion  regard ing  the  k i n e t i c  behavior o f  
these carbons as they underwent reac t i on  d i d  r e s u l t ,  and t h i s  work i s  presented w i t h  
the  hope o f  p rov id ing  a lead toward a b e t t e r  p i c t u r e  o f  what happens on t h e  sur face  
o f  carbon dur ing  reac t i on .  

I I .  Experimental D e t a i l s  

A. R e a c t i v i t y  Measurements 

The apparatus shown i n  F igure  1 cons is ted  o f  an impervious s i l i c a  tube 2.54 cm. 
I D mounted v e r t i c a l l y  i n  a tube furnace. Carbon d i o x i d e  f lowed upward through the  
tube a t  c o n t r o l l e d  ra tes  which ranged from 2870 cc per minute (STP) t o  4730 cc pe r  
minute. The samples o f  g ranu lar  carbon t o  be eva lua ted  were suspended i n  a sample 
ho lde r  from an a n a l y t i c a l  balance mounted above the  r e a c t i o n  tube. The sample ho lder  
was a No. 2 Gooch c r u c i b l e  cu t  o f f  where the  ou ts ide  diameter was 23 m i l l i m e t e r s  so 
t h a t  c learance between the c r u c i b l e  and the  r e a c t i o n  tube averaged 1 .2  mm. The pe r fo -  
r a t i o n s  i n  the  bottom o f  the  c r u c i b l e  were each .7 mm Diam. Holes were c u t  i n  t h e  
s ides  o f  the  c r u c i b l e  w i t h  a diamond saw so t h a t  a b a l e  o f  quar tz  f i b e r  which hooked 
on t o  another long quartz f i b e r  a t tached the  sample ho lder  t o  the  balance. 
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Nearly a l l  of the  r e a c t i v i t y  measurements were made a t  900°C and the  tempera- 

t u r e  was c o n t r o l l e d  au tomat i ca l l y  by the thermocouple mounted about 1 cm below the  
sample. A t  900°C, the ra tes  o f  r e a c t i o n  o f  most o f  these samples were i n  a range t h a t  
was convenient t o  fo l l ow .  

A loose f i t t i n g  cover on t o p  o f  t h e  r e a c t i o n  tube w i t h  a 'smal l  ho le  f o r  the  
quar tz  f i b e r  prevented a i r  f rom d i f f u s i n g  down t o  t h e  sample y e t  pe rm i t ted  the  C02 t o  
escape. 

The dynamic fo rce  o r  upward drag on t h e  sample basket was about 50 m i l  1 igrams 
a t  t h e  h ighes t  gas v e l o c i t y  used, and i t  was steady as long as gas v e l o c i t y  and tem- 
pe ra tu re  were kept  constant.  

To make a r e a c t i v i t y  measurement the  carbon p a r t i c l e s  were screened, u s u a l l y  
t o  -16 +20 USS mesh, d r i e d  o v e r n i g h t  i n  a des i ca to r  and a sample o f  e i t h e r  200 o r  500 
m i l l i g r a m s  was weighed i n t o  t h e  sample ho lder .  W i th  the  apparatus a t  r e a c t i o n  tempera- 
t u r e  and thorough ly  purged w i t h  n i t rogen ,  the  sample ho lder  was q u i c k l y  lowered i n t o  
place, hung f rom the  balance, and t h e  cover placed on top  o f  t h e  reac t i on  tube. 

The sample was then a l lowed t o  heat i n  a stream o f  n i t r o g e n  u n t i l  i t  came t o  
a constant weight,  which u s u a l l y  happened w i t h i n  t e n  minutes, bu t  f o r  most runs a 20 
minute d e v o l a t i l i z a t i o n  p e r i o d  was used. A t  t he  end o f  t h i s  t ime the weight was 
observed, the  carbon d i o x i d e  was tu rned  on and i t s  f l o w  ad jus ted  t o  g i v e  a s u p e r f i c i a l  
v e l o c i t y  of e i t h e r  15.6 o r  9.45 cen t ime te rs  per second (STP) i n  the  r e a c t i o n  tube. The 
weight was aga in  measured as soon as poss ib le  a f t e r  t u r n i n g  on t h e  CO2 and t h e r e a f t e r  
a t  f requent  i n t e r v a l s  du r ing  the  course of the  reac t i on .  A t  t h e  end o f  t he  run  the  
system was purged w i t h  n i t rogen ,  and the sample was removed and a l lowed t o  coo l  t o  room 
temperature. The empty sample ho lde r  was then p laced back i n  the  furnace and weighed 
i n  a stream of n i t rogen  a t  r e a c t i o n  temperature. R e a c t i v i t i e s  a r e  repor ted  as percent 
o f  t he  sample reac t i ng  per hour, based on the  t o t a l  weight ( i n c l u d i n g  ash) o f  carbon 
a t  t he  end o f  t h e  d e v o l a t i l i z a t i o n  pe r iod .  

For most o f  t h e  work the  lower gas v e l o c i t y ,  9.45 cm/sec, was used because 
i t  gave somewhat more rep roduc ib le  r e s u l t s .  A t  t h i s  v e l o c i t y ,  t he  Reynolds Number i n  
the  annu lar  space pas t  the  sample i s  900, so t h a t  f l o w  i s  laminar.  

B.  F l u i d i z e d  Reactor 

The apparatus t o  r e a c t  carbon w i t h  steam i n  a f l u i d i z e d  bed cons is ted  o f  an 
The heated sec- 

A p e r f o r a t e d  p o r c e l a i n  p l a t e  pinched i n t o  a c o n s t r i c t e d  

impervious s i l i c a  tube 2.54 cm I D mounted v e r t i c a l l y  i n  a furnace. 
t i o n  o f  t h e  tube was 45 cm long, and i t  conta ined r e f r a c t o r y  packing t o  a depth o f  
25 cm t o  p reheat  the  steam. 
s e c t i o n  o f  t he  tube l a y  on t o p  o f  t h e  packing and served as a g r i d .  
i n  a f i n e  quar tz  we l l  was immersed i n  the  bed from the top, and i t  operated a con- 
t r o l l e r  which ac ted  t o  ma in ta in  a cons tan t  temperature i n  the  bed. 

A thermocouple 

The r a t e  o f  steam f l o w  was c o n t r o l l e d  by manual adjustment o f  the  cu r ren t  t o  
a hea t ing  mant le enc los ing  a two l i t e r  f l a s k .  The f l a s k  was f i l l e d  t o  a l e v e l  w e l l  
above the  windings i n  t he  mantle. 

To beg in  a run, t h e  empty r e a c t i o n  tube was weighed, then mounted i n  the 
furnace, brought up t o  temperature, and the  steam f l o w  was ad jus ted  t o  the proper 
ra te .  
o f  g lass  wool was inse r ted  i n t o  t h e  top. By proper man ipu la t ion  of the  heater,  the 
bed temperature reached the  d e s i r e d  va lue  (usua l l y  750°C) w i t h i n  5 minutes.  

The weighed carbon sample (20 grams) was then poured i n t o  the tube, and a p lug  

Coarse carbons, -6 +IO USS mesh, were used f o r  t h i s  work. 
steam v e l o c i t y  o f  2 5  cm/sec under r e a c t i o n  cond i t ions ,  p a r t i c l e s  i n  the  bed moved 

A t  a s u p e r f i c i a l  

1 

d 

A 
I 
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Thus each p a r t i c l e  should have been exposed t o  the same cond i t ions .  about cont inuous ly .  
The beds were about 5 cm deep. 

C. Surface Area Measurements 

A Perkin-Elmer-Shell  Sorptometer (Model 212) was used t o  measure pore surfaces. 
Samples were degassed i n  the  apparatus a t  600°C under . 1  mm Hg f o r  30 minutes. 

Isotherms f o r  adsorp t ion  o f  n i t rogen  a t  78°K were ob ta ined by a f l ow  technique 
which i s  rapid,  bu t  which may no t  a l l o w  s u f f i c i e n t  t ime  f o r  e q u i l i b r i u m  t o  be a t t a i n e d  
i n  very  f i n e  pores. Thus the  sur face  areas repor ted  here may be somewhat low. 

D. P a r t i c l e  Densi ty and Pore Volumes 

P a r t i c l e  d e n s i t i e s  o r  volumes were measured by displacement o f  Hg a t  10 p s i g  
i n  an American Instrument Co. Porosimeter. Pressures t o  5000 p s i  enabled pore volume 
d i s t r i b u t i o n s  t o  be determined down t o  pore diameters o f  350A. 

E. He1 ium Dens i t ies  

He1 ium dens i t y  was measured ' in a Beckman purgeable gas pycnometer, a f t e r  de- 
gassing i n  the  apparatus a t  room temperature and . 1  mm Hg tw ice  f o r  about 10 minutes 
each time, and break ing  the  vacuum w i t h  He i n  each case. 

F. Heat Treatment o f  t h e  Samples . ,  

To study the e f f e c t  o f  heat t reatment on r e a c t i v i t y  the  carbons were soaked 
f o r  var ious  per iods  o f  t ime i n  a m u f f l e  furnace kept a t  e i t h e r  lO00"C o r  1100°C. During 
t h i s  soaking, whole b r i q u e t s  were contained i n  glazed p o r c e l a i n  c r u c i b l e s  w i t h  ca l c ined  
coal  packed around them and w i t h  covers on the  c ruc ib les .  

I l l .  Samples 

Two samples o f  FMC Coke b r ique ts  and one sample o f  ca l c ined  coa l  char were s tud ied  
i n  t h i s  work. 

The coke b r ique ts  were made i n  p i l o t  sca le  equipment by f i r s t  c a l c i n i n g  the  ground 
coa l  i n  a se r ies  o f  f l u i d i z e d  r e t o r t s ,  then b r i q u e t t i n g  the  d e v o l a t i l i z e d  coal o r  c a l -  
c i n a t e  w i t h  a b inder  made by a i r  b lowing  the  t a r  d i s t i l l e d  f rom the  coa l .  The green 
b r i q u e t s  were then cured i n  the  presence o f  a i r  t o  polymerize the  binder,  and were 
f i n a l l y  coked o r  baked a t  about 900°C. 

One sample o f  coke was made from E l k o l  Coal, a sub-bituminous coal mined near 
Kemmerer, Wyoming. The o the r  coke was from another sub-bituminous coal mined near 
Helper, Utah. 

For the  samples used here, coke b r i q u e t s  were crushed and screened t o  the des i red  
s ize .  

The sample o f  c a l c i n a t e  was made from E l k o l  Coal and was produced by FMC Corp's 
demonstrat ion p l a n t  a t  Kemmerer, Wyoming. The pu lve r i zed  coa l  was f i r s t  d r i e d  a t  150°c, 
then carbonized a t  4 5 O o C ,  and f i n a l l y  ca l c ined  a t  8 0 0 " ~  i n  a se r ies  o f  f l u i d i z e d  r e t o r t s .  

Proper t ies  o f  these carbons a re  g iven i n  Table I .  
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U l t i m a t e  Ana lys is  
W t .  % C 

H .  
' , N  

S 
0 (by d i f f . )  
Ash 

V o l a t i l e  mat te r  % 
Surface area (m2rgm) 

BET-Ni t rogen 

Apparent dens i t y  by 
Hg displacement 

(9m/cc) 

He1 ium dens i t y  (gm/cc) 

Crushing s t reng th  o f  
cy1 inders  1-1/411D x 3/411 

TABLE I 
. . .  .. . . . .  .,. . p r o p e r t i e s  o f  Samples 

E l  kol  Coke Helper Coke E l k o l  Calcinate"" 

89.8 86.6 89.6 
1 .o 1 .o 1.3 
1 .o 1.2 1.2 

1.7 2.6 I .7 
5.9 8.3 5.8 
2 .O% 2.0% 4.5% 

.6 .3 - .4 ' 

.94 .96 .94 

1.98 

3400# 340M 

*I90 m2/gm i s  a t y p i c a l  sur face  area f o r  t he  coke produced by the  la rge-sca le  p l a n t  a t  
Kemmerer. -- 

'*"The E l  ko l  Coke used here was no t  made from t h i s  sample o f  ca l c ina te .  

I V .  Resu l ts  

A. E f f e c t s  o f  Procedure 

The numerical ra tes  o r  r e a c t i v i t i e s  repor ted  i n  t h i s  sec t i on  a re  based on the  
o v e r a l l  s lope o f  the  weight versus t i m e  curve between t h e  t imes o f  30 and 160 minutes 
where t h e  s lope was f a i r l y  cons tan t .  I n  t he  f i r s t  few minutes o f  reac t ion ,  ra tes  were 
somewhat h igher  than the slope i n  t h i s  i n t e r v a l ,  and the  p o s s i b l e  s i g n i f i c a n c e  o f  t h i s  
h ighe r  i n i t i a l  r a t e  i s  discussed i n  a l a t e r  sec t ion .  

Table I I  shows the  e f f e c t s  o f  sample s ize,  d e v o l a t i l i z a t i o n  time, gas v e l o c i t y ,  
and p a r t i c l e  s i z e  on the measured values o f  r e a c t i v i t y .  I n  b r i e f ,  inc reas ing  the  sample 
s i z e  f rom 200 t o  500 mi l l i g rams  decreased the r e a c t i v i t y  about 20%; longer  d e v o l a t i l i -  
z a t i o n  t imes (40 compared t o  20 minutes) decreased the  r e a c t i v i t y  roughly 10%; and 
decreasing t h e  gas v e l o c i t y  f rom 15.6 t o  9.45 cent imeters  per  second lowered the  re -  
a c t i v i t y  about 20%. 
e f f e c t .  
2.5 down t o  .5 mi l l ime te rs . )  

P a r t i c l e  s i z e  between -6+10 and -28+32 mesh had no apprec iab le  
(These screen s izes  cover a f i v e  f o l d  range o f  average p a r t i c l e  s ize,  from 



P a r t i c l e  
Size 

V 

- 6+10 

- 16+20 

-28+32 

TABLE I I 
Var iab les  A f f e c t i n g  Reaction Rate'' 

Heat ing Samp 1 e Gas React i o n  
t ime 
min. 

20 I 
40 

1 
20 . W t  . V e l o c i t y  

mg . cm/sec 

200 15.6 

1 L 

.L 
500 

200 
c 

500 

9.45 
9.15 
9.45 

Rate 
DJhr 

25.6 
25.1 
26.4 

20.1 
21.4 
20.2 

24.1 
24.1 

18.3 
18.4 
17.6 
17.2 

17.8 
17.7 
18.2 

17.6 
17.8 
17.9 

Comparison o f  
Va r i ab 1 es 

.- :I 

.- 
U L 

m 
n 

"'(E 1 kol Coke) 

The procedure adopted as standard used the  -16+20 mesh s i z e  range, a heat ing  
t ime  o f  20 minutes, 500 mg. o f  sample and a gas v e l o c i t y  o f  9.45 cm/sec. 
under these cond i t i ons  was good, as can be seen from Table 1 1 .  

R e p r o d u c i b i l i t y  

The r e a c t i v i t y  was reproduced w i t h  several  d i f f e r e n t  sample baskets made as 
descr ibed above, bu t  having S I  i g h t l y  d i f f e r e n t  wal 1 clearances. Thus the  dimensions o f  
the  sample ho lder  a re  no t  c r i t i c a l .  

B. E f f e c t s  o f  Carbon Monoxide 

I t  i s  w e l l  known t h a t  CO and H2 r e t a r d  t h e  r e a c t i o n  between C02 and carbon (2,3). 
With the sample s i zes  and f lows o f  C02 tha t  were used here, t he  average concent ra t ion  o f  
CO generated i n  the  r e a c t i v i t y  apparatus was u s u a l l y  between . I  and .2% ( i .e .  moles CO 
produced/uni t  t ime d i v i d e d  by moles o f  C02 f ed /un i t  t ime).  For the  most r e a c t i v e  sample, 
the  composi t ion o f  CO i n  the  e f f l u e n t  gas was about .45%. 

Several runs w i t h  CO added t o  the  C02 fed  t o  the  r e a c t o r  ( t o t a l  f l ow  kept con- 
s tan t )  showed the r a t e  t o  be lowered about 20% w i t h  3.7% CO i n  t h e  gas. Th is  i s  about 
what Ergun's data (4) would p r e d i c t  and i t  shows t h a t  t he  CO generated by reac t i on  should 
have a very  minor i n f l uence  on the  measured values o f  r e a c t i v i t y .  
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C. Heat Treatment > ,  . ,  

Figures 2, 3, 4, and 5 show how the  weights o f  carbon samples changed w i t h  t ime 
du r ing  r e a c t i v i t y  determinat ions.  
data on Figures 3, 4, and 5 so t h a t  several  runs can conven ien t ly  be.compared on a s i n g l e  

Note t h a t  zero t ime has been s h i f t e d  f o r  most o f  t he  

p l o t .  
. -  

From these p l o t s ,  two r e s u l t s  a r e  apparent. F i r s t ,  as would be expected, a more 
severe heat t reatment causes a g i v e n  carbon t o  reac t  more s lowly .  

Secondly, t he  heat t rea tment  causes the r a t e  o f  r e a c t i o n  t o  become more n e a r l y  
constant,  d u r i n g  a p a r t i c u l a r  run. In  F igu re  2,  f o r  example, a sample o f  Helper coke 
which had been soaked a t  lO00"C f o r  16 hours reacted a t  very  n e a r l y  a constant r a t e  u n t i l  
more than 56% o f  t h e  carbon had been consumed. The least-squares s lope o f  t h i s  l i n e  to  
56% burn  o f f  g i ves  a r e a c t i v i t y  o f  38.l%/hr w i t h  95% conf idence l i m i t s  o f  ?.517,/hr. The 
o t h e r  sample i n  F igu re  2 was soaked f o r  27 hours a t  1000°C and i t  reac ted  t o  57% b u r n o f f  
a t  a constant r a t e  o f  24.7 f.28Whr. The 95% conf idence l i m i t s  g i v e  a q u a n t i t a t i v e  idea 
o f  how n e a r l y  cons tan t  these r e a c t i o n  ra tes  were. 

D. E f f e c t  o f  Temperature 

Except for t w o  runs a t  850°C a l l  o f  the r e a c t i v i t i e s  repor ted  here were measured 
a t  900°C. 
hour and when compared w i t h  17.8% per hour a t  900°C t h e  apparent o v e r a l l  a c t i v a t i o n  
energ ies  were 58.3 and 56.0 K c a l  p e r  mole, respec t ive ly .  

The two runs a t  850" w i t h  E l k o l  coke gave r e a c t i v i t i e s  o f  6.5 and 7.1% per 

E .  V a r i a t i o n  o f  Pore Surface w i t h  Burnof f  

Pore sur face  areas and p a r t i c l e  d e n s i t i e s  were determined f o r  500 mg samples o f  
E l k o l  c a l c i n a t e  which had reac ted  w i t h  COP f o r  var ious  lengths  o f  t ime i n  the  r e a c t i v i t y  
apparatus. The f i r s t  p a r t  o f  Table I l l  shows these data.  Th is  carbon had been heated 
o n l y  t o  800°C 
uously w i t h  bu rno f f ,  as was the  case for the  i lun-heat-treatedi i  carbon i n  F igure  5 .  

be fo re  undergoing reac t i on ,  so t h a t  the  r a t e  o f  r e a c t i o n  decreased con t in -  

The s p e c i f i c  sur face  o f  t h e  carbon increased more o r  l ess  cont inuous ly  w i t h  
hiirnnff, hi j t  when the ~ ! r ' f z ~ ~  z r p i  *..!zc bz=e< 0:: ! I--- >, "11, -4  " I  - - : - : - - I  "I I .J I I,-, - - - - I -  J s a , , q J  I b, L-c--- Y C I  "I r re- 
a c t i o n  (Column 6), i t  went through a maximum a t  about 35% b u r n o f f .  The data, p l o t t e d  
i n  F igu re  6, show t h a t  t he  su r face  of a sample r i s e s  r a p i d l y  t o  a maximum and then f a l l s  
o f f  as carbon i s  consumed. Probably, d u r i n g  the  i n i t i a l  stages o f  reac t ion ,  a d d i t i o n a l  
pore sur face  i s  ve ry  q u i c k l y  made a v a i l a b l e  by e ros ion  o f  c o n s t r i c t i o n s ,  and perhaps by 
enlargement o f  v e r y  f i n e  pores. However, du r ing  the  l a t e r  p a r t  of the  react ion,  beyond 
35 t o  40% burno f f ,  pore su r face  i s  destroyed more r a p i d l y  than i t  i s  created, most l i k e l y  
by consumption o f  w a l l s  separa t ing  f i n e  pores. 

It i s  conceivable t h a t  the  ac tua l  sur face  access ib le  t o  the carbon d iox ide  o r  
steam a t  r e a c t i o n  cond i t i ons  d i f f e r s  g r e a t l y  from t h a t  measured by adso rp t i on  o f  n i t r o g e n  
a t  78°K. However, i t  i s  hard  t o  imagine t h a t  the pore sur face  a v a i l a b l e  t o  the  reac tan t  
gas can do any th ing  bu t  increase d u r i n g  the  f i r s t  IO t o  20% o f  b u r n o f f .  
p a r t  o f  t h e  reac t ion ,  t he  r a t e  e i t h e r  remains e s s e n t i a l l y  constant,  o r  decreases gradu- 

During t h i s -  

a l l y .  

Thus d u r i n g  t h e  course o f  r e a c t i o n  o f  a p a r t i c u l a r  sample o f  carbon the re  seems t o  
be no c o r r e l a t i o n  between r e a c t i o n  r a t e  and pore sur face  area. 

loss c a l c u l a t e d  from the p a r t i c l e  d e n s i t i e s ,  which assum 
on the  i n t e r n a l  pore  surface. The d i f f e r e n c e  between t h  

The percent i n t e r n a l  r e a c t i o n  from the  I 'ast  column i n  Table I l l  g ives  the  weight 
s t h a t  a l l  r e a c t i o n  takes p lace  
s f i g u r e  and the  ac tua l  weight 



T ime 
Reacted 

Hin.  

0 
15 
30 
45 
60 
75 
90 

105 
120 
135 
150 
165 
180 
210 
240 
2 70 
300 

0 
30 
45 
60 
75 
75 
90 
90 

105 
105 
105 
120 
120 
135 
135 
150 
150 
165 
165 
180 
180 
180 
180 

TABLE I1 I 

V a r i a t i o n  o f  Pore Surface w i t h  Burnoff 

3 51 

Overa l l  P a r t i c l e  Overa 1 I Spec i f i c  sur face* i n  t e  rna 1 * 
U t .  Loss Density Rate  Surface Per  Gm. React ion 

% gm/cc Whr  m2/gm S t a r t i n g  % 
M a t e r i a l  

m2/gm 

Calc ined Elkol Coal -20+30 Mesh Reacted w i t h  C02 
i n  R e a c t i v i t y  Apparatus a t  900°C 

0 
5.7 

10.0 
13.9 
18.2 
21.8 
25.9 
27.4 
32.0 
34.8 
40.7 
41.2 
44.1 
44.5 
58.9 
60.2 
63.1 

.935 

.934 

.815 

.765 

.72 1 

.737 

.681 

.686 

.655 

.639 

.605 

.625 

.618 

.530 

.510 

.549 

- 20.7 
20.0 
18.5 
18.2 
17.4 
17.3 
15.7 
16.0 
13.9 
16.2 
15.0 
14.7 
12.7 
14.7 
13.4 
12.6 

190 
453 
592 
642 
760 
790 
930 
975 
982 

1165 
1180 
1229 
1158 
1108 
1501 
1581 
1426 

190 
430 
534 
552 
622 
616 
689 
707 
668 
770 
700 
72 1 
646 
615 
616 
62 5 
526 

Calcined Elkol  Coal -6+10 Mesh Reacted w i t h  Steam 
i n  F l u i d  Bed a t  750°C 

0 ,965 I39  139 
8.0 .908 16.0 560 515 

13.0 -873 17.4 559 485 
20.0 .817 20.0 743 596 
23.5 .835 18.8 80 1 612 
21.5 .767 17.2 798 628 
26.5 .702 17.7 792 583 
28.5 .760 19.0 784 56 1 
34.5 .649 19.7 942 619 
32.5 ,711 18.6 899 608 
33.5 .731 19.2 830 552 
35.0 .693 17.5 91 1 592 
37.5 .678 18.8 712 445 
43.5 .579 19.3 893 504 
43.0 .645 19.1 933 532 
48.0 .586 19.2 91 1 475 
45.0 .588 18.0 968 532 
51.2 .615 18.6 907 442 
49.9 .494 18.1 1100 55 1 
55.5 .527 18.5 964 429 
52.0 .567 17.3 1064 51 1 
56.6 .589 18.9 945 409 
51.5 552 17.2 942 457 

3; (Spec i f i c  Surface) (IO0 - % w t .  Ioss)/\OO, *: 1 - (par t .  d e n s i t y ) / ( i n i t i a l  p a r t .  dens i ty)  

12.8 
18.2 
22.9 
21.2 
27.1 
26.6 
30.0 
31.7 
35.3 
33.1 
33.8 
43.3 
45.5 
41.3 

5.9 
9.5 

15.2 
13.5 
20.5 
27.1 
21 . I  
32.7 
26.1 
24.1 
28.1 
29.7 
40.0 
33.1 
39.2 
39.0 
36.2 
38.8 
35.4 
41.3 
39.0 
42.8 

!: 
11 
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loss represents carbon consumed on  the  ou ts ides  o f  the  p a r t i c l e s .  
a re  somewhat e r r a t i c ,  rough ly  85% o f  the  r e a c t i o n  took  p lace  on the i n t e r a l  surface up 
t o  40% burnof f .  

Al though the  data 

The second set of  da ta  i n  Table I l l  r e f e r s  t o  -6+10 mesh E l k o l  c a l c i n a t e  re -  
ac ted  w i t h  steam a t  750°C i n  t h e  f l u i d i z e d  bed. Here, a t  a lower temperature, t he  r a t e  
o f  r e a c t i o n  o f  'nun-heat-treated carbon" i s  ve ry  n e a r l y  constant at 18.2yJhr w i t h  95% 
confidence 1 i m i t s  of + I  .OyJhr. (These measurements a r e  l ess  prec ise . )  I n  t h i s  case 
a lso ,  the  pore  surface increases t o  a maximum a t  about 30% weight loss, and then de- 
creases. Since the re  i s  some a t t r i t i o n  i n  t h e  f l u i d  bed, p a r t i c u l a r l y  a t  h igh  bu rno f f ,  
t he  amount o f  i n t e r n a l  r e a c t i o n  i s  q u i t e  a b i t  l ess  than t h a t  i nd i ca ted  by t h e  ac tua l  
weight loss. . b  

V .  Discuss ion  

A. Var iab les  a f f e c t i n g  r e a c t i v i t y  

Several observat ions i n d i c a t e  t h a t  mass t r a n s f e r  i s  no t  a major f a c t o r  l i m i t i n g  
t h e  r a t e  o f  reac t i on  i n  t h i s  work. F i r s t ,  t he  f a c t  t h a t  a f i v e  f o l d  range o f  p a r t i c l e  
s izes  had no apparent in f luence argues t h a t  d i f f u s i o n  w i t h i n  t h e  pores o f  the  p a r t i c l e s  
and d i f f u s i o n  from the vo ids  i n  t h e  sample bed t o  the  sur face  o f  the p a r t i c l e s  d i d  no t  
cause a s i g n i f i c a n t  concen t ra t i on  grad ien t ,  and t h a t  there fore ,  the concent ra t ions  o f  
carbon d i o x i d e  and carbon monoxide i n  the  vo ids  between p a r t i c l e s  must be e s s e n t i a l l y  
the  same as a t  t h e  pore sur faces  where r e a c t i o n  takes place. 

Second, the o v e r a l l  a c t i v a t i o n  energy o f  56 t o  58 K c a l  i s  t oo  l a r g e  f o r  d i f f u -  
s i o n  t o  t h e  p a r t i c l e s  t o  c o n t r o l  t he  rate,  even though t h i s  a c t i v a t i o n  energy was de ter -  
mined between o n l y  two temperatures, and most o f  the  data p e r t a i n  t o  the  h ighe r  tempera- 
t u r e  

Another fac to r  which suggests t h a t  ex te rna l  or f i l m  d i f f u s i o n  does no t  govern 
t h e  r a t e  i s  t h a t  the observed r a t e s  o f  reac t i on  v a r i e d  f rom 70% per hour t o  4% per  hour 
depending o n l y  upon the  c h a r a c t e r i s t i c s  o f  the  carbon. 
v i t i e s  any e f f e c t s  on the d i f f u s i o n  r a t e  to  and from the  p a r t i c l e s  by the  geometry o f  
t h e  apparatus o r  the p a t t e r n  o f  gas f l o w  should have been unchanged. 

Thus, over  t h i s  range o f  r e a c t i -  

Al though d i f f u s i o n  of gas e i t h e r  t o  the  p a r t i c l e s  o r  w i t h i n  t h e i r  pores does 
no t  appear t o  s t r o n g l y  a f f e c t  t h e  r a t e  of r e a c t i o n  here, i t s  e t t e c t  may no t  be n e g i i g i b i e ,  
p a r t i c u l a r l y  a t  the higher ra tes .  I f  f i l m  d i f f u s i o n ,  pore d i f f u s i o n ,  and chemical reac t i on  
a t  the  pore sur face  are  regarded as th ree  res is tances  t o  r e a c t i o n  arranged i n  ser ies ,  
l ower ing  one resistance, as when t h e  pore sur face  becomes more reac t ive ,  increases the  
r e l a t i v e  s i g n i f i c a n c e  o f  t h e  o the rs .  

The importance o f  pore  d i f f u s i o n  i s  undoubtedly a f f e c t e d  by the  p o r e  s t r u c t u r e .  
I f a carbon i s  ve ry  dense, and has o n l y  very  f i n e  pores, i t s  pe rmeab i l i t y  t o  the reactant 
gas may very  w e l l  be so low t h a t  r e a c t i o n  o n l y  takes p lace  near the ex te rna l  sur face  o f  
t h e  p a r t i c l e s .  Thus the  pore s t r u c t u r e  (pe rmeab i l i t y  as w e l l  as pore su r face  area) 
might ve ry  w e l l  in f luence measured values o f  r e a c t i v i t y  i n  t h i s  apparatus. 

, A f u r t h e r ,  and most 1 i k e l y  the  predominant, phys ica l  f a c t o r  i n f l u e n c i n g  t h e  
va lues  o f  these reac t i on  ra tes  i s  t h a t  the  samples were probab ly  not isothermal.  A t  a 
r a t e  o f  20% per  hour, the  endothermic r e a c t i o n  o f  carbon d i o x i d e  requ i res  about 360 
c a l o r i e s  p e r  hour f o r  a 1/2 gram o f  carbon. Assuming t h a t  t h i s  heat i s  t r a n s f e r r e d  
p r i n c i p a l l y  by rad ia t i on ,  t he  su r face  of the  sample was probab ly  2" t o  4°C l ess  than 
t h e  measured temperature i n s i d e  t h e  reac t i on  tube. 
c a l  such a d i f fe rence i n  temperature would lower the  r a t e  by a f a c t o r  of 4 t o  8%. 
c o o l i n g  e f f e c t  would be more pronounced w i t h  t h e  l a rge r  samples and a t  the  lower gas 

Wi th  an a c t i v a t i o n  energy o f  58 K 
This 
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v e l o c i t i e s .  Therefore, t he  ac tua l  sample temperature and thus the  measured reac t i on  
r a t e  would be somewhat lower f o r  l a rge r  samples and lower gas f lows, as was observed. 

The net r e s u l t  o f  a l l  o f  these f a c t o r s  i s  t ha t  w h i l e  t h i s  procedure does i n d i -  
ca te  s i g n i f i c a n t  d i f f e rences  i n  r e a c t i v i t y  among var ious  samples o f  carbon, the  measured 
values a r e  somewhat compressed. A t  the  h igher  ra tes  of reac t i on  the  combined r e t a r d i n g  
e f f e c t s  o f  d i f f u s i o n ,  carbon monoxide, and a somewhat lowered sample temperature g i v e  
a measured va lue  o f  t he  r e a c t i v i t y  which i s  less  than would be t h e  case i f  the  sample were 
r e a c t i n g  under the  same ac tua l  cond i t i ons  as one w i t h  a lower r e a c t i v i t y .  A t  the lower 
ra tes  o f  reac t i on  these i n h i b i t i n g  in f luences  are  not so l a rge  s ince  concen t ra t i on  
d i f f e rences  between the  sample and the  main stream o f  t he  gas are  less, as a re  tempera- 
t u r e  d i f f e rences .  Thus these d i f f e r i n g  values o f  r e a c t i v i t y  must be i n t e r p r e t e d  as 
o c c u r r i n g  under cond i t i ons  o f  r e a c t i o n  which a r e  no t  e x a c t l y  s i m i l a r  and where the  
h ighe r  r a t e s  have taken p lace  under l Islowerl1 cond i t i ons  so t h a t  t h e  t r u e  d i f f e rences  i n  
r e a c t i v i t y  a re  a c t u a l l y  somewhat g rea te r  than those repor ted  here. 

B. Concentrat ion  Gradient Ins ide  P a r t i c l e s  

Since, w i t h  the  E l k o l  Coke, v a r i a t i o n  o f  p a r t i c l e  s i ze  f rom about 2.5 to .5 
 IT^ d i d  n o t  i n f l uence  the  measured r e a c t i v i t y ,  one might conclude t h a t  r e a c t i o n  occurred 
e n t i r e l y  w i t h i n  Zone 1 (5) - t h a t  i s  u n i f o r m l y  throughout the  p a r t i c l e s ,  w i t h  a n e g l i g i -  
b l e  r a d i a l  g rad ien t  i n  the  concen t ra t i on  o f  C02. 

However, the  p a r t i c l e  d e n s i t i e s  repor ted  i n  Table I l l  f o r  E l k o l  c a l c i n a t e  show 
t h e  percent  o f  i n t e r n a l  r e a c t i o n  t o  be c o n s i s t e n t l y  less  than the  o v e r a l l  weight loss, 
which suggests t h a t  r e a c t i o n  i s  n o t  un i fo rm throughout t h e  p a r t i c l e .  

In  the  case of E l k o l  ca l c ina te ,  macro-pore volume measurements by  displacement 
o f  Hg up t o  5000 p s i  show a p o r o s i t y  o f  28% i n  pores l a r g e r  than 350A i n  diam. About 
two- th i rds  o f  t h i s  p o r o s i t y  i s  i n  pore s i zes  between 3000 and 30,000A. If these la rge  
pores a r e  regarded as a r t e r i e s  which conduct gas t o  c e l l s  where t h e  pores a re  much 
f i n e r  ( t h e  mean diameter o f  t he  pores less  than 350A diam. i s  25 t o  30A), i t  should be 
p o s s i b l e  t o  es t imate  whether a s i g n i f i c a n t  r a d i a l  concent ra t ion  g rad ien t  occurs i n  these 
pores. 

From dens i t y  p r o f i l e s  o f  carbon rods exposed t o  C02 f o r  va r ious  t imes a t  several  
temperatures, Walker and ' coworkers  (6,7) concluded t h a t  the  dimensionless group 

(&)(g) 
i n  Zone I, o r  Zone 1 1  where the  C02 i s  a l l  consumed before i t  can d i f f u s e  t o  the center  
o f  a p a r t i c l e .  Here R i s  t he  p a r t i c l e  rad ius ;  CR t he  reac tan t  concen t ra t i on  i n  the  main 
stream; dn/dt the  o v e r a l l  r eac t i on  r a t e  per u n i t  p a r t i c l e  ex te rna l  sur face ;  and Deff the  
e f f e c t i v e  d i f f u s i o n  c o e f f i c i e n t  o f  C02 w i t h i n  the p a r t i c l e ,  a l l  these terms being i n  con- 
s i s t e n t  u n i t s .  De f f  equals D t / &  , where D i s  t h e  d i f f u s i o n  c o e f f i c i e n t  i n  a s i n g l e  
cy1 i n d r i c a l  pore; Y ,  the  t o r t u o s i t y  f a c t o r  (est imated a t  20); and the  f r a c t i o n  o f  the 
ex te rna l  p a r t i c l e  sur face  covered w i t h  pore  openings - est imated t o  be l / 3  the volume 
p o r o s i t y  f o r  pores 3000 t o  3O,OOO A i n  diam. 

i s  a measure o f  whether reac t i on  occurs un i fo rm ly  throughout the  p a r t i c l e  

Assuming spher ica l  p a r t i c l e s ,  a f i r s t  o rde r  reac t ion ,  and no i n h i b i t i o n  by pro-  
ducts,  i f  (R/CR Deff)  (dn/dt) i s  l ess  than .03, reac t i on  should be i n  Zone I; i f  g rea te r  
than 6.0, the  cond i t i ons  o f  Zone I1 apply. 

Using data from Table I l l  and 3000 A f o r  lllargell pore diameters, est imates of  
t h i s  dimensionless group vary from .8 t o  2.4, which i nd i ca tes  t h a t  w h i l e  reac t i on  occurs 
throughout a p a r t i c l e ,  i t  does so t o  a g rea te r  ex ten t  c lose  t o  the  ex te rna l  surface -- 
t h a t  i s ,  the  c o n d i t i o n  i s  between Zones I and 1 1 .  

A ques t ion  remains concerning the l lcel Is l l  of  f i n e  pores surrounded bv the  n e t -  
work o f  l a rge  a r t e r i a l  channels. If i h e  dimensionless group (cR R Deff) (!!E) i s  set  equal 
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t o  .Os, which i s  i t s  maximum va lue  i f  the cond i t i ons  o f  Zone I (un i fo rm reac t i on )  apply,  
the  e q u a l i t y  can be solved f o r  R, t he  maximum p a r t i c l e  o r  ' I ce l l l ' r ad ius  f o r  un i fo rm reac t i on .  
Es t ima t ing  values f o r  CR, D e f f  (Knudsen d i f f u s i o n  occurs i n  pores 25A diameter)  and 
dn/dt (a f u n c t i o n  o f  R) ,  and s o l v i n g  f o r  R g i ves  a value o f  .014 cm f o r  the c a l c i n a t e  
used i n  the  f i r s t  p a r t  o f  Table 1 1 1 .  Th is  g ives  a l l ce l I1 l  diameter which i s  about h a l f  
a p a r t i c l e  d iameter .  
pores, i t  i s  the concen t ra t i on  g rad ien ts  i n  the l a r g e  a r t e r i a l  pores which must be 
respons ib le  f o r  non-uniform reac t i on .  

Since a l k e l l l l  o f  t h i s  s i ze  must s u r e l y  be permeated by the  l a rge  

. .  C. The Constant Rate of React ion  

Figures 2, 3, 4, and 5 show t h a t  f o r  heat t r e a t e d  carbons, t he  weight- t ime p l o t  
du r ing  a cons iderab le  p o r t i o n  o f  r e a c t i o n  i s  very c lose  t o  a s t r a i g h t  l i n e .  

The f a c t  t h a t  t he  k i n e t i c  o rder  o f  carbon can be zero  a f t e r  1 o r  2% bu rno f f  has 
o f t e n  been observed before (8,9). The carbons discussed here were a l l  exposed t o  some 
C02 o r  steam a t  800°-9000c i n  t h e i r  p repara t ion ,  so t h i s  i n i t i a l  b u r n o f f  undoubtedly 
occurred p r i o r  t o  these r e a c t i v i t y  measurements. 

I t  i s  o f  p a r t i c u l a r  i n t e r e s t  t o  no te  t h a t  wh i l e  the  r e a c t i o n  r a t e  i s  e i t h e r  con- 
s t a n t  o r  s low ly  decreasing, t h e  po re  su r face  f i r s t  r i ses  r a p i d l y ,  and then decreases. 
The data f o r  E l k o l  Ca lc ina te  of Tab le  I l l  a r e  p l o t t e d  i n  F igure  6. 

F o r t y  years ago, Chaney and co-workers es tab l i shed  t h a t  t he  pore su r face  as 
man i fes ted  by adsorp t ive  capac i t y  f o r  vapors f i r s t  r i s e s  t o  a maximum and then f a l l s  
o f f  as a g iven sample o f  carbon undergoes a c t i v a t i o n  (IO). 

Thus the re  i s  apparent ly  no r e l a t i o n  between a carbon 's  pore sur face  area and 
i t s  r a t e  o f  r e a c t i o n  w i t h  CO2 o r  steam as a p a r t i c u l a r  sample undergoes reac t ion .  Even 
though pores may be a v a i l a b l e  t o  t h e  r e a c t i n g  gas a t  75O"-90O0C which are  no t  coated by 
n i t r o g e n  a t  low temperature i n  t h e  sur face  area de terminat ions ,  the  ex ten t  o f  pore sur -  
face and i t s  a c c e s s i b i l i t y  must c e r t a i n l y  increase du r ing  t h e  f i r s t  IO t o  20% o f  reac t ion .  

With the  a v a i l a b l e  su r face  changing as i t  does, the constancy o f  the  r e a c t i o n  
r a t e  o f  these s t a b i l i z e d  carbons i s  p a r t i c u l a r l y  s t r i k i n g .  The exp lana t ion  o f  a con- 
s t a n t  "po ros i t y  p r o f i l e f 1 ,  which m i g h t  w e l l  app ly  under cond i t i ons  of Zone I I  (6) does 
n o t  seem t o  app ly  here, where r e a c t i o n  i s  o c c u r r i n q  throuqhout the  p a r t i c l e s .  

I n  t h e  reac t i on  mechanism se t  f o r t h  by Ergun ( 1 1 )  an oxygen atom adsorbed on 
t he  carbon sur face  goes o f f  as carbon monoxide and leaves behind e i t h e r  one, two o r  no 
a c t i v e  s i t e s  on the  carbon. In  t h e  present case a s i n g l e  a c t i v e  s i t e  must be l e f t  be- 
h i n d  on t h e  s t a b i l i z e d  carbon t o  g i v e  a r a t e  o f  r e a c t i o n  so n e a r l y  constant.  
constant r a t e  i s  s t rong evidence t h a t  f o r  a carbon s t a b i l i z e d  by heat t reatment,  reac t i on  
of a molecule o f  C02 o r  H20 w i t h  an a c t i v e  s i t e  on the  s o l i d  t o  g i v e  an adsorbed atom o f  
oxygen, and the  subsequent evapora t i on  o f  CO from t h i s  s i t e  must preserve o r  rep lace  the 
a c t i v e  s i t e  somehow. Thus when one a c t i v e  s i t e  reacts,  another i s  regenerated i n  i t s  
place, so t h a t  t he  number of a c t i v e  s i t e s  remains v i r t u a l l y  t h e  same as r e a c t i o n  proceeds. 

Th is  p i c t u r e  i s  a reasonable one. A r e a c t i v e  s i t e  p robab ly  invo lves  an atom on 
an edge or a corner having one o r  more h igh  energy bonds (12) ;  when t h i s  atom i s  removed 
one of i t s  neighbors would ve ry  1 i k e l y  be l e f t  s i m i l a r l y  s i t ua ted .  

T h i s  

Studies of  e l e c t r o n  sp in  resonance have shown t h a t  carbons which have been 
heated t o  over 800°C have v e r y  few unpaired e lec t rons  ( a t  room temperature) so t h a t  the 
a c t i v e  s i t e  i s  p robab ly  no t  a su r face  f r e e  r a d i c a l .  Harker and co-workers (13) be l i eve  
t h a t  i n  impure carbons, su r face  s i t e s  i n v o l v i n g  hydrogen o r  m e t a l l i c  i m p u r i t i e s  c o n t r i -  
bu te  more t o  the  r e a c t i v i t y  than do unpa i red  e lec t rons .  Perhaps the  hydrogen and metal 
con ten ts  a re  s u f f i c i e n t l y  s t a b l e  i n  carbon a t  900°C a f t e r  t reatment a t  1000" o r  1100" so 
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t h a t  t he  number o f  atoms o f  each remains constant  du r ing  a l a r g e  p a r t  o f  the reac t i on .  
I t  seems unl  i k e l y ,  however, t h a t  the hydrogen content  would remain so p r e c i s e l y  constant 
d u r i n g  o x i d a t i o n  by CO2,  so a constant  l e v e l  o f  c a t a l y t i c  m e t a l l i c  i m p u r i t i e s  du r ing  the 
r e a c t i o n  appears t o  be a p o s s i b i l i t y  f o r  e x p l a i n i n g  the constant  ra tes .  This explana- 
t i o n  would demand t h a t  a l l s tab le l l  a c t i v e  s i t e  be associated o r  coupled w i t h  such an 
impur i t y ,  and i t  i s  c e r t a i n l y  reasonable t h a t  a carbon atom on t h e  edge o f  a g r a p h i t i c  
c r y s t a l l i t e  might exchange e lec t rons  w i t h  a m e t a l l i c  atom c o n t a c t i n g  the same c r y s t a l -  
1 i te.  

. 
I 
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\ 
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D .  E f f e c t  o f  Thermal Treatment 

Amorphous carbons u s u a l l y  (but no t  always) become less  r e a c t i v e  upon heat  t r e a t -  
ment. The loss i n  r e a c t i v i t y  w i t h  heat t reatment  shown i n  F igu re  7 i s  t he re fo re  t o  be 
expected. The f a c t  t h a t  r e a c t i v i t y  p l o t t e d  vs. t ime o f  heat t reatment g ives ve ry  
roughly  a s t r a i g h t  l i n e  on l o g  log coord inates as i n  F igu re  7, shows t h a t  heat t r e a t -  
ment decreases the r e a c t i v i t y  q u i t e  r a p i d l y  a t  f i r s t  and ve ry  much more s low ly  as the 
t ime o f  t reatment i s  extended. The thermal soaking would be expected t o  permi t  l o c a l  
rearrangements or r e c r y s t a l i z a t i o n  o f  the carbon to  anneal p o i n t s  o f  s t r a i n  o r  perhaps 
t o  a l l o w  edge carbon atoms t o  o r i e n t  themselves i n t o  a g r a p h i t i c  s t r u c t u r e .  Less re-  
a c t i v e  s i t e s  or perhaps i s o l a t e d  d i s l o c a t i o n s  cou ld  be expected t o  s t a b i l i z e  themselves 
more s low ly .  A t  1000" or 1100°C g r a p h i t i z a t i o n  o f  an amorphous carbon ha rd l y  proceeds 
a t  a l l ,  and x- ray d i f f r a c t i o n  p a t t e r n s ' o f  some o f  these heat t r e a t e d  carbons d i d  not  
d i f f e r  s i g n i f i c a n t l y  f rom those o f  t h e  Ilunsoaked'l coke. Thus, w h i l e  no gross r e c r y s t a l i -  
z a t i o n  occurred i n  these heat t reatments,  i t  i s  l o g i c a l  t o  expect t h a t  ve ry  l o c a l  r e -  
arrangements may have s t a b i  1 ized the carbon. 

F igu re  5 shows t h a t  t h e  r a t e  o f  r e a c t i o n  o f  t h e  un t rea ted  o r  unheated E l k o l  
coke f a l l s  o f f  w i t h i n  2% hours t o  about the  same r a t e  as coke which had been heat 
t r e a t e d  a t  1000" for seven hours. Th is  decrease i n  r a t e  o f  t he  un t rea ted  sample i s  too 
much t o  e x p l a i n  by t h e  e f f e c t  o f  the thermal t reatment  alone. Ne i the r  w i l l  r e a c t i o n  o f  
b inde r  carbon i n  t h e  b r i q u e t t e d  coke a t  a f a s t e r  r a t e  than carbon f r o m  the p a r t i c l e s  , 

e x p l a i n  t h i s  decrease, s ince  the ca l c ined  coal  p a r t i c l e s  f o l l o w  p r a c t i c a l l y  t h e  same 
r e a c t i o n  paths as the coke. (See Table I l l . )  

I f  a c t i v e  s i t e s  a r e  regenerated d u r i n g  r e a c t i o n  they must m ig ra te  around the 
sur face o f  t he  carbon s o  t h a t  occas iona l l y  an adjacent  carbon atom might a l ready  be 
a c t i v e  and t h e r e f o r e  b o t h  a c t i v e  s i t e s  might  no t  be regenerated on reac t i on .  However, 
w h i l e  t h i s  f a c t o r  cou ld  ve ry  w e l l  be apprec iab le i n  the  l a t e r  stages o f  reac t i on  i t  
apparen t l y  i s  no t  of importance i n  the  heat t r e a t e d  samples and t h e r e f o r  i t  i s  hard t o  
see why i t  might be s i g n i f i c a n t  i n  t h e  un t rea ted  cases. 

One p o s s i b l e  exp lana t ion  f o r  the decrease i n  r a t e  w i t h  u n s t a b i l i z e d  carbon 
cou ld  be t h a t  t he re  a r e  several  types o f  r e a c t i v e  s i t e s ,  some o f  which a r e  much less  
s t a b l e  and more r e a c t i v e  than o the rs .  Th is  concept a c t u a l l y  i s  h i g h l y  l i k e l y  and has 
o f t e n  been c i t e d .  These more r e a c t i v e  s i t e s  would be those more r e a d i l y  annealed by 
the heat t r e a t i n g  process and i f  they a r e  not  always regenerated on r e a c t i o n  b u t  in-  
s tead a r e  replaced by less a c t i v e  s i t e s ,  t he  r a p i d  loss i n  r e a c t i v i t y  o f  t he  un t rea ted  
sample cou ld  be expla ined.  Thus the heat t r e a t e d  samples would probably  con ta in  no t  
o n l y  fewer r e a c t i v e  s i t e s  b u t  a l s o  s i t e s  which a r e  of  a lower and more uni form order  
o f  r e a c t i v i t y  and which a r e  apparen t l y  regenerated i n  k i n d  by g a s i f i c a t i o n .  

As another p o s s i b i l i t y ,  s t a b l e  s i t e s  might  be those associated w i t h  m e t a l l i c  
impur i t i es ,  w h i l e  l ess  s tab le,  non-regenerated s i t e s  might  be those s o l i d  de fec ts  t h a t  
a r e  r e a d i l y  healed by anneal ing.  

V I .  Sumnary 

The p r i n c i p a l  f i n d i n g  o f  t h i s  work i s  t h a t  a carbon s t a b i l i z e d  by s u i t a b l e  thermal 
t reatment reac ts  w i t h  carbon d iox ide  a t  v e r y  n e a r l y  a constant  r a t e  d u r i n g  the consump- 
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t i o n  o f  a major p o r t i o n  of  t h e  sample. Th is  occurs under cond i t i ons  where the  over-lI 
r a t e  o f  r e a c t i o n  i s  l a r g e l y  governed by the  chemical step. 

Th is  constant reac t i on  r a t e  s t r o n g l y  suggests t h a t  every ' t ime a r e a c t i v e  atom of 
carbon leaves the  s o l i d  s t a t e  as carbon monoxide, another carbon atom i s  made r e a c t i v e .  
Thus, d u r i n g  the  course o f  o x i d a t i o n  the  chemical s t a t e  o f  t h e  carbon sur face  remains 
cons tan t  even though the phys i ca l  s t a t e  (shape and sur face  area) changes. 

Wi th  the  uns tab le  carbons the r e a c t i o n  r a t e  f a l l s - o f f  f a s t e r  d u r i n g  r e a c t i o n  than 
d u r i n g  heat t reatment alone. There fore  the  chemical s t a t e  o f  these carbons must change 
d u r i n g  the  course o f  reac t ion .  A poss ib le  hypothesis suggests tha t  when a h i g h l y  re -  
a c t i v e  s i t e  i s  removed from t h e  s o l i d  ma t r i x ,  i t  leaves behind a less  r e a c t i v e  s i t e  so 
t h a t  t he  carbon s t a b i l i z e s  as r e a c t i o n  proceeds. 

I t  i s  a p leasure  to acknowledge tha t  t h i s  work was supported by FMC Corporat ion,  
and t o  thank J. Work, R. T. Joseph, J. A. Robertson, and C. H. Hopkins o f  FMC f o r  many 
h e l p f u l  suggestions. 
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, joined to the t u b e  b y  a kovar-glass  seal. The removable half of the flange has  
a g la s s  feed-through insulator for the tungsten ignition wi re  (Fig.  2). This entire 
flange assembly and lower end of the tube is submerged in the 200 G sil icone oil 

t 

:\ 
\ ' bath to  in su re  the g a s e s  reaching a uniform temperature.  

I 
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EFFECT O F  INHIBITORS ON FLAMMABILITY 
O F  HEPTANE-AIR MIXTURES 

H. Landesman and J. E. Basinski 

National Engineering Science Company, Pasadena, Calif. 

263  

A l a rge  scale investigation of the effect of inhibitors on flammabili t ies of 
heptane-air  mixtures has  been reported by workers  a t  Purdue University (2 ) (3 ) .  
The technique involves measuring upward flame propagation a t  various n-heptane 
inhibitor-air  percentages in a standard 4 ft. long, 2 in. diameter tube and plot- 
ting the percentages of extinguishant ve r sus  heptane percentages where mixtures 
are nonflammable. 

1 

' 
A curve such a s  shown in Fig.  1 i s  obtained. 

5 

h 

L 

\ 

With better inhibitors than that shown in F i g .  1, a peak in the flammability 
curve will be obtained a t  a lower perckntage of inhibitor than the 6 mol. percent 
of Fig. 1. 
inhibitor producing nonflammability of heptane-air mixtures and comparisons 
on a weight basis a lso can be obtained. 
fa i r ly  closely the extinguishment capability of the mater ia ls  on actual  t e s t  hep- 
tane or gasoline f i r e s  (3 ) ,  though the re  i s  controversy over the extrapolation of 
data to potential f i r e  extinguishing performance (4). 

This peak percentage may be translated to weight percentages of 

These data have been found to follow 

It was necessary to obtain a pre-f i re  t e s t  screening of extinguishants for 
hydrocarbon f i r e s  which would be stable a t  550°F and have low vapor p r e s s u r e s  
a t  that temperature.  
tion tube apparatus mentioned before. 
p r e s s u r e  inhibitors could not be maintained in the vapor phase with heptane-air  
mixtures  in a conventional ambient temperature  flammability l imit  combustion 
tube (5), it was necessary to design a heated combustion tube in which the f lame 
propagation could s t i l l  be observed. Visibility was necessary for evaluation of 
the inhibitory effects of the candidate extinguishant. 

This screening was accomplished by means of the combus- 
Since high concentrations of low vapor 

Experiments were  ca r r i ed  out a t  sub-atmospheric p r e s s u r e s  to prevent  
explosions or excessive p r e s s u r e s  in the tube. 
been found to be essentially independent of p r e s s u r e s  down to about 200 m m  ( 2 ) .  

Relative inhibitory effects have 

The system is diagrammed in Fig. 2 and photographs a r e  shownoin Figs .  3 
and 4. The gas  containing sections of the apparatus a r e  heated to 200 C to p re -  
vent condensation of the inhibitor. 
baked o,n t ransparent  conductive coating, while the metal  inlet system and the 
p r e s s u r e  gauge a r e  heated by electr ical  tapes. 

The g l a s s  combustion tube is heated by a 
h 

i 

< Partial p r e s s u r e s  of the inhibitor and the heptane are measured direct ly  
I, 
\ 

with a Kern-Springham g la s s  spiral manometer with attached m i r r o r .  
of the spiral deflects the m i r r o r  and the deflection is measured on 'the scale. 

BDtation 

> 
I 

i 



7 : P  

The spiral  deflection was calibrated to  read  pressures  up to 50 mm against an  
external mercury lnanometer which was  read with a cathetometer. 
of the combined inhibitor-heptane-air mixtures was 300 mm. 

Total p ressure  

For the la rger  a i r  p r e s s u r e s ,  the manometer 18 used a s  a null indicator. 
' 

The desired a i r  p ressure  i s  introduced to the outside of the glass spiral ,  then 
balanced with pre-heated a i r  on the sys tem side. 
sliding perforated d isc ,  which I s  driven by an external magnet. After twenty 
minutes of mixing, the disc was brought to  the top of the tube and the mixture 
sparked. If ignition, a s  evidenced by flame propagation to the top of the tube, 
did not occur,  mixing was continued another five minutes and the mixture 
sparked again. 
percent heptane at 203OC and 300 m m  total p ressure  compared to 6.9 percent a t  
approximately ambient temperature and 300 m m  pressure  ( 2 ) .  The lean l imit  
did not change. 
the s a m e  inhibitors used in the Purdue  work a t  ambient temperatures.  It was 
found that peak percentages for  sym-dibromotetrafluoroethane and for  trifluoro- 
hromomethane increased about 10 - 12 percent with the temperature increase.  
However, since experimental conditions, including mixing t imes  and methods of 
mixing, a r e  considerably different, the comparison has little meaning. It was 
found during this work that changes in these variables led to la rge  differences in 
observed flammability. 

The gases  a r e  mixed by a 

It was  found that the rich limit for heptane-air increased to 8.75 

A few. comparison points were made in this work at 203OC with 

In Figs. 5, 6 ,  7 and 8 a r e  shown flammability plots for the inhibitors evalu- 
ated. 
air-inhibitor ratios. 
a r e  of interest  since these represent  a comparison of the individual molecules' 
effectiveness a s  f lame inhibitors. 
inhibition percentages and the weight this volume percentage represents in 100 
l i t e rs  of a heptane-inhibitor-air mixture. These data a r e  taken f rom peaks of 
the curves previously shown. 

The curves exhibit a variety of shapes and peaks occurring a t  various heptane- 
The significance of this is not known. The peaks of the curves 

In Table I a r e  presented data obtained on peak 

The Purdue University work previously referenced contained a study of the 
effectiveness of 56 compounds as f lame inhibitors, in a combustion tube a t  room 
temperature. 
since their  tube w a s  not heated, they were  unable to tes t  the less volatile mater -  
ials. 
of work of earlier investigators who found that hydrocarbons containing iodine a r e  
better extinguishanta than those containing bromine, which in turn, a r e  better 
than the aliphatic chlorides.  T h e  Purdue  group also found that hydrocarbon com- 
pounds containing only fluorine w e r e  very  poor extinguisliants. The second major 
correlation was the observation that a s  the molecular weight increases the extin- 
guishing ability a l so  increases,  i.e., the peak percentage decreases.  This rela- 
tion, however, is not invariable and i t  i s  not possible to  determine the extinguish- 
ing ability of a molecule f r o m  i t s  molecular,weight alone. 

This study was  car r ied  out a t  a temperature of 203OC, thus, i t  was possible 

F igure  No. 9 is a plot of the peak percentages f r o m  all the Purdue 

This study includes many halogenated hydrocarbons. however. 

Two major correlations e m e r g e  f rom their  work, the f i r s t  18 a confirmation 

to.determine the peak percentages of some higher molecular weight halogenated 
hydrocarbons. 
data plus those determined in this work  a s  a function of molecular weight. The 
situation i s  quite complex. nowever, cine cniorinr cuniaiu& L G A L A ~ U Y ~ . ~ D  q p c ; =  :o 
f o r m  a rough series.  

The general curvature af this line suggests that a straight l ine might occur 
if peak percentage were  plotted'against the inverse  molecular weight. As can be 
seen f r o m  Figs. 10 - 14, this i s  the  case.  
hydrocarbons, the general  trend i s  quite well marked, despite the wide variation 
instructures. 

tionship between peak percentage and inverse molecular weight. The f i r s t  would 
be a purely physical proce'ss in wbicb the extinguishant molecule ac ts  a s  a "third 
body" to  promote f r e e  rad ica l  recombinations. The alternate possibility would be 
to reason that the inverse molecular weight was  related to some chemical property, 
such as bond energy, which was the actual cause of the effectiveness of the extin- 
guishant. At the moment, we a r e  investigating various parameters  in an  attempt 
to discover a rational correlation and explanation d the relation of extinguishant 
ability to the physical properties and chemical structures of the halogenated hydro- 
carbons. 

For a given s e r i e s  of halogenated 

There a r e  two possible explanations that might clarify this re la -  
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I g n i t i o n  C h a r a c t e r i s t i c s  o f  Colorado O i l  Shale  

V. Dean Allred and L.  S. M e r r i l l ,  Jr .  

Marathon O i l  Company, L i t t l e t o n ,  Colorado 

In t roduc t ion  

Spontaneous i g n i t i o n  i s  usua l ly  cha rac t e r i zed  by an ab rup t  ( exponen t i a l )  i n c r e a s e  
i n  temperature  and r e s u l t s  when t h e  ra te  o f  h e a t  production i n  exothermic r e a c t i o n  
exceeds t h e  r a t e  o f  hea t  d i s s i p a t i o n  t o  t h e  surrounding media. 
term spontaneous i g n i t i o n  temperature is app l i ed  t o  those  systems being oxidized 
by a i r .  However, i n  t h i s  paper  t h e  term a p p l i e s  t o  systems using oxygen enriched 
or p a r t i a l l y  dep le t ed  gas  streams. 

Ord ina r i ly  the  

In  a p r a c t i c a l  a p p l i c a t i o n  i t  is important t o  know t h e  i g n i t i o n  c h a r a c t e r i s t i c s  
of o i l  s h a l e  i n  developing an understanding o f  processes  f o r  recovering o i l  from 
o i l  s h a l e s .  This is  p a r t i c u l a r l y  t r u e  wnen using t h e  coun te rcu r ren t  o r  r eve r se  
combustion i n  s i t u  recovery or t he  p a r a l l e l  flow r e t o r t i n g  p rocess  (1, 2 ) .  

The coun te rcu r ren t  combustion process  is  one i n  which t h e  combustion or  ox ida t ion  
zone moves aga ins t  t h e  flow of t h e  i n j e c t e d  gas  stream, Figure 1 shows a schematic 
r ep resen ta t ion  o f  such a process .  To be p r a c t i c a l ,  t h e  combustion zone must pro- 
g r e s s i v e l y  move toward t h e  sou rce  of t h e  oxidant  i n j e c t i o n  a t  such a r a t e  t h a t  o n l y  
a minimum amount o f  f u e l  is consumed and t h e  u s e f u l  products  produced i n  an oxygen 
f r e e  atmosphere. The process  is  somewhat unconventional bu t  has  been denonstrated 
i n  t h e  l abora to ry  as a means o f  producing o i l  from o i l  s h a l e .  

One way of exp la in ing  why t h e  process  works is as fol lows:  A s  i g n i t i o n  of a 
given particle t akes  p l ace ,  it is accompanied by an exponent ia l  temperature  r ise  
which i n  t u r n  causes a r a p i d  i n c r e a s e  i n  combustion ( o x i d a t i o n )  r a t e .  This e f f e c t -  
i v e l y  removes t h e  oxygen f r o m  t h e  surrounding gas  stream, s o  no f u r t h e r  ox ida t ion  
t a k e s  p l ace  a t  t h i s  po in t .  However, hea t  has been t r a n s f e r r e d  t o  t h e  surrounding 
p a r t i c l e s  a s  well as t h e  gas stream. One e f f e c t  is t h a t  p a r t i c l e s  immediately up- 
stream a r e  cont inuously being heated t o  t h e i r  i g n i t i o n  temperature  and t h e  process 
r e p e a t s  i t s e l f  with t h e  combustion zone e f f e c t i v e l y  progressing a g a i n s t  t h e  gas 
flow, 
gas  downstream from t h e  combustion zone. This  provides  an i n e r t  ho t  gas  i n  which 
t h e  hydrocarbon components a r e  e f f e c t i v e l y  d i s t i l l e d  from t h e  s o l i d s .  

Experimental  

Another e f f e c t  is t h a t  t h e  oxypen has  been e f f i c i e n t l y  removed from the  

I n  t h i s  i n v e s t i g a t i o n  t h e  i g n i t i o n  temperatures  were determined i n  a flow-type 
system so t h a t  cond i t ions  would be somewhat comparable t o  t h e  r e t o r t i n g  process.  
The experimental  arrangement is given i n  Figure 2. 

The b a s i c  u n i t  o f  equipment was a small Inconel block fu rnace  containing two 
one-half  inch sample holes .  One,hole  contained t h e  sample and t h e  o t h e r  was f i l l e d  
with an i n e r t  r e f e r e n c e , m a t e r i a l .  A l t e rna te  junc t ions  o f  twelve chromel-alumel 
thermocouples were l o c a t e d  i n  t h e  two ho le s  to  form a' s e n s i t i v e  thermopile  d e t e c t o r .  

Since i g n i t i o n  is  cha rac t e r i zed  by a r a p i d  temperature  rise, t h e  d i f f e r e n t i a l  
thermopile  was used i n  most experiments to  d e t e c t  t h e  temperature  a t  which combustion 
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occurred .  
companied by t h e  simultaneous r e l e a s e  of  carbon d ioxide .  
g a s  s t ream was cont inua l ly  monitored a s  a func t ion  of temperature  w i t h  a d i f f e r -  
e n t i a l  thermal conduct iv i ty  c e l l ,  Both techniques proved equal ly  e f f e c t i v e .  

However, advantage was a l s o  taken of  t h e  f a c t  t h a t  i g n i t i o n  is a l s o  ac- 
I n  t h e  l a t t e r  case ,  t h e  

Determinations we? made i n  a i r  a n d . i n  gas  mixtures  o f  oxygen and n i t r o g e n  
over  a pressure  range from atmospheric  t o  1000 p s i g .  
s i x ,  t h i r t e e n ,  twenty-one, and f i f t y - f i v e  percent  by volume o f  oxygen. 

The E ~ S  mixtures  contained 

I n  a t y p i c a l  experiment, about  two grams of -40 t o  60 mesh o i l  s h a l e  was 
placed i n  t h e  sample hole .  
s h a l e  was placed i n  t h e  r e f e r e n c e  c e l l .  The oxidant  conta in ing  g a s  passed a t  t h e  
same r a t e  through t h e  s h a l e  and t h e  re ference  m a t e r i a l  a t  t h e  pressure  of  t h e  
experiment.  
a t u r e  and d i f f e r e n t i a l  temperature  were recorded by use of e i t h e r  a two-pen o r  an 
x-y recorder .  In  t h e  a l t e r n a t e  d e t e c t i o n  system t h e  of f -gas  was taken from t h e  
c e l l s ,  passed through drying t u b e s  t o  remove water vapor, and then t o  t h e  reference 
and sample s i d e s ,  r e s p e c t i v e l y ,  o f  a thermal  conduct iv i ty  d e t e c t o r .  
was then  cont inuously recorded a s  a f u n c t i o n  of  t h e  sample temperature .  

A similar s i z e d  sample of prev ious ly  pyrolyzed o i l  

The block was hea ted  a t  a uniform rate o f  about 40°F/minute. Temper- 

This  s i g n a l  

1 
Experiment a1 R e s u l t s  I J 

I g n i t i o n  temperatures  a s  a f u n c t i o n  of  oxygen p a r t i a l  p r e s s u r e  f o r  d a t a  cover- 

i 
I) 
1 

ing s e v e r a l  oxygen c o n c e n t r a t i o n s  i n  t h e  g a s  s t ream a r e  t a b u l a t e d  i n  Table I and 
shown i n  Figure 3 .  (Note: These d a t a  are p l o t t e d  with t h e  square  r o o t  of t h e  
oxygen p a r t i a l  p ressure  a s  a c o o r d i n a t e  so t h a t  t h e  s c a l e  could be expanded on 
t h e  low pressure  end and s t i l l  e x t r a p o l a t e d  to zero .  P l o t t i n g  t h e  square  root 
has  no o t h e r  s i g n i f i c a n c e ) .  
t h a t  t h e  i g n i t i o n  temperature  is r e l a t i v e l y  independent o f  to ta l  pressure ,  bu t  
s t r o n g l y  dependent on  t h e  oxygen concent ra t ion .  

From t h e  curve shown i n  Figure 3 i t  is  r e a d i l y  observed 

Other  d a t a  have shown t h a t  lower rates of  supplying t h e  oxygen has  l i t t l e  or 
no e f f e c t  on t h e  i g n i t i o n  tempera ture  as long a s  excess  oxygen is present  f o r  t h e  
combustion r e a c t  ion 

1 

One i n t e r e s t i n g  s e t  of d a t a  a r e  shown i n  Figure 4 .  Of p a r t i c u l a r  i n t e r e s t  . 
a r e  t h e  c h a r a c t e r i s t i c s  o f  t h e  i g n i t i o n  temperatures  a t  p r e s s u r e s  below 100 p s i g  

b u t  d i d  not  result i n  i g n i t i o n .  
n r r c r c  Lnv =,,, ys.pculT y,&a .nsy not-d. Th- S:- -+  ---b - h m . * a A  3 +camnoma+n~mo n i c e  
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These same data a r e  p l o t t e d  as a f u n c t i o n  of  oxygen p a r t i a l  p ressure  i n  
Figure 5, which shows t h e  n a t u r e  o f  t h e  t r a n s i t i o n  reg ion  c l e a r l y .  
t h a t  t h i s  t r a n s i t i o n  reg ion  i s  a s s o c i a t e d  with t h e  well known "cool flame" oxida t ion  
phenomena observed for i g n i t i o n  of many hydrocarbons as a f u n c t i o n  of  pressure .  
For example, Figure 6 shows t h e s e  o i l  s h a l e  d a t a ,  t o g e t h e r  with i g n i t i o n  curves ,  
f o r  n-octane,  i -octane,  and propane ( 3 ,  4 ) .  Natura l ly  one would not  expec t  t h e  
d a t a  to  c o i n c i d e  with t h e s e  p a r t i c u l a r  hydrocarbons,  but  t h e  s i m i l a r i t y  o f  t h e  
shape of t h e  curves and t h e  tempera ture  range is s t r i k i n g .  One p o s s i b l e  i n t e r -  
p r e t a t i o n  of t h i s  behavior  is t h a t  t h e  s h a l e  i g n i t i o n  is a s s o c i a t e d  with g a s  phase 
combustion of hydrocarbons be ing  d i s t i l l e d  out  o f  t h e  o i l  s h a l e .  

Discussion 

I t  is thought 

The ques t ion  a r i s e s  why o i l  s h a l e s  i g n i t e  a t  such low temperatures  when de- 
s t r u c t i v e  d i s t i l l a t i o n  o f  t h e  s h a l e  o i l  does not occur  u n t i l  temperatures  i n  excess  
o f  7OO0F are reached. 

This ques t ion  can p o s s i b l y  be answered by cons ider ing  t h e  f a c t  tha t .Colorado  
o i l  s h a l e  has  f r o m  one t o  t h r e e  percent  by weight (about  t e n  percent  o f  t o t a l  

I 

, 

I 

I 

i 



. TABLE I 

Total Pressure “Oxygen Part ia l  
( p s i )  Pressure ( p s i )  

Gas Composition 
Volume % 

(Air ) 
(21% 02) 

125 
16 2 
21 2 
587 
954 
22.2 
32.2 
32.2 
52.2 
72.2 
26.2 
92.2 
112.0 
212.0 

24 
34 
44 
123 
20 3 
4.7 
6.8 
6.8 

11.0 
15.1 
5.5 

19.4 
23.6 
44.5 

Ignit ion 
Temperature (OF) 

4 50 
435 
4 35 
385 
365 
54 5 
540 
535 
500 
475 
5 30 
465 
455 
425 

(55% 02) 22.2 . 
(45% N2) 11 2 

210 
51 2 
812 . 

12.2 
61.7 
11 6 
281 
44 6 

455 
400 
375 
354 
3 40 

(13% 02) 22.2 2.9 580 
(87% N2) 44.2 5.7 560 

60.2 7.8 500 
110 14.4 495 
167 21.8 453 
594 77.3 395 

22.2 
39.2 
62.2 
11 2 
277 
860 

1.3 
2.4 
3.7 
6.7 
16.6 
51.6 

586 
565 
535 
506 
435 
40 5 

*Data taken a t  gas flow rate  of 1350 standard cubic f e e t  per square foot  of  
cross sect ional  area per hour. 
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o r g a n i c  m a t t e r )  of benzene s o l u b l e  components i n  i t .  A s  shovrn i r i  i l , u r e  7 ,  auoht  
t h e  same weight f r a c t i o n  of o i l  s h a l e  is v o l a t i l e  between 36OoF and 700°F wherr 
analyzed by thennogravimetr ic  ( T G A )  t echn iques .  lhese d a t a  i n d i c a t e  t h a t  v o l a t i l e s  
s t a r t  being evolved i n  an a p p r e c i a b l e  amount a t  about 36OoF, w h i c n  was about  t n c  
same a s  t h e  lowest  s e l f  i g n i t i o n  temperature  observed. Fu r the r ,  t h i s  prel iminary 
evo lu t ion  r eaches  a maximum a t  about  600°F, which is about t h e  n o r r a l  i g n i t i o n  
temperature  i n  a i r  a t  atmospheric p re s su re .  

Based on t h e s e  data, i t  seems very l i k e l y  t h a t  i g n i t i o n  is  a s soc ia t ed  with 
t h e  e v o l u t i o n  of hydrocarbon vapors  f r o m  t h e  o i l  s h a l e  i n  the  temperature range 
360O- 7OOOF. 

Summary 

The self i g n i t i o n  temperature  of  Colorado o i l  s h a l e  has been determined t o  
vary with oxygen concen t r a t ion  from about 63OoF at  atmospheric cond i t ions  t o  36OOF 
a t  high ( abou t  500 p s i )  oxygen p a r t i a l  p re s su re .  

The i g n i t i o n  temperature  is shown t o  correspond c l o s e l y  t o  temperature  range 
du r ing  which organic  vapors evo lve  p r i o r  t o  t h e  onse t  o f  d e s t r u c t i v e  d i s t i l l a t i o n  
of t h e  kerogen i n  t h e  s h a l e ,  
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Figure 1. The Countercurrent Combustion I n  S i tu  Process f o r  Recovering 
Hydrocarbons. 

t VENT 

psURL - 
I A L  

/ 'URL 

-SHALL SAYPLL 

u I I  u-mH--- INGQNEL OLOCK 

IN 

Figure 2 .  High Pressure Di f f erent ia l  Analysis Equipment f o r  Determining 
Spontaneous Ignit ion Temperature of O i l  Shale.  

2 77 

.. . - -- 



276 

6 0 0 

c 
IL 
0 - 
W 500 

3 

U '  
W 

a 

5 
a 

k .  

400 
W 

300 

m 
X 

a 

- 

- 

-a -  

- 

1 . 0 - 6% 02,94% Np 
0 -13% 0 ~ ~ 8 7 %  N 2  

- AIR (21 % 02) 
- 55% 02,45% Na 

Figure  4. Spontaneous I g n i t i o n  Teaperature  cf Colcradc C L 1  Shale 
as a Funct ion  of pressure.  

i 

I 

I ,  

-4 

J 

, 

('. 

I 

! 

c 
/ 

/f 



0 z 
t 

0 
0 

0 

3MnSS3Md 1 V I l M W d  N3DAXO 

/' 

8 :  
- N  3 

M 

?7" 

, 



200 400 600 800 1000 

TEMPERATURE (OF) 

Figure 7. TGA of Colorado O i l  Shale. 

, 

, p  
.1 
4 

i 
I 

1 

J 

1 

i 
1 

, 

i 
/ 

I' 

r 

I 

A- _- 



1 

P 

b . 

Production of. Alcohols f r o m  Olefins i n  Low Temperature C o a l  Tars 

Bernard D. Blaustein, Sol J. Metlin, and I rv ing  Wender 

Pittsburgh C o a l  Research Center, Bureau of Mines 
U. S. Department of t he  I n t e r i o r  

4800 Forbes Avenue, Pittaburgh 13, Fennsylvania 

ABSTRACT 

Olefins cons t i tu te  as much as one-half the neutral  oil obtained by low- 
temperature carbonization of low-rank coals. It is d i f f i c u l t  t o  separate 
these o l e f in s  f r o m  other materials i n  the  tar  f rac t ions .  However, with- 
out a p r io r  separation, a lark frac t ion  of these o le f ins  can be con- 
verted t o  mixtures of primary alcohols by hydroformylation with % + CO 
i n  the  presence of dicobalt  octacarbonyl as a ca ta lys t  (oxo reaction).  
Several neutral  o i l s  were so treated and the alcohols separated v i a  
their borate es te rs .  The highest y i e lds  of alcohols (25 percent by 
weight of s t a r t i ng  material) were obtained from the neut ra l  oil of a 
l i g n i t e  tar. The carbon number d i s t r lbu t ion  of t h e  alcohols was de- 
telmined by mass-spectrometric analysis of the  t r imethyls i ly l  ethers. 
C9- t o  C27-alcohols were produced; an unusually high concentration of 
Cm-alcohols appeared i n  the  products from lower rank coals. Nuclear 
magnetic resonance spectra of the alcohol mixtures showed that an "av- 
erage" molecule contains from 1 t o  3 branched methyl graups. By using 
C l h ,  and assuming that each o l e f in  w i l l  r eac t  with one CO, the percent- 
age of o l e f ins  or ig ina l ly  i n  the tar can be detennined fm the  radio- 
a c t i v i t y  of the  product. 
that no separation of t he  o le f ins ,  or t h e i r  oxo product, need be made. 
By this procedure, the neut ra l  o i l  f r o m  the  l i g n i t e  tar was shown t o  
contain about 50 percent o le f ins .  

An advantage of t h i s  ana ly t i ca l  method is 

INTRODUCTION 

"he high o l e f in i c  content of tars derived f r o m  low temperature carboni- 
zation of lower rank coals is of i n t e r e s t  as a source o f  commercially 
valuable chemicals. However, there is no good way of separating these 
o le f ins  from the other  materials present i n  the  tar f rac t ions .  
(or hydroformylation) reaction o f fe r s  a promising way t o  convert the 
o l e f in s  i n  the tar,  without prior separation, t o  alcohols t h a t  are of 
potential ccmrmercial value a8 detergent and p las t i c i ze r  intermediates. 
The oxo synthesis (1) is the reaction of an o l e f in  with + CO (syn- 
thesis gas)  i n  the presence of dicobalt  octacarbonyl, C a C O ) &  as t h e  
ca ta lys t  t o  y ie ld  a mixture of primary alcohols. 

"he oxo 

! 
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The reaction takes place predorminantly at the temiaal double bond. 

The advantages of using t h i s  reaction t o  convert o le f ins  t o  useful 
products are (a) the o l e f i n s  need not be separated frcmn the tar frac- 
t ions  t o  undergo react ion,  (b) the reaction i s  not poisoned by sulpUr 
comrpounds or any of t h e  other substances in lw-temperature tar, ( c )  
conversion of the o l e f i n s  is high, (a) bring the oxo reaction, any 
internal o le f in ic  bonds migrate t o  the telminal position so that all 
olef ins  react 88 if they  were alpha olefins5 a i l  the olefins i n  tk 
tar, t e d n a l  and in te rna l ,  a r e  thus u t i l i z e d  t o  malre alcohols, and 
(e)  the oxo react ion is quite v e r s a t i l e  ana can be successfully car- 
ried out  under a w i d e  range o f  conditions: gas pressures of 50-400 atm, 
and reaction temperatures of 50-200"C. ; C%(CO)8 can be used either in 
the preformed state, or can be formed during the reaction from a variety 
O f  cobalt  a t e .  

EwERIMEATAt 

Samples of RockdaLe lignite tar were obtained from the Texas Power 
and L i g h t  ccp4pany. 
"methanol eolubles" and "hexane solubles. 
fl&.,-hhr :*=--te< by dLdZk$ior: iztto t>-c =";&tiGii6, 
ubles foreruns (HSF) and the hexane solubles distillate (HSD). The 
t o t a l  hexane solubles cons t i tu te  66 percent of the prjmary tar; the 

t i o n  of the hexane solubles 13 percent. About 98 percent of tk ESF 
boils below 235"C., and 89 percent of t h e  ESD b o i l s  up t o  355°C. The 
cowposition of these f rac t ions  is given in table 1. 

Both f rac t ions  contain approximately 50 percent olefina, of which 
about half are a l ~ h g  olef ins  (2-4). Phenolic campounds and other  con- 
s t i t u e n t s  are a l s o  present i n  both f rac t ions .  
would interfene with our analy t ica l  procedure for determining alcohol 
yield,  t h e y  were removed by chramatograpbing the f rac t ions  on alumina 
with petroleum ether as the e lu t ing  solvent. 
weight of the s t a r t i n g  material was removed i n  this way auring the  
preparation of a "phenol-free" u g n i t e  tar f rac t ion .  

They had separated the whole lignite tar i n t o  
The hexane soluble6 were *- 

7 percent, the HsD 46 pe rcen t ,  and the residue from the distilla- 

Since these phenols 

About 20 percent by 
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TAZLE l.-Appmriarate composition of low-temperature tar fractions,  
volume percent 

&me & m e  Kentucw 
solubles solubles Nugget high-splint 
foreruns distillate tar tar 

Type of constituent R o c k d a l e  l i g n i t e  tar d i s t i l l a t e  distillate 

Caustic soluble8 6-8 10-15 44 31 
Acid soluble8 2-4 1-3 3 7 
*utral o i l  88-92 80-90 53 62 
paraffins 13-15 15-20 22 34 
O k f i n a  40-55 40-50 20 21 

Armnatics 30-47 35-45 37 45 
(4w!W=tes 21 

Alpha-olef ins  17-20 . 17-20 

Rugget tar, formed by the low-temperature carbonization of a hvcb-suba 
Uywming coal, y ( ~ 8  also investigated. A sample of t h i s  tar vas d i s t i l l e d  
under MCUUPL t o  1 7 0 ° C / ~  (e s t .  bp 32O0C/76Onm). 
ing a small 5 o u ~ t  of water phase, amounted t o  42.1 percent of the whole 
tar. Repeated chronnrtography finally yielded a phenol-free neutral  o i l  
amounting t o  37.9 percent of the distilfate. A neut ra l  oil derived f rom 
the  low-temperature carbonization of a Kentucky hvab (high s p l i n t )  coal 
was chramatograpkd on alumina t o  eliminate the phenola shorn t o  be pres- 
ent by inffared spectral enalysis. Recovery of phenol-free neutral oil 
was 86.8 percent. 

The alcohols mere separated fmm the oxo products by conversion t o  their 
borate estera (5-8). 
f i c i en t ly  high-boiling tha t  the  non-ester i f ied material can be d i s t i l l e d  
may frcaa the eeters. The esters are hydrolyzed t o  regulerate t h e  alcohols, 
which (up then separated and vacuum d i s t i l l e d ,  resulting i n  an alcohol frac- 
t i on  of high purity.  

The d i s t i l l a t e ,  includ- 

The borate esters formed from the alcohols are suf- 

W H  + H3B03 = (RO)3B + 3 %O 

3 ROH + (C4HF)3B = (RO)3B + 3 C 4 3 O H  

In  8 typicd run, 50 grass of chramatoglaphed (phenol-fipt) HSF, 4 grama 
of Cg(CO)8 and 3500 psi 1:1 apttreeis gas were charged i n t o  a rocking 
kine0 autoclave, heated to 180-lgO'C. and kept there for five hours. 
ThC product wad treated with tri-n-butylborate (equation l ) ,  the non- 
cu te r i f i ed  mterial was (Lietilled off,  the borate eaters were hy&mlyzed 
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(equation 2), and the alcohols were vacuum distilled. 
was an almost water-white alcohol f r ac t ion  i n  25 percent y ie ld ,  
based on the weight of s t a r t i n g  material. 
confirmed by in f r a red  spec t r a l  ana lys i s ,  the only impurity detected 
being a small  amount of a carbonyl compound. To determine the  car- 
bon number d i s t r ibu t ion  of t he  alcohols formed, the t r ime thy l s i ly l  
e the r s  of the alcohols were analyzed by  mass spectrometry ( 9 ) .  The 
results are sham i n  f igu re  1. 

The chmmatographed (phenol-free) HSD was subjected t o  the same re- 
ac t ions  and subsequent procedures for alcohol recovery. 
y ie ld  was ale0 25 percent by weight o f  the s t a r t i n g  material; the 
carbon number d i s t r ibu t ion  data i s  given i n  f igure  2. 
free neutral  o i l  from the Nugget tar  distillate was subjected t o  the  
oxo reaction and the same a lcohol  recovery procedures as those pre- 
viously described for the Rockdale tar. An alcohol y ie ld  of 1 3  per- 
cent was realized. The alcohols were converted t o  t h e i r  trimethyl- 
s i l y l  ethers and analyzed by mass spectrometric analysis. The re- 
s u l t e  are shown i n  f igu re  3.  The phenol-free neu t r a l  o i l  fram the 
Kentucky hvab coa l  was reacted under oxo conditions. The subsequent 
recovery of alcohol w a s  7.5 percent. The product, water-white i n  
color,  was converted t o  t r ime thy l s i ly l  ethers and submitted f o r  mass 
spectrometric analysis. 

NMR spectra were obtained on a l l  the alcohol mixtures produced from 
the tar f rac t ions .  These results w i l l  be considered i n  the  Discus- 
s ion  section of t h i s  paper. 

The product 

The alcohol content w a s  

The alcohol 

The phenol- 

The results are shown i n  f igure  4. 

Under oxo conditions, it can be assumed that each molecule of o l e f in  
w i l l  react with one molecule of CO. Further reaction under oxo con- 
d i t i ons  w i l l  pro uce alCOhOlS, aldehydes, es t e r s ,  and o ther  oxygenated 

w i l l  be radioactive. 
i n  the  product can then be used t o  ca lcu la te  the concentration of ole- 
f i n s  present o r ig ina l ly  i n  the  tar fraction. Several runs of t h i s  type 
were made, both on known mixtures, and on the low-temperature tar f rac-  
t ions .  The results obtained are discussed below. 

products. I f  C 8 0 i s  incorporated i n t o  the  synthesis gas, the product 
A determination o f  t he  mount of rad ioac t iv i ty  

WSULTS AND DISCUSSION 

Carbon Number Distribution of Alcohols F’roduced 

Figure 1 shows t h e  d i s t r ibu t ion  of the alcohols produced from the EISF 
f rac t ion  of the l i g n i t e  tar. 
t h e  maxjnnnu concentration is at  Cx, and t h e  average carbon number i s  
12.2. 
alcohols. 

The carbon number range shown is Clo-Ci5, 

Not shown on the  graph are minor concentrations of C9 and Clo-C, 
This mixture is  composed of alcohols of t he  carbon number 

I 

I 

I 
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range now used fo r  p l a s t i c i ze r  and detergent production. 
ing f rac t ion  of these alcohols ranged from C t o  C24, w i t h  an average 
carbon number of 16.2. Figure 2 shows the $stribution of the alcohols 
produced fram the €ED f rac t ion  of t he  l i g n i t e  tar. The carbon number 
range shown i s  Cl3-C22, the largest percentage I s  at C20, and the aver- 
age carbon number is 17.8. 
alcohols. 

Figure 3 shows the d is t r ibu t ion  of alcohols produced from the neutral  
o i l  from the Negget t a r  d i s t i l l a t e .  The carbon numbers range f r o m  
Cu-C23, the largest concentration i s  a t  C 1 5 ,  and the  average carbon 
number is 16.3. Trace amounts, not shown, are also present at C 4 and 
C25. Figure 4 shows the d i s t r ibu t ion  of the  higher boi l ing  alcoEols 
produced fmm the neutral  o i l  fram the Kentucky hvab coal.  The carbon 
numbers range from Cl3-C23, the  greatest concentrations are at c16 and 
C17, and the average carbon number is 17.2. Trace amounts, not shown, 
were also present a t  C24. 
ranged frm Clo t o  Cn, with an average carbon number of 14.1. 

I n  the alcohol mixtures produced from the  lower rank lignite and hvcb- 
suba coals, there  an? anomalously high concentrations of C20 alcohols. 
(See Pigures 2 and 3.) This cLid not appear i n  the  alcohols f r o m  the  
hvab coal (fim 4). Cas-chromatographic methods, and other separa- 
t i on  techniques, will be used t o  obtain highly concentrated samples of 
either the C20 alcohols and/or t h e i r  precursors, the  C19 o le f ins  from 
the l i g n i t e  t a r .  If ident i f ica t ion  of either the alcohols or olef ins  
can be made, it may point out i n t e re s t ing  differences between the low- 
temperature carbonization tars produced from low and medium rank coals. 
It I s  conceivable that the C19 o lef in  present i n  such high concentra- 
t i on  i n  the  tars f r o m  the  lower rank coals I s  some isomer of pr i s tene  
(2,6,10,14-tetramethylpentadecene ) , since the sa tura ted  paraf f in ,  pris- 
tane, recently has been i so la ted  from a low-temperature brown coal tar 
(lo), and vas sham t o  be present i n  abnormally high concentrations i n  
two petrolem (11). 

A higher boi l -  

There are a l so  t races  of C l l - C Q  and C23-C27 

A lower boi l ing  f r ac t ion  of these alcohols 

NMR Spectra of Alcohol Mixtures 

The 
instrument. Data were obtained for the number of H atoms on the C atom 
bonded t o  the  OH group (that is, i f  the  alcohol is a p r h a r y  alcohol),  
and the number of H atoms present i n  methyl groups. "his latter quan- 
t i t y  gives a measure of the branching of the carbon chain. 

For the HSF alcohols, there were 1.8 H atorme on C bonded t o  OH, and 1.8 
m e t h y l  groups/molecule; HSD, 1.9 H, 3.4 methyl; Nugget, 2.3 H, 3.0 methyl; 
and Kentucky, 1.9 H, 2.6 methyl. 

spectra of these alcohol mixtures were run on a Varian HR-60 

Within the accuracy of the method, all 



of the  alcohols appear t o  be primary, as expected from the  nature of 
the  oxo reaction. In  general ,  the number of branched methyl groups in- 
creases with the average carbon number of the  alcohol mixture. As a 
comparison with some other,  more highly branched, commercially-produced 
oxo alcohols, C 3-alcohols made f r o m  t r i i sobuty lene  would have at least 
6 methyl groupsjmolecule; those made f r o m  tetrapropylene would have a t  
least 4 m e t h y l  groups/molecule; and C17-alcohols m a d e  from tetraisobuty- 
lene would have at least 8 methyl groups/molecule. 

Determination of Olefin Content of Mixtures by U s i n g  C I 4 O .  

I f  a mixture containing o l e f in s  i s  reacted with '12 + Ci40, t o  a good 
approximation, each molecule of o l e f i n  w i l l  r eac t  with one molecule of 
CO, and thewfore  each o l e f i n  w i l l  be %gged"  with rad ioac t iv i ty .  This 
w i l l  be t rue  whether the o l e f i n  ende up as an alcohol,  aldehyde, ester, 
ether, e t c .  The only exception i s  when the o l e f i n  hydrogenates t o  form 
the  paraffin,  and t h i s  is an important reaction under oxo conditions 
only for highly branched o le f ins ,  or campounde such as indene. 

By measuring the r ad ioac t iv i ty  of the  t o t a l  oxo product obtained frm 
each olefin-containing f r ac t ion  relative t o  the  rad ioac t iv i ty  of the re- 
sidual CO in  equilibrium with the bomb contents at the end of t he  run, 
t he  i n i t i a l  o l e f i n  content of the mixture can be detelmined. I n  each 
100 molecules of the  olefin-containing mixture, vhere x molecules are 
o le f in i c  , and Y i s  the average carbon number of the mixture; 

X 
100 + 

Table 2 gives the results obtained by t h i s  procedure. 

( r ad ioac t iv i ty  of gas i n  bomb at end of run) = ( rad ioac t iv i ty  
of product). 

Agreement between 

1 10.0 Decene-1 + 
1-methylnaphthalene ) 

47 52 
50 56 

Decene-1 + dokcene-1 ) 
+ limonene + 1 
4-me t hylc yclohexe ne - 1) 
+ 1-methylnaphthalene) 

9.5 55 53 

HSF 12.4 &/40-5 5 55, 48 

HSD 16.8 u40-50 53,42 

4 
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known and found Values i s  sa t i s fac tory .  
t h e  other tar  fractions,  and on improving the accuracy of t h i s  analyti-  
cal. procedure. 

Further work i s  being done on 
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I s o l a t i o n  of Porphyrins From Sha le  O i l  and O i l  Sha le  

J. R. Morandi and H. B. Jensen  

Bureau of Mines, U.S. Department of t h e  I n t e r i o r  
Laramie, Wyo. 

INTRODUCTION 

O i l  s h a l e  i s  a laminated rock of sedimentary o r i g i n  t h a t  ranges  from gray t o  
d a r k  brown t o  almost b lack .  
which i s  de r ived  from p l a n t  and animal remains (I>. 
common organic  s o l v e n t s ,  bu t  when hea ted  t o  about  900°F i t  y i e l d s  s h a l e  o i l .  
s h a l e  o i l  resembles petroleum i n  t h a t  i t  i s  composed of hydrocarbons and s u l f u r - ,  
n i t rogen- ,  and oxygen-der iva t ives  of hydrocarbons.  

It owes i t s  c o l o r  t o  carbonaceous m a t t e r  c a l l e d  "kerogen" 
Kerogen i s  l a r g e l y  i n s o l u b l e  i n  

Th i s  

The d iscovery  of porphyr ins  i n  petroleum and o i l  s h a l e  by T r e i b s  (12, 2) i n  
I n  1934 gave d i r e c t  evidence f o r  t h e  organic  o r i g i n  of petroleum and o i l  s h a l e s .  

1953 Groennings Q) publ i shed  a method f o r  e x t r a c t i n g  and spec t ropho tomet r i ca l ly  
de te rmining  porphyr ins  i n  petroleums. Groennings' procedure s t imu la t ed  t h e  work 
on t h e  a n a l y s i s  of porphyr ins  i n  n a t u r a l  p roducts .  
e x t r a c t e d  Green River  o i l  s h a l e  wi th  va r ious  s o l v e n t s  and ob ta ined  a number of 
e x t r a c t s  that con ta ined  porphyrin-metal  complexes. They concluded t h a t  t h e  major- 
i t y  of t h e  porphyr in  e x i s t s  i n  t h e  s h a l e  as an  i ron-porphyr in  complex. Although 
t h e s e  r e s e a r c h e r s  have r epor t ed  t h e  occurrence  of porphyr ins  i n  o i l  s h a l e ,  no one 
has  r epor t ed  t h e i r  p resence  i n  s h a l e  o i l .  
mine i f  porphyr ins  were a b l e  t o  s u r v i v e  t h e  r e t o r t i n g  s t e p  and i f  so, what changes 
were brought about  by r e t o r t i n g .  

In  1954 Moore and Dunning e) 

The p r e s e n t  work was under taken  t o  d e t e r -  

It w a s  found i n  t h i s  i n v e s t i g a t i o n  t h a t :  

Porphyr ins  a r e  p re sen t  i n  s h a l e  o i l  so they  s u r v i v e  t h e  r e t o r t i n g  s t e p .  

R e t o r t i n g  changes t h e  porphyr ins  from phy l lo  t o  e t i o  type ,  and t h e i r  
average  molecular  weight i s  lowered. Th i s  lowering of t h e  molecular 
weight is p a r t i a l l y  accounted f o r  by decarboxyla t ion .  

Porphyr ins  p r e s e n t  i n  s h a l e  o i l  are shown t o  be  a complex mixture  of pre-  
dominantly e t i o  type wi th  an average  of n i n e  methylene s u b s t i t u e n t s  on 
t h e  porphine r ing .  The abso rp t ion  spectrum of t h e  p u r e s t  porphyrin pre-  
pared was n e a r l y  i d e n t i c a l  t o  t h e  spectrum of a syn thes i zed  e t i o - t y p e  
porphyr in .  

EXPERIMENTAL WORK 

Method of E x t r a c t i n g  Porphyr ins  

Groennings' method (1) f o r  t h e  e x t r a c t i o n  o f  porphyr ins  was used wi th  two modi- 
f i c a t i o n s :  (1) To reduce l o s s  o f  porphyr ins  t o  t h e  organic  phase,  a 20 percent  



hydroch lo r i c  a c i d  s o l u t i o n  w a s  used i n s t e a d  of t h e  recommended 7 pe rcen t  s o l u t i o n ,  
and ( 2 )  t o  minimize decomposition of t he  porphyr in  by con tac t  wi th  halogenated 
s o l v e n t s  (1) t h e  f i n a l  t r a n s f e r  of the porphyr ins  w a s  made i n t o  benzene i n s t e a d  of 
i n t o  chloroform. 

Source of M a t e r i a l s  S tudied  

The o i l  sha l e  s t u d i e d  w a s  from t h e  Mahogany Ledge o f  t he  Green River  format ion  
near  R i f l e ,  Colo. The s h a l e  conta ined  35 weight percent  organic  m a t t e r  and assayed 
64.3 g a l l o n s  of o i l  p e r  t o n  by t h e  Modified F i sche r  a s say  method (10). Because the  
s h a l e  conta ined  approximate ly  10 pe rcen t  by weight of C02 a s  mine ra l  ca rbona te s ,  i t  
was p r e t r e a t e d  wi th  4 p e r c e n t  hydroch lo r i c  a c i d  and a i r - d r i e d  p r i o r  t o  the  porphyrin 
e x t r a c t i o n  s t e p .  

The c rude  s h a l e  o i l  was produced i n  an  i n t e r n a l l y  f i r e d  r e t o r t .  The feed  sha le  

Se lec t ed  p r o p e r t i e s  of t h e  o i l ,  u s ing  t h e  
f o r  t h i s  r e t o r t  was a l s o  from t h e  Mahogany Ledge of t h e  Green River  format ion  and 
averaged about  30 g a l l o n s  of o i l  pe r  ton.  
Bureau of Mines s h a l e - o i l  a s s a y  method (11), were s p e c i f i c  g r a v i t y ,  0.950;  weight 
pe rcen t  n i t r o g e n ,  2.11; weight  pe rcen t  s u l f u r ,  0.88; and a d i s t i l l a t i o n  a n a l y s i s  of 
4.6 volume percent  naphtha ,  14.3 volume pe rcen t  l i g h t  d i s t i l l a t e ,  26.7 volume per- 
c e n t  heavy d i s t i l l a t e ,  and 54.3 volume pe rcen t  residuum. 

S p e c t r a l  Procedures  

The abso rp t ion  s p e c t r a  from 450 t o  650 mu of a l l  porphyr in  ex t r ac t s , concen-  
t r a t e s ,  and r e f e r e n c e  compounds were obta ined  i n  benzene s o l u t i o n .  The method of 
Dunning e) was used f o r  c o r r e c t i n g  f o r  background abso rp t ion  i n  de te rmining  t h e  
type and q u a n t i t y  of porphyr ins .  The s p e c t r a l  r e f e rence  compounds used i n  t h i s  
r e sea rch  were mesoporphyrin I X  d ime thy le s t e r  and e t ioporphyr in  I. 

Low-ionizing-voltage and h igh - ion iz ing -vo l t age  mass s p e c t r a  were obta ined  on 
s e l e c t e d  e x t r a c t s  and c o n c e n t r a t e s .  When a n i c k e l  complex of a porphyr in  sample was 
in t roduced  i n t o  t h e  mass spec t romete r ,  t h e  spectrum obta ined  was of t h e  n i c k e l  com- 
p lex .  
indium c h l o r i d e  complex of t h e  porphyrins.!/ I n  both  cases  t h e  mass s p e c t r a  w i l l  be 
d i scussed  a s  t h e  s p e c t r a  of  t h e  uncomplexed porphyr ins .  

The i n t r o d u c t i o n  of uncomplexed p o r  h y r i n s  r e s u l t e d  i n  t h e  spectrum of t h e  

E x t r a c t i o n  and Concent ra t ion  of Porphyr ins  From Sha le  O i l  

Small- Sca l e  E x t r a c t  ion 

A 100-gram sample of t h e  c rude  s h a l e  o i l  was e x t r a c t e d  us ing  t h e  modi f ied  Groen- 
n ings '  method. Th i s  e x t r a c t  was  p u r i f i e d  by chromatographing it on a column con ta in -  
i ng  100 grams of a c t i v a t e d  alumina. 
t h e  i n i t i a l  e luen t .  Benzene e l u t i o n  was cont inued  u n t i l  t h e  so lven t  was almost 
c o l o r l e s s .  

Benzene'was used t o  prewet t h e  alumina and a s  

S p e c t r a l  examinat ion  of t h e  benzene showed t h a t  no prophyr ins  were 
~~ 

- 1/ The indium c h l o r i d e  i n  t h e  ins t rument  r e s u l t e d  from t h e  r e a c t i o n  o f  indium used 
f o r  t h e  va lves  i n  t h e  sample i n t r o d u c t i o n  system and c h l o r i n e  from ch lo r ina t ed  
s o l v e n t s  used i n  o t h e r  mass s p e c t r a l  p r o j e c t s .  

I 

c 



removed. 
and e l u t i o n  wi th  t h i s  s o l v e n t  w a s  cont inued u n t i l  no porphyr ins  were d i s c e r n i b l e  i n  
t h e  e l u e n t .  
a f t e r  t h e  chromatographic s t e p .  
on the  chromatographica l ly  p u r i f i e d  e x t r a c t .  

The porphyrin band w a s  removed from the column u s i n g  1 ,2-d ich loroe thane ,  

V i s i b l e  a b s o r p t i o n  s p e c t r a  were obta ined  on t h e  e x t r a c t  before  and 
Low- and h i g h - v o l t a g e  mass s p e c t r a  were obtained 

Large-Scale E x t r a c t i o n  

To o b t a i n  enough porphyr in  e x t r a c t  f o r  a c h a r a c t e r i z a t i o n  s tudy ,  2,300 grams o f  
c rude  s h a l e  o i l  was e x t r a c t e d  by t h e  modif ied Groennings' method. The e x t r a c t  w a s  
chromatographed on 1,000 grams of  a c t i v a t e d  alumina. Benzene was used t o  prewet t h e  
column and t o  e l u t e  t h e  c o l o r e d  i m p u r i t i e s ,  as was done on the s m a l l - s c a l e  exper i -  
ment. The porphyr ins  were s lowly e l u t e d ,  u s i n g  f i r s t  recyc led  benzene and then 
mixtures  of benzene and 1 ,2-d ich loroe thane .  Twenty f r a c t i o n s  were c o l l e c t e d  u s i n g  
benzene and 11 u s i n g  benzene c o n t a i n i n g  i n c r e a s i n g  q u a n t i t i e s  of 1 ,2-dichloroethane.  
V i s i b l e  a b s o r p t i o n  s p e c t r a  w e r e  ob ta ined  on a l l  f r a c t i o n s ,  and mass s p e c t r a  were 
obtained on s e l e c t e d  f r a c t i o n s .  

Countercur ren t  e x t r a c t i o n  was used as a n  a d d i t i o n a l  s e p a r a t i o n  on s e v e r a l  of 
t h e  f r a c t i o n s  from t h e  l a r g e - s c a l e  chromatographic  s e p a r a t i o n .  I n  each case ,  cyclo-  
hexane and 0.25 N h y d r o c h l o r i c  a c i d  wei-e used as t h e  immiscible  s o l v e n t s  and 100 
t r a n s f e r s  were made. Absorp t ion  d a t a  were used t o  determine t h e  d i s t r i b u t i o n  of 
porphyr ins  i n  t h e  100 tubes .  Each t ime t h e  s e p a r a t i o n  was i n t o  f o u r  areas with con- 
c e n t r a t i o n  maxima o c c u r r i n g  n e a r  tubes 33, 55, 75, and 95. The porphyr ins  i n  t h e  
tubes  i n  each of  the c o n c e n t r a t i o n  areas w e r e  combined, and mass and absorp t ion  
s p e c t r a  were obta ined  on the recovered porphyrins .  

E x t r a c t i o n  o f  Porphyrins  From O i l  Sha le  

A sample of the h y d r o c h l o r i c  a c i d  leached s h a l e ,  c o n t a i n i n g  105 grams of organic  
m a t t e r ,  w a s  placed i n  a g l a s s  bomb, and 300 m l  of benzene w a s  added as a d i s p e r s a n t .  
The modif ied Groennings' e x t r a c t i o n  procedure was used t o  e x t r a c t  t h e  porphyrins ,  
except  t h a t  the  bomb was shaken cont inuous ly  d u r i n g  t h e  e x t r a c t i o n .  V i s i b l e  absorp-  
t i o n  and mass s p e c t r a  were obta ined  on t h e  r e s u l t i n g  e x t r a c t .  

RESULTS AND DISCUSSION 

Porphyrin i s  t h e  term a p p l i e d  t o  a class of  compounds i n  which f o u r  p y r r o l e  
r i n g s  are u n i t e d  by b r i d g e  carbons t o  form a conjugated ,  macrocycl ic  s t r u c t u r e ,  known 
as  porphine. F igure  1 shows t h e  numbering system t h a t  w i l l  be  used i n  t h i s  paper  f o r  
t h e  porphine r i n g  e). 
genated,  n i t r a t e d ,  o r  sublimed without  d e s t r o y i n g  t h e  macrocycl ic  s t r u c t u r e  e). T h i s  conjugated r i n g  system i s  h e a t  s t a b l e  and can be halo- 

Porphyr ins ,  d i s s o l v e d  i n  organic  s o l v e n t s ,  have a t y p i c a l ,  four-banded absorp-  
They have been classi-  t i o n  spectrum i n  the v i s i b l e  r e g i o n  between 450 and 650 mu. 

f i e d  i n t o  e t i o ,  p h y l l o ,  and rhodo types  accord ing  t o  t h e  h e i g h t  of t h e  i n d i v i d u a l  
peaks r e l a t i v e  t o  one a n o t h e r  (2). R e p r e s e n t a t i v e  s p e c t r a  of each  of these  t h r e e  
types  are  shown i n  f i g u r e  2.  The f o u r  bands o r  peaks a r e  numbered I, 11, 111, and 
IV s t a r t i n g  from t h e  long-wavelength end of the spectrum. I n  g e n e r a l ,  t h e  h e i g h t  of 
t h e  peaks i n c r e a s e s  toward t h e  s h o r t e r  wavelengths. 

Porphyrins  that have methyl ,  e t h y l ,  v i n y l ,  p ropionic  a c i d ,  o r  hydrogen i n  
p o s i t i o n s  2 ,  3,  7 ,  8, 1 2 ,  1 3 ,  17, and 18 (see f i g u r e  1) around the porphine r i n g  
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give  t h e  e t i o - t y p e  spectrum. This  e t i o - t y p e  spectrum, which i s  c h a r a c t e r i s t i c  of 1 
blood-pigment porphyr ins ,  h a s  f o u r  peaks, which become p r o g r e s s i v e l y  h igher  proceed- 
i n g  from the  l o n g e r  t o  t h e  s h o r t e r  wavelengths. The s h a l e - o i l  e x t r a c t s  and concen- 
trates gave e t i o - t y p e  s p e c t r a .  ! The phyl lo- type spectrum, which is t y p i c a l  o f  t h e  c h l o r o p h y l l  porphyr ins ,  has  
peak I1 l a r g e r  than 111. This  type  of spectrum h a s  been a t t r i b u t e d  e i t h e r  t o  the  
presence o f  a n  i s o c y c l i c  r i n g  between one of t h e  p y r r o l e  r i n g s  and t h e  a d j a c e n t  br idge 
carbon atom o r  t o  a n  a l k y l  group on one o f  t h e  b r i d g e  carbon atoms. 
e x t r a c t s  gave phyl lo- type  s p e c t r a .  i The o i l - s h a l e  

The rhodo-type spec t rum has  been observed i n  compounds having  a carbonyl  group 
a t t a c h e d  t o  one of t h e  p y r r o l e  r i n g s  and h a s  t h e  number 111 peak as  t h e  s t r o n g e s t  of  , 
s h a l e  o r  s h a l e - o i l  e x t r a c t s .  
t h e  f o u r  main peaks. The rhodo-type spectrum w a s  n o t  observed f o r  any  of  t h e  o i l -  '1 

I 
The porphyrins  i n  t h e  e x t r a c t  from o i l  s h a l e  were c h a r a c t e r i z e d  by the  use  of 

The a b s o r p t i o n  spectrum o f  t h i s  o i l - s h a l e  e x t r a c t  i s  , 
a b s o r p t i o n  and mass s p e c t r a .  
shown i n  f i g u r e  3 .  This spectrum i s  c h a r a c t e r i s t i c  of phyl lo- type  porphyr in ,  which 
has  peak I1 h i g h e r  t h a n  peak 111. j 

The low-voltage mass spectrum showed porphyr ins  wi th  molecular  weights  from 4 6 2  ; t o  536. The i o n s  i n  t h i s  spectrum were i n  t h e  t h r e e  fo l lowing  homologous series: I 

(1) The a l k y l - s u b s t i t u t e d  porphine series,  (2) the series two mass units g r e a t e r  
than t h e  porphine series, and (3)  t h e  series two mass u n i t s  less than  the porphine 
series. F igure  4 shows t h e  d i s t r i b u t i o n  of  i n t e n s i t i e s  of  t h e  i o n s  f o r  the  s e r i e s  
o c c u r r i n g  a t  two mass u n i t s  g r e a t e r  than  t h e  porphine series. 
weight o f  the porphyr ins  i n  t h i s  series (as c a l c u l a t e d  from t h i s  d i s t r i b u t i o n )  i s  
508. More than h a l f  o f  t h e  t o t a l  i o n s  i n  t h e  low-voltage spectrum w e r e  i n  t h i s  s e r i e s ,  
and t h e  d a t a  p r e s e n t e d  i n  f i g u r e  4 r e p r e s e n t  t h e  t h r e e  s e r i e s .  

I 

j The average  molecular  - >  
1 

i 
I n  t h e  h igh-vol tage  spectrum of  the o i l - s h a l e  e x t r a c t  there was a series of  i o n s  

This series o f  i o n s  was shown t o  be  a f r a g -  44 mass u n i t s  less t h a n  t h e  p a r e n t  i o n s .  
ment i o n  series cor responding  to the loss of C02 from t h e  porphyrins .  

' 
1 

These c h a r a c t e r i z a t i o n  d a t a  show t h e  fo l lowing  f a c t s  about  t h e  o i l - s h a l e  por- 
phyrins  : /' 

(1) Oil -sha le  porphyr ins  are composed of a t  least three homologous s e r i e s  of 
~ 

compounds w i t h  no fewer than s i x  d i f f e r e n t  compounds i n  each series. _- 

( 2 )  The m a j o r i t y  o f  t h e s e  compounds have a phyl lo- type  spectrum. 

(3) Some o f  t h e s e  porphyrins  have carboxyl  s u b s t i t u e n t s .  

( 4 )  The average molecular  weight of 508 f o r  t h e  o i l - s h a l e  porphyr ins  can be 
accounted f o r  by 1 carboxyl  and 11 methylene s u b s t i t u e n t s  on t h e  porphine 
r i n g .  

.( 

Before t h e  porphyr ins  from t h e  s m a l l - s c a l e  e x t r a c t i o n  of  s h a l e  o i l  could be  
c h a r a c t e r i z e d ,  i t  was n e c e s s a r y  t o  remove some of  t h e  i m p u r i t i e s  c a r r i e d  along by 
Groennings '  e x t r a c t i o n .  T h i s  was done by chromatographing on alumina, and the 
a b s o r p t i o n  s p e c t r a  of  t h e  porphyr in  e x t r a c t  b e f o r e  and a f t e r  chromatography a r e  shown 
i n  f i g u r e  5.  
graphic  s t e p  i s  shown by t h e  smaller background a b s o r p t i o n  i n  t h e  chromatographed 
c o n c e n t r a t e .  The s h a l e - o i l  e x t r a c t  both b e f o r e  and a f t e r  chromatographing gave an 
e t i o - t y p e  spectrum, whereas  t h e  o i l - s h a l e  e x t r a c t  showed a phyl lo- type  spectrum. 

Improvement i n  t h e  p u r i t y  o f  t h e  porphyr ins  by t h e  chromato- 
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I n  t h e  low-voltage mass spectrum of  t h e  s h a l e - o i l  e x t r a c t ,  more t h a n  90 percent  
F i g u r e  6 shows of t h e  p a r e n t  i o n s  were i n  t h e  a l k y l - s u b s t i t u t e d  porphine series.  

t h e  d i s t r i b u t i o n  of t h e  i o n s  i n  t h i s  series w i t h  molecular  weight range from 366 t o  
492. 
number of methylene s u b s t i t u e n t s  necessary  on t h e  porphine r i n g  t o  have t h i s  molec- 
u l a r  weight .  
c a l c u l a t e d  from t h i s  d i s t r i b u t i o n )  is  436, o r  t h e  e q u i v a l e n t  of  n i n e  methylene sub- 
s t i t u e n t s  on t h e  porphine r i n g .  

The a b s c i s s a  s c a l e  shows both  m / e  of  t h e  i o n s  (molecular weights)  and t h e  

The average molecular  weight of  the  porphyr ins  i n  s h a l e  o i l  ( a s  

I n  t h e  h igh-vol tage  spectrum of  t h e  s h a l e - o i l  e x t r a c t ,  t h e r e  was  no evidence of  
a fragment i o n  series 44 mass u n i t s  less than  t h e  p a r e n t  ions .  This  i n d i c a t e s  t h a t  
t h e r e  are no carboxyl  groups p r e s e n t  i n  s h a l e - o i l  porphyrins .  

These c h a r a c t e r i z a t i o n  d a t a  show t h a t  s h a l e - o i l  porphyrins  are predominantly 
a l k y l - s u b s t i t u t e d  porphines  wi th  4 t o  13 methylene groups p e r  molecule .  
a b s o r p t i o n  spectrum of t h i s  e x t r a c t  i s  of t h e  e t i o  type,  these a l k y l  s u b s t i t u e n t s  
are on the e i g h t  p y r r o l e  carbons i n  t h e  porphine r i n g .  

Because t h e  

Comparison of  t h e  c h a r a c t e r  of  t h e  porphyr ins  from o i l  s h a l e  wi th  t h e  c h a r a c t e r  
of t h e  porphyr ins  from s h a l e  o i l  i n d i c a t e s  t h e  changes t h a t  porphyr ins  undergo dur ing  
r e t o r t i n g .  These changes a r e  as fol lows:  

(1) The molecular  weight i s  lowered a n  average  of 72 mass u n i t s .  I n  p a r t ,  t h i s  
is  expla ined  by decarboxyla t ion .  
i s  equiva len t  t o  the loss of  one carboxyl  and t w o  methylene groups p e r  
molecule. 

The d e c r e a s e  i n  average  molecular  weight 

(2) The phyl lo- type  c h a r a c t e r  i s  changed t o  a n  e t i o - t y p e  c h a r a c t e r .  The reac- 
t i o n  necessary  t o  b r i n g  about  t h i s  change i n  s p e c t r a l  type  i s  t h e  removal 
o f  s u b s t i t u e n t s  from t h e  b r i d g e  carbons on t h e  porphine r i n g .  This  could 
a l s o  c o n t r i b u t e  t o  t h e  lowering of  t h e  molecular  weight of  t h e  porphyrins .  

F u r t h e r  c h a r a c t e r i z a t i o n  of  t h e  porphyr ins  i n  shale o i l  was accomplished by 
examining t h e  f r a c t i o n s  from t h e  chromatographic  s e p a r a t i o n  of t h e  l a r g e - s c a l e  sha le-  
o i l  e x t r a c t i o n .  The a b s o r p t i o n  s p e c t r a  o f  t h e  f i r s t  25 f r a c t i o n s  from t h i s  chro-  
matographic  s e p a r a t i o n  were o f  t h e  e t i o  type ,  and t h e s e  f r a c t i o n s  conta ined  70 percent  
of t h e  t o t a l  porphyrins  recovered.  Beginning wi th  the 2 6 t h  f r a c t i o n ,  t h e  h e i g h t  of 
peak I1 r e l a t i v e  to  peak 111 became i n c r e a s i n g l y  g r e a t e r .  This  i n d i c a t e d  t h a t  some 
phyl lo- type  porphyr ins  were be ing  e l u t e d  wi th  t h e  1 ,2-d ich loroe thane .  This presence 
of a phyl lo- type  porphyrin i n  t h e  s h a l e - o i l  extract  i s  a n  i n d i c a t i o n  t h a t  a p a r t  of 
t h e  porphyr ins  i s  r e l a t i v e l y  unchanged d u r i n g  r e t o r t i n g .  

A benzene-eluted f r a c t i o n  w a s  used t o  demonst ra te  f u r t h e r  the c h a r a c t e r  o f  t h e  
e t i o - t y p e  porphyrins  i n  s h a l e  o i l .  
pared,  and low- and h igh-vol tage  mass s p e c t r a  of  t h i s  complex were obta ined .  
peak h e i g h t s  i n  t h e s e  s p e c t r a  were c o r r e c t e d  f o r  i s o t o p e  c o n t r i b u t i o n .  
t h e  r e s u l t i n g  low-vol tage spectrum, and f i g u r e  7b is  the  r e s u l t i n g  h igh-vol tage  spec- 
trum. 
r e g i o n  o f  t h e  porphyrins .  

A n i c k e l  complex of t h e  1 5 t h  f r a c t i o n  was pre-  
The 

F i g u r e  7a i s  

Each of t h e  f i g u r e s  shows t h e  c o r r e c t e d  peaks only i n  t h e  molecular  weight 

The low-voltage mass spectrum h a s  only  i o n s  i n  t h e  porphine series. The number 
of s u b s t i t u e n t s  on t h e  porphine r i n g  i s  from 3 t o  12 methylene groups wi th  an average 
of 7 methylene s u b s t i t u e n t s  p e r  molecule. 
s u b s t i t u e n t s  over  even-numbered is  unexplained;  t h i s  d i s t r i b u t i o n  is  n o t  e v i d e n t  i n  
t h e  low-vol tage spectrum of  t h e  t o t a l  s h a l e - o i l  c o n c e n t r a t e  (see f i g u r e  5) .  

The g r e a t e r  abundance of  odd-numbered 



398 

Hood e) and Mead (7) have r e p o r t e d  t h e  mass s p e c t r a l  c racking  p a t t e r n  f o r  meta l  
complexes o f  e t i o p o r p h y r i n ,  and they  concluded t h a t  t h e  main f ragmenta t ion  process  is  
t h e  l o s s  o f  methyl groups.  The peaks shown i n  f i g u r e  7b a t  one mass u n i t  less than 
t h e  porphine series could  be  d u e  t o  t h e  loss of methyl  groups and i n d i c a t e  t h e  
presence  o f  methyl o r  e t h y l  s u b s t i t u e n t s  on t h e  porphine r i n g  of s h a l e - o i l  porphyrins .  

The h igh-vol tage  spectrum of t h i s  f r a c t i o n  shows t h e  presence o f  s i n g l y  charged 
i o n s  a t  ever3 m/e from the m o l e c u l a r  weight of  t h e  porphyr ins  t o  t h e  doubly charged 
p a r e n t  ions.-/ 
porphyr in  I t h e  porphyr in  s k e l e t o n  remains i n t a c t  because no s i n g l y  charged ions occur 
between the molecular  weight  of the porphyr in  s k e l e t o n  and t h e  doubly  charged parent  
ions .  The conclusion,  t h e r e f o r e ,  i s  t h a t  the f r a c t i o n  shows t h e  presence of impuri- 
ties. Because the  low-vol tage spectrum of  t h i s  f r a c t i o n  showed no molecular  i o n s  
o t h e r  than  porphyrins ,  t h e  i m p u r i t y  is  probably nonaromatic .  

Both Hood and Mead have shown t h a t  i n  t h e  mass spectrum of e t i o -  

Countercur ren t  e x t r a c t i o n  w a s  used t o  f u r t h e r  p u r i f y  the porphyr in  c o n c e n t r a t e s .  
F r a c t i o n  14 from the l a r g e - s c a l e  chromatographic  s e p a r a t i o n  was c o u n t e r c u r r e n t  extrac- 
ted  and s e p a r a t e d  i n t o  f o u r  c o n c e n t r a t e s .  Judging  by t h e  comparison of s p e c i f i c  
e x t i n c t i o n  c o e f f i c i e n t s ,  one o f  t h e s e  c o n c e n t r a t e s  w a s  t h e  p u r e s t  porphyr in  concen- 
trate prepared  i n  t h i s  work. That t h e  i m p u r i t y  was s t i l l  p r e s e n t  can be  seen by 
comparing t h e  molar e x t i n c t i o n  c o e f f i c i e n t  (2) f o r  t h i s  f r a c t i o n  which w a s  1.8 x lo3 
i n  benzene, wi th  tha t  f o r  e t i o p o r p h y r i n  I, which w a s  6.2 x lo3  i n  benzene. This 
impur i ty ,  however, h a s  low a b s o r p t i o n  i n  t h e  v i s i b l e  reg ion .  This  i s  i l l u s t r a t e d  by 
t h e  good agreement of the v i s i b l e  spectrum of t h i s  c o n c e n t r a t e  with t h e  spec t rum of 
a s y n t h e s i z e d  e t i o - t y p e  p o r p h y r i n  as shown i n  f i g u r e  8. 

The low-voltage mass spec t rum o f  t h e  porphyr in  c o n c e n t r a t e s  from c o u n t e r c u r r e n t  
e x t r a c t i o n  showed a series o f  molecular  i o n s  i n  t h e  porphine series. One of t h e  
c o n c e n t r a t e s  had p a r e n t  i o n s  o c c u r r i n g  a t  molecular  w e i g h t s  corresponding to f o u r  
t o  e i g h t  methylene s u b s t i t u e n t s  on t h e  porphine r i n g .  Of the to t a l  p a r e n t  i o n s  
p r e s e n t  i n  t h e  mass spectrum of t h i s  c o n c e n t r a t e ,  25 p e r c e n t  showed the  presence  of 
f o u r  methylene s u b s t i t u e n t s ,  and 65 percent  showed t h e  presence  of f i v e  methylene 
s u b s t i t u e n t s  . 

CONCLUSION 

This work has  demonstrated that  t h e  s k e l e t o n  of  t h e  porphyrin molecules  i n  o i l  
shale i s  capable  o f  s u r v i v i n g  r e t o r t i n g  tempera tures .  However, t h e  s u b s t i t u e n t  
groups on the s k e l e t o n  are changed. 
weight is  t h e  most obvious change. P a r t i a l  e x p l a n a t i o n  of  t h i s  r e d u c t i o n  w a s  demon- 
s t r a t e d  to  b e  decarboxyla t ioh .  
is the removal of s u b s t i t u e n t s  r e s p o n s i b l e  f o r  t h e  p h y l l o  character of t h e  o i l - s h a l e  
porphyr ins .  This could r e s u l t  e i t he r  from t h e  d e s t r u c t i o n  o f  an i s o c y c l i c  r i n g  o r  
from the removal o f  s u b s t i t u e n t s  from a br idge-carbon atom. 

As expected,  r e d u c t i o n  i n  average  molecular  

Another change t h a t  can be  i n f e r r e d  t o  t a k e  p l a c e  

The porphyr ins  p r e s e n t  i n  shale o i l  were shown t o  be  a complex mixture  of pre- 
The a b s o r p t i o n  spectrum of t h e  p u r e s t  porphyr in  prepared was dominant ly  e t i o  type.  

n e a r l y  i d e n t i c a l  t o  t h e  spec t rum of a synthes ized  e t i o - t y p e  porphyrin.  
i n  shale o i l  have an average  molecular  weight e q u i v a l e n t  t o  t h e  porphine  r i n g  wi th  
n i n e  carbon atoms of methylene s u b s t i t u e n t s .  The t o t a l  number of carbon s u b s t i t u e n t s  
ranged from 4 to  13. 

The porphyrins  

- 2/ T h i s  was t rue  f o r  a l l  e x t r a c t s  and c o n c e n t r a t e s  prepared i n  t h i s  work. 
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FIGURE I -Numbering 'system for the Porphine Ring 
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F I G U R E  2 . - T y p e s  of Porphyrin S p e c t r a .  
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FIGURE 3 -Spectrum of oil-shale extroct 
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FIGURE 4 -Distrtbutions of  ion intensities for oil-shole porphyrins 
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FIGURE 5-  Specfro of shale-oil porphyrins 
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FIGURE 6 -Distribution of ion intensities for shole-oil porphyrins 
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FIGURE 7.-Wi$ Specfro of  Fraction I S .  

FIGYRE 8-Comporrron of  spec110 


